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Research highlights 

 

 Hydrotreatment of bio-oil in a continuous packed-bed reactor was 

investigated. 

 LHSV can drastically affect the hydrotreatment process. 

 Lighter and heavier components in the same bio-oil could behave very 

differently. 

 NiMo was less active for heavier species than lighter species. 

 



 23 
Abstract 24 

 25 

 This study aims to investigate the hydrotreatment of bio-oil in a continuous 26 

packed-bed reactor at around 375°C and 70 bar. The bio-oil was produced from the 27 

grinding pyrolysis of mallee wood in a grinding pyrolysis pilot plant. Our results 28 

indicate that the lighter and heavier components in the same bio-oil could behave 29 

very differently. Their behaviour can be affected very significantly by the overall bio-30 

oil liquid hourly space velocity. While the residence time of the light species that 31 

evaporate instantly could be very short, the residence time of heavy species passing 32 

through the catalyst bed in the form of liquid could be very long. When a commercial 33 

pre-sulphided NiMo/Al2O3 catalyst came into contact with the heavy bio-oil species, 34 

significant exothermic reactions would take place, which result in the deactivation of 35 

hyperactive sites in the catalyst. The NiMo/Al2O3 catalyst used was less active in 36 

hydrotreating the heavier bio-oil species than in hydrotreating the lighter bio-oil 37 

species. However, even at very low extents of hydrotreatment, the bio-oil structure 38 

and properties, e.g. coking propensity, could be drastically improved.  39 

 40 

 41 
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  43 



1. Introduction 44 

 45 

 Increasing concerns about climate change and increasing demand for energy as 46 

a result of wide economic development, including that in rural and remote regions, 47 

have stimulated the development of various renewable energy technologies. 48 

Biomass holds a special position because biomass is the only carbon-containing 49 

renewable resource that can be used to produce liquid fuels to replace the 50 

petroleum-derived conventional ones. Pyrolysis of biomass would produce gases, 51 

biochar and bio-oil with their yields strongly depending on the feedstock and 52 

pyrolysis conditions [1-3]. Compared with the bulky biomass, bio-oil is a liquid that 53 

can be transported relatively easily and economically. This allows for the pyrolysis to 54 

be carried out in a modular and “distributed” mode, saving the costs to transport the 55 

wet bulky biomass over a long distance and greatly improving the economic 56 

competitiveness of biofuel production. 57 

 However, bio-oil is acidic and contains water and high molecular mass 58 

components [3-5]. Therefore, bio-oil cannot be used directly as a replacement of 59 

petrol and diesel. Bio-oil must be upgraded, e.g. via hydrotreatment [6-15]. During 60 

the hydrotreatment of bio-oil, a significant fraction of its oxygen will be removed in 61 

the forms of H2O, CO and CO2. The hydrotreatment could also result in decreases in 62 

molecular mass [13-14]. 63 

 In order to improve the commercial feasibility of the hydrotreatment of bio-oil, the 64 

liquid hourly space velocity (LHSV) must be high enough so that the hydrotreatment 65 

reactor size can be reduced. The pressure of hydrogen should be as low as 66 

possible.  LHSV, i.e. the rate at which bio-oil is fed into the hydrotreatment reactor, 67 

can significantly affect the formation of coke on the hydrotreatment catalyst, which 68 



would ultimately result in the deactivation of the catalyst. Unfortunately, little 69 

information is available in the literature about the effects of LHSV on the product 70 

quality and coke formation, lagging behind the requirement of technology 71 

development. 72 

 As a product from the random thermal breakdown of macromolecular networks 73 

and other species in biomass, bio-oil has an inherently complicated composition with 74 

abundant reactive functional groups. More importantly, the bio-oil components would 75 

have a very wide molecular mass distribution with light species such as formic acid 76 

and heavy species that are the products from the partial thermal breakdown of the 77 

polymeric structures in biomass. During hydrotreatment, the residence time for bio-78 

oil species could vary over an extremely wide range [15]. While some heavy bio-oil 79 

species would exist in the liquid phase in the hydrotreatment reactor, some would 80 

become vapour on entering the reactor. The overall LHSV value does not describe in 81 

any way the true residence time of various species in the reactor. This situation is 82 

worsened when operation is carried out at low pressures that is preferred to reduce 83 

the costs of biofuel production. 84 

 This study aims to investigate the behaviour of bio-oil during the hydrotreatment 85 

in a continuous reactor using a commercial pre-sulphided NiMo/Al2O3 catalyst at a 86 

moderate temperature (375°C) and a relatively low hydrogen pressure (70 bar). The 87 

study is focused on the effects of the overall LHSV on the hydrotreatment behaviour 88 

of lighter and heavier species in bio-oil. The hydrotreated products (termed as 89 

biofuel) were characterised with a wide range of analytical techniques in order to 90 

gain insights into the important processes taking place during hydrotreatment. 91 

 92 

 93 



2. Experimental 94 

 95 

2.1. Bio-oil sample 96 

 97 

 Bio-oil was produced in a grinding pyrolysis pilot plant [16,17] from the pyrolysis 98 

of mallee wood (Eucalyptus loxophleba, ssplissophloia) grown in the wheat belt of 99 

Western Australia [18,19]. Briefly, a mixture of wood chips having a wide range of 100 

particle sizes from microns to centimetres was continuously fed into a rotating 101 

reactor at 450°C in which the pyrolysis and particle size reduction took place 102 

simultaneously. After the separation of biochar particles in two cyclones, bio-oil 103 

vapour was condensed to give the liquid bio-oil sample used in this study. The bio-oil 104 

sample was stored in a freezer (-18°C) until use. The bio-oil was filtered (20-25µm) 105 

before the hydrotreatment experiments. 106 

 107 

2.2. Hydrotreatment 108 

 109 

 The hydrotreatment of bio-oil was carried out in a U-shape continuous pack-bed 110 

reactor, as is shown in Figure 1. The reactor was made of stainless steel 316 and 111 

had a diameter of 3/4 inch with a total reactor length of 40 cm. The reactor was partly 112 

(about half, see “the sand bath level” shown in Figure 1) immersed in a hot fluidised 113 

sand bath that was heated to 375°C. The U-shaped reactor design made it easier to 114 

heat up the reactor in a sand bath. The packed-bed reactor contains two zones of 115 

catalysts. In the first zone (10 cm), 5% palladium supported on activated carbon 116 

(Pd/C, Bioscientific) catalyst was used. It was outside the sand bath. This section 117 

would have undergone a temperature transition ranging from room temperature to 118 

<250°C, aiming to stabilise the incoming bio-oil based on the finding in the literature 119 



[20]. However, as will be demonstrated later in this paper, the use of Pd/C catalyst 120 

was marginally, if any, successful in avoiding coke formation.  In the second zone, a 121 

commercial pre-sulphided NiMo/Al2O3 catalyst (from Eurecat, hereafter referred as 122 

“NiMo catalyst”) was used. This section of the catalyst was immersed in the hot 123 

fluidised sand bath. The steady-state temperature at the border of the Pd/C and 124 

NiMo catalyst beds was between 235 and 270°C under current experimental 125 

conditions. 126 

 The process flow diagram of this hydrotreatment set up has been shown 127 

elsewhere [15]. The bio-oil and hydrogen was pre-mixed before being fed into the 128 

reactor. The bio-oil was pumped, at a pre-set constant flow rate, into the reactor 129 

using a syringe pump (Teledyne Isco, 500D). The LHSV was defined as the ratio 130 

between the bio-oil feeding rate and the volume of the catalyst bed (i.e. the volume 131 

of the reactor occupied by the catalyst). The LHSV was increased by increasing the 132 

bio-oil feeding rate. The LHSV for the NiMo catalyst was varied between 1 and 3 hr-1 133 

in separate experiments. The LHSV for the Pd/C catalyst would be twice that for the 134 

NiMo catalyst for the same experiment. Hydrogen was supplied in large excesses via 135 

a mass flow controller at a constant flow rate of 4 L/min (measured under ambient 136 

conditions) for all experiments.  137 

 Two thermocouples were inserted into the catalyst bed to measure the catalyst 138 

temperature during the experiments. The tip of the first one was placed 5 cm at the 139 

inlet side below the surface level of the fluidised sand bath. The tip of the second 140 

thermocouple was also 5 cm, but at the outlet side, below the surface level of the 141 

fluidised sand bath. The distance between the tips of the two thermocouples in the 142 

flow direction was 10 cm. 143 



 The pressure at the outlet of the reactor was maintained at 70 bar by using a 144 

back pressure regulator (EquilibarEB1HP2) installed after the condenser system of 145 

two parallel traps. The temperature of the condenser system at its outlet was 146 

maintained below 10°C by cooling the traps with ice water. The hydrotreated liquid 147 

products were collected into fractions every 45 min (LHSVNiMo = 2), 60 min (LHSV = 148 

3) or 90 min (LHSV = 1). The samples were then stored at -18°C and were de-frozen 149 

prior to analysis. 150 

 The hydrotreated product was normally separated into two phases. The total 151 

water production is calculated as the sum of water in the aqueous and oil phases 152 

minus the water in the feed bio-oil. The yield of each product was expressed as the 153 

mass of product (e.g. the whole biofuel product or certain fraction) divided by the 154 

mass of bio-oil fed into the reactor over the same time interval. The product yields 155 

are always expressed on the basis of moisture-free (mf) bio-oil feedstock. 156 

 157 

2.3. Product characterisation 158 

 159 

UV-fluorescence spectroscopy. UV-fluorescence spectroscopy was used to 160 

understand the transformation of aromatic structures during hydrotreatment. A 161 

Perkin-Elmer LS50B spectrometer was used to measure the UV-fluorescence 162 

spectra of bio-oil and its hydrotreated products. Samples were diluted with UV grade 163 

methanol (purity ≥ 99.9%) to 4 ppm (wet basis). The energy difference for recording 164 

synchronous fluorescence spectra was -2800 cm-1 with slit widths of 2.5 nm 165 

(excitation and emission) and a scanning speed 200 nm/min. The fluorescence 166 

intensity was multiplied by the product oil yield to express the fluorescence intensity 167 

on the basis of bio-oil (moisture-free) to allow for comparison [21]. 168 



GC-MS. The raw bio-oil and the product oil phase were analysed with Agilent GC-169 

MS (a 6890 series gas chromatograph with a 5973 mass spectrometric detector) 170 

equipped with a capillary column (HP-INNOWax) (length, 30 m; internal diameter, 171 

0.25 mm; film thickness, 0.25 µm of crosslinked polyethylene glycol) [4,5,22]. The 172 

samples were diluted with acetone prior to analysis [10,15]. The following 173 

compounds were quantified: acetic acid, phenol, 2-ethyl-phenol, 2,4,6-trimethyl-174 

phenol, 2,4-dimethyl-phenol, 4-(1-methylpropyl)-phenol and 3,4,5-trimethyl-phenol. 175 

The phenolic type of compounds are summed together and hereafter referred to as 176 

phenolics. Another group of compounds quantified included ethylbenzene, 1,3-177 

dimethyl-benzene, 1,2-dimethyl-benzene, 1,4-dimethyl-benzene, propyl-benzene, 1-178 

ethyl-2-methyl-benzene, 1,2,3-trimethyl-benzene and (1-methylpropyl)-benzene, 179 

which are summed together and referred to as benzene compounds. 180 

Cyclopentaneandmethyl-cyclohexane were also quantified. 181 

 182 

Thermogravimetric analysis (TGA) was used to gauge the volatility of hydrotreated 183 

products, which partially reflects the molecular mass distribution. The weight loss 184 

and differential thermogravimetric (DTG) curves of hydrotreated bio-oils (biofuels) 185 

were measured using a TGA (TA Instruments Q5000). The samples were heated 186 

from 25 to 500°C at a heating rate of 10°C min-1 in a flow of nitrogen (50 mL min-1) 187 

[3-5,23]. After the experiment, the residue, as a result of the evaporation of light 188 

species and polymerisation, was measured and is referred to as “potential coke”. 189 

 190 

Elemental analysis. A Thermo Flash 2000 analyser was used for the elemental 191 

analysis (C,H and N) of the bio-oil and biofuel samples. The oxygen content was 192 

calculated by difference [24]. 193 



3. Results and discussion 194 

 195 

3.1. General observation 196 

 197 

Reproducibility. To check the reproducibility of our experiments, one set of two 198 

experiments under identical conditions (LHSV = 1 hr-1) were performed. It was found 199 

that both the temperature and pressure profiles were almost identical. The product 200 

yields on the moisture-free basis from these two repeated experiments were as 201 

follows after feeding 256 mL of bio-oil into the reactor. Yields of the organics in the 202 

oil phase were 23.8 and 20.8wt%, respectively. Yields of the organics in the aqueous 203 

phase were 9.5 and 6.6wt%, respectively. Yields of the produced water were 31.9 204 

and 37.2wt%, respectively. Yields of the accumulated gas and coke was 34.8 and 205 

35.4wt%, respectively. 206 

 The pressure drop across the reactor would remain low (<4 bar) initially but then 207 

increased rather rapidly, despite of the use of Pd/C catalyst at the beginning of the 208 

catalyst bed (Figure 1). Once the pressure increased very significantly (e.g. >110 209 

bars), the experiments were terminated. Contrary to the reports in the literature 210 

[20,25] that the Pd/C catalyst could stabilise the bio-oil to reduce coke formation, 211 

these experiments demonstrated that the stabilisation of bio-oil using the Pd/C 212 

catalyst was rather limited, certainly not to the extent to ensure long-term continuous 213 

operation using the NiMo catalyst, at least under the current experimental conditions. 214 

In fact, separate experiments [15,17] also showed that the use of Pd/C alone (i.e. 215 

without the NiMo catalyst) would also result in the blockage of reactor and the 216 

deactivation of catalyst. 217 

 218 



Exothermic peaks. As is shown in Figure 1, two thermocouples were placed in the 219 

NiMo catalyst bed: one at 5 cm into the NiMo catalyst bed in the fluid flow direction 220 

and another one at 15 cm into the bed. The bed temperatures measured at 15 cm 221 

into the NiMo catalyst bed for the three different LHSV values are shown in Figure 2a. 222 

The x-axis refers to the total amount of bio-oil that had been fed into the reactor, 223 

which facilitates a better comparison of the experiments with different bio-oil feeding 224 

rates. It is an indirect indication of the time that has passed since the start of the 225 

feeding of bio-oil. Figure 2b shows the temperature profiles measured at 5 and 15 226 

cm into the NiMo catalyst bed at the same LHSV value of 3 hr-1.  227 

 The most striking feature of Figure 2 is the presence of huge exothermic peaks. 228 

Temperature increases as high as 80°C were observed. Under the present 229 

experimental conditions (>350°C and >70 bar), many light species (e.g. acetic acid 230 

with a critical temperature of 319.6°C) would exist in the gas/vapour phase. Carried 231 

by the excess supply of hydrogen, the residence time of these light species could be 232 

at the order of seconds, in fact <0.8 s in this particular case. However, the data in 233 

Figure 2 indicate that, at 5 cm in the catalyst bed, it took many minutes for the 234 

exothermic peaks to appear. Therefore, it is fair to conclude that the exothermic 235 

peaks were not due to the hydrotreatment of light species that would travel through 236 

the reactor in the gas/vapour phase. Instead, these exothermic peaks were due to 237 

the hydrotreatment of the bio-oil species that largely travelled through the catalyst 238 

bed in the reactor in the liquid phase. 239 

 The presence of a peak in Figure 2 would mean that the exothermic reactions at 240 

the given location where the thermocouple was present underwent increases and 241 

decreases in reaction rates (i.e. the heat generation rate) with time. However, bio-oil 242 

was always continuously fed into the reactor at a pre-set constant flow rate in each 243 



experiment in the continuous excess supply of hydrogen. Any hydrotreatment 244 

reactions at a given location in the catalyst bed would be expected to show 245 

increases in reaction rates (as the reactants were supplied to, i.e. reached, the 246 

catalyst at that given location) and then level off (i.e. not to decrease). In other 247 

words, the reaction rates at a given location in the catalyst bed should have shown a 248 

monotonic increase and then approached a plateau value without showing a 249 

maximum. One plausible explanation to this apparent contradiction between the 250 

observed reaction rate peaks (exothermic peaks) and the expected monotonic-251 

plateau trends is that (part of) the catalyst was almost instantly deactivated to result 252 

in decreases in the reaction rate (i.e. heat generation rate). An alternative 253 

explanation is that the changes in the heat transfer as the surrounding medium 254 

changed vapour/gas-dominating to a mixture of vapour/gas-liquid mixture might have 255 

also contributed to the observed peaks. However, the second possibility appeared 256 

much less likely because the peaks were very broad. Therefore the first explanation, 257 

i.e. catalyst deactivation, appeared more likely. As will be shown later, the bio-oil was 258 

continuously hydrotreated well beyond the time scale of the exothermic peaks shown 259 

in Figure 2. Therefore, the catalyst deactivation associated with the exothermic 260 

peaks in Figure 2 was very selective. In other words, only a (small) fraction of the 261 

hyperactive sites in the catalyst were instantly deactivated as soon as they came into 262 

contact with (some components of) the bio-oil. 263 

 A further observation can be made from the data in Figure 2a. As the bio-oil 264 

feeding rate was increased (i.e. as the LHSV was increased), the liquid components 265 

reached the location at 15 cm in the NiMo catalyst bed increasingly rapidly. While the 266 

exothermic peak appeared after 270 mL of bio-oil was fed into the reactor (470 min) 267 

at a LHSV of 1 hr-1, the exothermic peaks showed at about 150 mL (130 min) and 268 



110 mL (65 min) for LHSVs of 2 and 3 hr-1 respectively. In other words, the 269 

exothermic peak did not show after the same amount of bio-oil was fed into the 270 

reactor at different bio-oil feeding rates. The exothermic peak became increasingly 271 

narrow and high as the LHSV was increased from 1 to 3 hr-1. Clearly, the 272 

hydrotreatment reactions would take place as soon as the bio-oil and hydrogen 273 

came into contact with the catalyst. In addition to, or simultaneously with, the 274 

removal of oxygen from bio-oil, the molecular sizes would also decrease, which 275 

combine to turn more bio-oil components into vapour. With decreasing LHSV value, 276 

the residence time of bio-oil in the reactor would increase for more hydrotreatment 277 

reactions to take place. The net result is that the actual liquid flow rate in the 278 

downstream decreased more than the decreases in the bio-oil feeding rate. Another 279 

reason for the exothermic peak not to appear after the same amount of bio-oil was 280 

fed at different feeding rates was due to the need for the liquid to fill the pores in the 281 

catalyst. Certain amount of liquid must be required to fill the pores within the catalyst 282 

particles. Once the liquid molecules went into pores, they were less carried (“blown”) 283 

by the gas and liquid and thus moved through the reactor slowly. Once the pores are 284 

filled, the extra liquid would be forced by the flowing hydrogen through the reactor 285 

more rapidly.  286 

 It then follows that the composition of liquid/vapour reaching the catalyst 287 

downstream, e.g. at the location of 15 cm into the catalyst bed in Figure 2a, would be 288 

different when LHSV value was increased. Nevertheless, the exothermic peak 289 

always appeared. As will be shown later (Figure 5), the overall oxygen content of the 290 

liquid passing through the catalyst bed at 15 cm would be very different as the LHSV 291 

value was increased. While the hyperactive sites in the catalyst at that location (15 292 

cm) would complete the deactivation only after the residual liquid from about 150-293 



200 mL (peak width in Figure 2a) of bio-oil had passed by at an LHSV of 1 hr-1, the 294 

peak width was only about 70-80 mL in the case of LHSV of 3 hr-1. All results 295 

combine to indicate that the deactivation of hyperactive sites in the catalyst, as was 296 

evidenced by the exothermic peaks, is related both to the catalyst itself 297 

(heterogeneity in terms of the presence of some hyperactive sites) and to the bio-oil 298 

composition. 299 

 300 

3.2. Overall product yields 301 

 302 

 The effects of LHSV on the yield of organic products from the hydrotreatment of 303 

bio-oil are shown in Figure 3. The product stream from the hydrotreatment reactor 304 

went alternatively into one of two traps to condense the liquid products. The product 305 

was thus collected into time-on-stream-resolved fractions. Each datum point in 306 

Figure 3 (and other figures) represented the yield of product collected in one trap, 307 

which was defined as the amount of product in the trap divided by the amount of bio-308 

oil (on the moisture-free basis) fed into the reactor over the same period of time. To 309 

determine the amount of product in a trap, the trap contents were then transferred 310 

into a container where the product separated into two phases: one oil phase rich in 311 

organic product and one aqueous phase rich in water. The amount of each phase 312 

was weighed following decanting. The water content in each phase was determined 313 

to calculate the amount of organics in each phase (shown as “in oil phase” and “in 314 

aqueous phase” in Figure 3). The total yield of organics in the whole trap is also 315 

shown in Figure 3. The product in the first trap contained impurities (e.g. the solvent 316 

residue used to clean the feeding line) and thus was not considered in plotting the 317 

data in Figure 3. The transfer of the contents in a pressurised trap into another 318 



container at atmospheric pressure was a difficult operation and did not always 319 

ensure 100% transfer of all materials in the trap. This contributed significantly to the 320 

observed scatters in the data shown in Figure 3. 321 

 The total yields of organic products during the initial periods of hydrotreatment 322 

were low, often <30%. The low liquid product yields were neither due to the 323 

formation of coke nor due to the formation of gases. Massive formation of coke at 324 

this level would have blocked the reactor: the observed pressure drop increases 325 

were in fact minimal. Furthermore, the analysis of gases using a gas chromatograph 326 

did not give evidence of massive gas formation. When the total yield of water 327 

formation was considered (Figure 4), the total yield of organics and water was far 328 

smaller than 90%. The main reason must be due to the hold up of liquid in the 329 

catalyst bed in the reactor. In fact, little product (although difficult to quantify 330 

accurately, see above) was collected in the first trap. Significant amounts of heavier 331 

bio-oil components, as liquid, filled the pores in the catalyst particle and the inter-332 

particle voids in the reactor. The hold up of bio-oil components in the reactor has 333 

been observed and discussed in detail in our previous study [15]. 334 

 It follows then that the organic products observed in the first couple of traps are 335 

mainly the light species (also see discussion below) that travelled through the reactor 336 

in the gas/vapour phase. These species were well hydrotreated to form water (Figure 337 

4) and to give products with low oxygen contents (Figure 5). Irrespective of the LHSV 338 

values used in the range of 1 to 3 hr-1, the oxygen contents of the products in the oil 339 

phase at the initial stages of the experiments (low amount of bio-oil fed into the 340 

reactor) were very low (Figure 5). It can thus be concluded that the NiMo catalyst 341 

was very active to hydro-deoxygenate the species in the gas/vapour phase, at least 342 

under the current experimental conditions. 343 



 At a LHSV value of 1 hr-1, the observed yield of organics, mainly that in the oil 344 

phase, increased rapidly to about 30 wt% of bio-oil fed into the reactor (on the 345 

moisture-free basis). This is at least partly due to the appearance of heavier species 346 

in the product stream when the catalyst bed had been saturated with the heavy 347 

liquid. The yield of organic product and the production of water remained almost 348 

unchanged (within the scatters) until after ~500 mL of bio-oil had been fed into the 349 

reactor. Beyond 500 mL of bio-oil feed, the yield of organic product increased (Figure 350 

3), which was accompanied by the increases in its oxygen content (Figure 5) and 351 

somewhat by the decreases in the production of water (Figure 4). This signals the 352 

deactivation of catalyst for reduced hydro-deoxygenating activities. 353 

 When the LHSV value was increased to 2 and 3 hr-1, the yield of organic 354 

products appeared to increase more rapidly and to a higher value (to 60-70wt%) 355 

than at 1 hr-1, with less water production and higher oxygen content in the oil phase. 356 

At an LHSV value of 1 hr-1, the reaction was stopped due to coke formation and 357 

reactor blockage before reaching plateau values. 358 

 These data would indicate that the NiMo catalyst used in the present study 359 

appeared to have less ability to handle heavy bio-oil components than the lighter 360 

ones.  The behaviour of lighter and heavier species will be discussed below.  361 

 362 

3.3. The transformation and formation of lighter compounds in the vapour 363 

phase 364 

 365 

 Figure 6 shows the yields of various classes of lighter species in the products. In 366 

each case, those found in the aqueous and oil phases were summed up to give the 367 

total yields shown in Figure 6. The datum points at “0 mL” of bio-oil fed into the 368 



reactor indicates the contents of these species in the raw bio-oil. Due to the 369 

complexity of bio-oil composition, many species may be formed and consumed 370 

simultaneously during the hydrotreatment. For simplicity, all species have been 371 

shown as “yield”, which should simply be taken as a ratio of their mass flow rate at 372 

the reactor exit to the bio-oil feeding rate. 373 

 Acetic acid is the most abundant (up to 15wt%) organic acid in bio-oil, 374 

contributing to the high acidity of the unhydrotreated bio-oil. The data in Figure 6a 375 

show that acetic acid can be destroyed/converted during hydrotreatment, improving 376 

the biofuel product quality. The exact products from acetic acid remain unclear, 377 

which may include CO2 and hydrogenated products such as methanol. Part of acetic 378 

acid structure (e.g. CH3) may also be incorporated into the hydrotreatment products. 379 

At all LHSV values used, acetic acid was nearly completely destroyed/converted 380 

during the initial periods of the experiments. It is believed that acetic acid would exist 381 

in the vapour form under the present experimental conditions and thus would travel 382 

through the reactor rapidly. This means that the fresh NiMo catalyst was very active 383 

in removing acetic acid. However, the concentration (reflected as “yield”) of acetic 384 

acid increased as the experiment progressed, increasing more rapidly at a higher 385 

LHSV value than at a lower LHSV value. At a LHSV value of 1 hr-1, significant 386 

amounts of acetic acid were observed after >400 mL of bio-oil had been fed into the 387 

reactor. This appears to coincide with the exothermic peak shown in Figure 2a: by 388 

extrapolation, the exothermic peak would appear at the end of the NiMo bed at >400-389 

500 mL. Even at the end of that experiment, the concentration of acetic acid in the 390 

product was never as high as its concentration in the raw bio-oil. This is taken to 391 

mean that the destruction of acetic acid can take place both at the hyperactive sites 392 

and at the “normal” active sites of the catalyst. However, the occupation of the 393 



reactive sites by heavy liquid species did greatly reduce the accessibility of these 394 

active sites to acetic acid. 395 

 When the LHSV was increased to 2 hr-1, acetic acid started to appear in the 396 

product stream just after 350 mL of bio-oil had been fed into the reactor. At the LHSV 397 

value of 3 hr-1, acetic acid appeared in all product samples except in the product in 398 

the first trap. These again correspond to Figure 2a that the exothermic peaks 399 

appeared earlier with increasing LHSV. These results confirm the importance of 400 

availability of active sites to the destruction of acetic acid, which could be occupied 401 

by the heavy species. 402 

 Figure 6b shows the yield of phenolics including phenol and substitutional 403 

phenols. Figure 6c shows the yields of benzene and substituted benzenes, shown as 404 

“benzene compounds”. Bio-oil is rich in phenol structures both as light components 405 

and as heavy components, including lignin-derived oligomers [3,4,21]. However, 406 

many phenol structures in bio-oil were embedded in large molecules that would not 407 

have gone through the GC column to be quantified. Therefore, light phenolics could 408 

be converted, e.g. to produce benzene and substitutional benzenes, or formed from 409 

the breakdown of lignin-derived oligomers. Indeed, the content of GC-quantified light 410 

phenolics in bio-oil was higher than the yield of phenolics in the oil phase products 411 

produced at the earlier stages at LHSVs of 1 or 2 hr-1 but lower than the yields under 412 

all other conditions. The data in Figures 6b and 6c indicate that the fresh NiMo 413 

catalyst at the initial periods of experiments was active in converting light vapour 414 

phenolics (Figure 6b) into benzene compounds. At the later periods of experiments, 415 

this conversion was a lot less effective. This must again have been due to the 416 

occupation of the catalyst active sites by the heavy species. In some cases, e.g. 417 

LHSV of 2 hr-1, when the catalyst was significantly deactivated at later stages of 418 



experiments, the observed yields of GC-quantified phenolics decreased, apparently 419 

owing to the reduced conversion of phenol structures in large molecules into GC-420 

quantified light phenolics. In the case of LHSV of 3 hr-1, the low yields of GC-421 

quantified phenolics must have been due to the low activities of the catalyst that 422 

were in contact with abundant bio-oil liquids even at the earlier periods of 423 

experiments. To produce high yields of benzene compounds, the catalyst must be 424 

sufficiently active to produce light phenolics and also convert light phenolics into 425 

benzene and substitutional benzenes, explaining the trends in Figure 6c. For 426 

example, at a LHSV value of 3 hr-1, the active sites were not sufficiently available to 427 

convert the phenol structure in large molecules into light phenolics (Figure 6b) or to 428 

convert the light phenolics into benzene compounds, with the exception at the 429 

beginning of the experiment. 430 

 Substituted cyclopentanes and cyclohexanes are the hydrogenation products. As 431 

is shown in Figure 6d, their production was favoured at the fresh catalyst surface, 432 

mostly from the hydrogenation of light species in the gas/vapour phase, and 433 

decreased with the occupation of the catalyst by liquid and the deactivation of the 434 

catalyst. 435 

 436 

3.4. Transformation of structure and properties of bio-oil during 437 

hydrotreatment 438 

 439 

Observation based on TGA. Thermogravimetric analysis was used to characterise 440 

the thermal properties of the hydrotreated products. A small amount of the oil phase 441 

product was heated up in a TGA to 500°C at a heating rate of 10°C/min. The weight 442 

loss was a result of combined physical (evaporation) and chemical (decomposition) 443 



processes, which in turn is partly related to the molecular mass distribution (see 444 

below). The residue at 500°C was termed as “potential coke”, reflecting the potential 445 

amount of coke that would form when the oil is heated to 500°C. Figure 7 shows the 446 

typical DTG curves and the potential coke yields of the hydrotreated oil products (in 447 

the oil phases) in comparison with those of the raw bio-oil. The TGA was carried out 448 

only with the oil phase products because of the difficulties in getting accurate data 449 

with the aqueous phases that had very high water contents. 450 

 The data in Figure 7a show that, at a LHSV value of 2 hr-1, the product collected 451 

initially (after only 205 mL of bio-oil was fed) was relatively light, all evaporated 452 

at<225°C in TGA with almost no solid residue (potential coke) left at 500°C in TGA 453 

(Figure 7b). With the progress in hydrotreatment, the product became heavier, 454 

requiring higher temperature to evaporation TGA. Some solid residue started to 455 

appear (Figure 7b) for the product collected after 350 mL of bio-oil was fed into the 456 

hydrotreatment reactor; the potential yield increased rapidly thereafter. Nevertheless, 457 

the potential coke yields of the hydrotreated oil products were always less than that 458 

of the raw bio-oil. In fact, the data in Figure 7a show that the hydrotreated oil phase 459 

contained species heavier than those in the raw bio-oil, as is evidenced by the high 460 

DTG intensity at >400°C in TGA.  However, caution must be exercised in interpreting 461 

the DTG data at high temperatures (e.g. >300°C). Bio-oil is exceedingly reactive and 462 

will polymerise once it is heated up to elevated temperatures [26]. At high 463 

temperatures, these species would tend to polymerise instead of being evaporated, 464 

giving very high potential coke yield. On the other hand, many O-containing 465 

functional groups responsible for the high reactivity of bio-oil would have been hydro-466 

deoxygenated. Therefore, the data in Figure 7 indicate that the hydrotreated bio-oils, 467 

even at the later stages of experiments when the catalyst has been partially blocked 468 



or even partially deactivated, have much less tendency to polymerise than the raw 469 

bio-oil. Some species in the hydrotreated bio-oil could still evaporate at >450°C 470 

instead of forming coke. 471 

 The data in Figure 7b indicate that the potential coke yield determined in TGA 472 

was always low for the LHSV value of 1 hr-1. Increasing LHSV resulted in rapid 473 

increases in the potential coke yield. This is at least due to two reasons. Firstly, the 474 

residence time decreased with increasing LHSV, giving less time for hydrotreatment 475 

reactions to take place. Secondly, the concentration of heavy liquid in the reactor 476 

increased with increasing LHSV, limiting the access of active sites to hydrogen. In 477 

the absence of abundant active hydrogen, the relative importance of polymerisation 478 

would increase over the hydrogenation and hydrocracking reactions, favouring the 479 

formation of heavy species and coke. 480 

 481 

Transformation of aromatic structures as reveal by UV-fluorescence 482 

spectroscopy. Figure 8 shows the synchronous spectra of hydrotreated bio-oils (oil 483 

phases). As was stated in Experimental, the fluorescence intensity has been 484 

expressed on the basis of moisture-free bio-oil to allow for comparison under 485 

different experimental conditions. The spectrum for the raw bio-oil is shown for 486 

comparison. At the initial stages of hydrotreatment (Sample 1, Figure 8a), the 487 

fluorescence intensity was generally very low. Little intensity was observed at wave 488 

lengths longer than 320 nm, signalling the absence of ring structures with more than 489 

2 (equivalent) fused benzene rings. The lack of oxygen in the hydrotreated bio-oil 490 

also would not give high quantum yields, contributing to the observed low intensity. 491 

These data are taken to indicate that the gas-phase-dominated hydrotreatment 492 

product was well hydrotreated. This is in agreement with the visual observation that 493 



these samples were lightly coloured. 494 

 With the progress of experiments (e.g. Sample 2 in Figure 8b), the fluorescence 495 

intensity increased, at least partly due to the appearance of liquid that had travelled 496 

through (most of) the catalyst bed. In particular, at the LHSV value of 3 hr-1, there 497 

was a significant increase in fluorescence intensity at wavelengths longer than 300 498 

nm, most likely due to the aromatic structures with more than 2 (equivalent) fused 499 

benzene rings. 500 

 At the later stages of experiments (Samples 3 and 4 in Figures 8c and 8d), the 501 

observed fluorescence intensity of the hydrotreated bio-oils were similar to or higher 502 

than those of the raw bio-oil. However, the similarities in the spectral features 503 

between the raw and hydrotreated bio-oils (e.g. the shoulder peaks at around 385 504 

nm) indicate the similarities in their aromatic structure features. The explanation of 505 

these data must consider the importance of intra-molecular energy-transfer to the 506 

observed fluorescence intensity for this type of samples [27]. Due to the intra-507 

molecular energy transfer, very large aromatic ring systems in large molecules in 508 

bio-oil are not well represented by the observed fluorescence [27]. As these large 509 

molecules are broken down as a result of thermal or hydrocracking or removal of 510 

oxygen, the efficiency of intra-molecular transfer is lowered to result in a better 511 

representation of these large aromatic ring systems in the observed fluorescence. 512 

This explains why the fluorescence intensity of hydrotreated bio-oil can be higher 513 

than that of the raw bio-oil, but having similar spectral features. The possible 514 

formation of additional aromatic structures during the later stage of hydrotreatment 515 

cannot be ruled out but our data do not give conclusive evidence for this possibility. 516 

 The UV-fluorescence data in Figure 8 further support the discussion above in 517 

that the lighter species have behaved differently from the heavier species. The 518 



catalyst became increasing less effective in hydrogenating the aromatic structures. 519 

 520 

4. Conclusions 521 

 522 

The continuous hydrotreatment of bio-oil in a packed bed catalytic reactor using 523 

a presulphided NiMo/γ-Al2O3 catalyst was carried out under mild conditions (375°C, 524 

70-80 bar). The aim was to investigate the hydrotreatment behaviour of the light and 525 

heavy components as a function of LHSV and catalyst time-on-stream. Our results 526 

indicate that the lighter and heavier components in the same bio-oil could behave 527 

very differently. The overall bio-oil liquid hourly space velocity can drastically affect 528 

the hydrotreatment process. While the residence time of the light species that 529 

evaporate instantly could be very short, the residence time of heavy species could 530 

be very long as they passed through the catalyst bed in the form of liquid. The initial 531 

contact of heavy bio-oil species with the pre-sulphided NiMo/Al2O3 catalyst could 532 

result in very significant exothermic peaks but did not create a thermal runaway 533 

situation, owing to the rapid deactivation of the hyperactive sites in the catalyst. The 534 

NiMo catalyst used was less active in hydrotreating the heavier bio-oil species than 535 

in hydrotreating the lighter bio-oil species. The potential coke yields of the 536 

hydrotreated bio-oils, even at very low extents of hydrotreatment, were drastically 537 

reduced.  538 
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Figure 1 A schematic diagram showing the reactor configuration. 
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Figure 2 (a) The temperature profiles measuredat the location 15 cm into the 

NiMo/Al2O3catalyst bed as a function of LHSV (hr-1). (b) The temperature profiles 

measured at 5 cm and 15 cm into the NiMo/Al2O3 catalyst bed for LHSV = 3 hr-1.  
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Figure 3 The yields of organics from the hydrotreatment of bio-oil as a function of 

the volume of bio-oil fed into the reactor and LHSV (hr1).  
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Figure 4 The total water produced as a function of the amount of bio-oil fed into the 

reactor and LHSV (hr1).  
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Figure 5 The oxygen content of the organics in the oil phase as a function of the 

amount of bio-oil fed into the reactor and LHSV (hr-1).  

 

  



6 

 

 

Figure 5 The oxygen content of the organics in the oil phase as a function of the 

amount of bio-oil fed into the reactor and LHSV (hr-1).  

 

 

 

 

Figure 6 The yields of lighter species from the hydrotreatment of bio-oil as a function 

of the amount of bio-oil fed into the reactor and LHSV (hr-1). 
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Figure 7 (a), DTG curves of the hydrotreated bio-oils (oil phases) produced at a 

LHSV of 2 hr-1 as a function of the catalyst time-on-stream (reflected by the amount 

of bio-oil fed into the reactor with intervals labelled in the figure). (b), The potential 

coke yields of the hydrotreated bio-oils (oil phases) measured by TGA as a function 

of the catalyst time-on-stream (reflected by the amount of bio-oil fed into the reactor) 

and LHSV (hr-1). 
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Figure 8 UV fluorescence synchronous spectra as a function of LHSV (hr-1) and 

catalyst time-on-stream (reflected by the amount of bio-oil fed into the reactor). Note: 

Fraction 1: 103 – 205 mL bio-oil fed in, Fraction 2: 205 – 307 mL bio-oil fed in, 

Fraction 3: 513 – 615 mL bio-oil fed in and Fraction 4: 715 – 820 mL bio-oil fed in. 


