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SUMMARY

Differential geometric nonlinear control of a multiple stage evaporator system of the
liquor burning facility associated with the Bayer process for alumina production at

Alcoa Wagerup alumina refinery, Western Australia was investigated.

Mathematical models for differential geometric analysis and nonlinear controller
synthesis for the evaporator system were developed. Two models, that were
structurally different from each other, were used in the thesis for simulation studies.
Geometric nonlinear control structure, consisting of nonlinear state feedback control
laws and multi-loop single-input single-output proportional-integral controllers, were
designed for the industrial evaporator system. The superionity of the geometric
nonlinear control structure for regulatory control of the evaporator system was
successfully demoustrated through computer simulations and real-time simulator
implementation. The implementation trial has verified the practicality and
feasibility of these type of controllers. It also re-solved some practical issues of the
geometric nonlinear control structure for industrial control applications. In addition,
the implementation trial also established a closer link between the academic

nonlinear control theory and the industrial control practices.

Geometric nonlinear output feedback controller, consisting of the geometric
nonlinear control structure and reduce-order observer was proposed for actual plant
implementation on the evaporator system on-site. Its superior performance was
verified through computer simulations, but its feasibility on the evaporator system
on-site has yet to be investigated either through simulator implementation or actual
plant implementation. This investigation was not performed due to the time
constraint on the preparation of this thesis and the inavailability of the plant

personnel required for this implementation.

Robust nonlinear contro! structures that are simple and computationally efficient

have been proposed for enmhancing the performance of geometric nonlinear



controllers in the presence of plant/model mismatch and/or external disturbances.
The robust nonlinear control structures are based on model error compensation
methods. Robustness properties of the proposed robust nonlinear control structures
on the evaporator system were investigated through computer simulations and the
results indicated improved performance over the implemented geometric nonlinear

controtler in terms of model uncertainty and disturbance reductions.

A software package was developed in MAPLE computing environment for the
analysis of nonlinear processes and the design of geometric nonlinear controllers.
This developed symbolic package is useful for obtaining fast and exact solutions for
the analysis and design of nonlinear control systems. Procedures were also
developed to simulate the geometric nonlinear control systems. It was found that
MAPLE, while it is superior for the analyses and designs, is not viable for simulations
of nonlinear control systems. This was due to limitation of MAPLE on the physical,
or virtual, memory management. The use of both symbolic and numeric
computation for solutions of nonlinear control system analysis, design and

simulation is recommended.

To sum up, geometric nonlinear controllers have been designed for an industrial
multiple stage evaporator system and their simplicity, practicality, feasibility and
superiority for industrial control practices have been demonstrated either through
computer simulations or real-time implementation. It is hoped that the insights
provided in this thesis will encourage more industry-based projects in nonlinear
control, and thereby assist in closing the widening gap between academic nonlinear

control theory and industrial control practice.
Keywords: geometric nonlinear control, input-output linearization, multiple stage

evaporator, robust geometric nonlinear conirol, control performance

enhancement
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Introduction

1.1. BACKGROUND

In most industrial practice, processing units are usually interconnected and/or with
recycles for better use of the resources and operating cost reductions. This, however,
leads to complex operation and behaviour of such unit operations including high
process nonlinearities and interactions. Furthermore, the increasing demands in
production flexibility, end-product quality and environmental responsibility imply
the necessity for high performing controllers in the process operating regions where
these nonlinearities are emphasized. Advanced control techniques, such as the linear
model-based control (Morari and Zafiriou, 1989; Fisher, 1991), have been applied to
address these control problems. These design approaches are based on linear models
that are obtained by locally linearizing the nonlinear process models around the
nominal operating conditions. These model-based controllers provide adequate
performance in cases where the plants are operated in the neighbourhood of the
operating conditions or when the plants themselves are fairly “linear”. For plants
that exhibit high nonlinear characteristics, the performances of these linear
controllers are significantly deteriorated and, in some cases, may lead to instability

(Kravaris and Kantor, 1990; Bequette, 1991).

Controller designs that are based on the nonlinear process models directly have been
reported in the open-literature (eg. Bequette (1991) and references there in). In
recent years differential geometry (Isidori, 1995) has been used as an effective tool
for the analysis and design of nonlinear control systems. A differential geometric
based nonlinear control approach, which has received significant attention, is the
feedback linearization techniques (Kravaris and Kantor, 1990; Henson and Seborg,
1991a). The essence of feedback linearnization is to algebraically transform a
nonlinear system to its equivalent linear one through state feedback. Unlike local
linearization, the transformation is global (ie. it is not state-dependent). Feedback
linearization essentially transforms the nonlinear control problem to its linear
equivalent such that linear control techniques can be applied for desired global

properties.
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1.2. MOTIVATIONS FOR THIS STUDY

Applications of feedback linearization techniques and their control supertorities for
nonlinear chemical process control have been reported (eg. Soroush and Kravaris,
1992; Soroush and Kravaris, 1993; Soroush and Kravans, 1994a; To et al., 1998b).
However, these applications are on either experimental scale or “small-scale”
industrial control problems. The multiple stages evaporator system of the liquor
burning facility associated with the Bayer process for alumina production at Alcoa
Wagerup alumina refinery represents a large, industrial scale complex unit operation.
Furthermore, the evaporator system is crucial to the operation at the alumina refinery
and has been shown to be difficult to control by classical linear controliers.
Successful application of the geometric nonlinear control technique on the
evaporator system, through simulation and/or implementation studies, not onily
demonstrates the applicability of such nonlinear controller to large-scale industrnal
processes, but also improves operation of such a crtical unit operation in the

refinery.

The case studies in this thesis also intend to simplify the mathematical preliminaries
required for implementation of the geometric nonlinear controller. Robust nonlinear
control designs are crucial for robustness against model uncertainties and
unmeasured disturbances. However, existing robust nonlinear control theory are
mathematically involved and are not readily viable for practical implementation.
Motivated by the importance, but the complexity of existing theory, robust nonlinear
control techniques that are simple and computational efficient for industrial
implementation are investigated in this thesis. The ultimate goal of this research is
to resolve practical issues associated with the implementation of geometric nonlinear
control theory in industrial control systems through real-time implementation tests.
1t is hoped that the results will enhance the knowledge in implementing geometric
nonlinear control theory in the industries and thereby bridge the gap between control

theory and practice.
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1.3. OBJECTIVES AND CONTRIBUTIONS

The objectives of this thesis are:

e Develop practical geometric nonlinear controllers for the multiple stage
evaporator system of the liquor burning facility associated with the Bayer process

for alumina production at Alcoa Wagerup alumina refinery.

o Investigate the feasibility of the geometric nonlinear control schemes and assess
their advantages over the existing linear control strategy on-site through

numerical simulation of the evaporator system.

e Carry out robustness study of nonlinear control theory and develop practical
robust geometric nonlinear control techniques that are simple and

computationally efficient for industrial implementation.

e Develop general software package for analysis, design and simulation of

geometric nonlinear control strategies.

e Carry out actual implementation of geometric nonlinear control strategies for the

multiple stage evaporator system.

The above objectives will enrich the practical values of geometric nonlinear control
theory. The development of a symbolic package ensures the simplification of
geometric nonlinear control design, analysis and simulation. As such, it is beneficial
to the academic as an educational or research tool, and the industry as a design tool
in geometric nonlinear control. The study also contributes to the work in bridging
the widening gap between industrial practice and theoretical work in nonlinear

process control

1.4. THESIS OVERVIEW

Chapter 2 presents the concepts of differential geometric as the mathematical tools
for the analyses and designs of nonlinear control systems. The concept of input-
output (/O )linearization and the approach for synthesising state feedback
linearizing and decoupling control laws for multi-input multi-output (MIMO)

nonlinear processes are given. Nonlinear control designs based on I/O linearization
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for solving practical control problems such as time delay compensations, measurable
disturbance rejections, robust control and anti-windup contro! in the open literature
are reviewed. The methods of state estimation and parameter estimation for solving
output regulatory control and adaptive nonlinear control, respectively, are also
briefly reviewed. Discrete-time nonlinear controller designs from discrete nonlinear

models are also given.

In Chapter 3, a symbolic package in MAPLE environment that is used in this thesis is
presented. The package consists of six procedures: one for analysis, one for design
and four for simulation of a specific class of nonlinear control systems. The
conditions for use of the MAPLE package are detailed.  Advantages and
disadvantages associated with the use of symbolic package in nonlinear control
system analyses, design and simulation are discussed. Apart from using the symbolic
package as the research tool in this thesis, it can also be used as an educational tool

in nonlinear process control.

Chapter 4 describes the target process for the geometric nonlinear control case
studies in this thesis. The target process is a multiple stage evaporator system of the
liquor buming facility associated with the Bayer process for the production of
alumina at Alcoa Wagerup alumina refinery. Two mathematical models for the
evaporator system, which were used in the nonlinear control case studies, are
presented. Distinctions between the models are discussed, and open loop and
closed-loop simulations are given to highlight the differences between the models.
The availability of the two models for robustness studies of nonlinear control on the

evaporator system is discussed.

In Chapter 5, the methodology of globally linearizing control (GL.C) structure
(Kravaris and Soroush, 1990) for MIMO nonlinear processes is detailed. Numerical
simulations of MIMO GLC structure on the evaporator models are presented. Also,
solutions to practical implementation of the geometric nonlinear control structure in
industrial control systems, such as linking the single loop feedback controller to the
nonlinear controller and initialisation of the nonlinear controlier with “bumpless™

response in the manipulated inputs are given. Comparisons of control performance

1-5
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with the existing linear control technique on-site are given. Robustness of the

nonlinear controller on the evaporator system is also investigated.

Chapter 6 presents the implementation of the geometric nonlinear controller on an
industrial simulator of the multiple stage evaporator system of the liquor burning
facility associated with the production of alumina at Alcoa Wagerup alumina
refinery. The practicality of the geometric nonlinear controller for industrial control
system will be shown through the implementation trial. The performance of the
nonlinear control structure is compared to the existing linear controllers to
demonstrate its superiority in regulatory control of outputs and in stabilizing the

evaporator system.

Combination of the geometric nonlinear controller with reduced-order state observer
for nonlinear output regulatory controller design for the evaporator system on-site 1s
given in Chapter 7. Numerical simulations are given to validate its performance
before implementation on-site. The limitations of such nonlinear output feedback
controller, and its implementation procedure for the evaporator system on-site are
discussed. 1/O internal model control (IOIMC) (Kam and Tadé, 1999a; Kam and
Tadé, 1999b) with reduced-order observer is proposed for robust nonlinear output
regulation control of the evaporator system. Numerical simulations showing the
improved performance of IOIMC over the MIMO GLC are given. The IOIMC
structure is also proposed as the underlying structure for the synthesis of nonlinear

control strategies with enhanced robustness for the evaporator system.

In Chapter 8, two nonlinear control strategies, adaptive IOIMC (AdIOIMC) and
augmented IOIMC (AulOIMC) (Kam et al., 1999), that enhance the robustness of
IOIMC on the evaporator system are presented. Theoretical analyses of such
nonlinear controllers are given. The advantages of the two proposed strategies on
the evaporator system are demonstrated through numerical simulations. Robustness
of the proposed nonlinear control techniques by tuning the parameters i1s also
investigated. Advantages and shoricomings among the two proposed nonlinear
control strategies are discussed with respect to parameter tunings and practicality for

industnial implementation.
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Conclusions of case studies of geometric nonlinear control on the multiple stage
evaporator system are given in Chapter 9. Recommendations for future research

with respect to solving practical industrial nonlinear control problems are also given.
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Differential Geometric Technique for Nonlinear Process
Control

2.1.  INTRODUCTION

Two techniques are available for exact feedback linearization of nonlinear processes.
They are input-state (I/S) and input-output (/O) linearization (Kravaris and Kantor,
1990). I/S linearization uses nonlinear state feedback laws such that the closed-loop
state equations are transformed into linear state equations through appropriate
coordinate change, while /O linearization determines nonlinear state feedback laws
such that, after state feedback, the I/O behaviour of the closed-loop system is linear.
From control point of view, nonlinear control system designs by IS linearization
makes the states linear with respect to a set of external inputs, and linear controllers
can then be applied to achieve global stabilization of the states. For nonlinear
control design by I/O linearization, nonlinear state feedback control laws are
designed such that the outputs are linear with respect to a set of external inputs and
linear control theories are then applied to achieve global regulation of the outputs.
Two approaches, Su-Hunt-Myer transformation (Su, 1982; Hunt ef al., 1983) and GS
algorithm (Gardner and Shadwick, 1992) are available for I/S linearization of
nonlinear processes. Three methods for I/O linearization of nonlinear processes are
available in the literature (eg. see Kravaris and Kantor, 1990), of which, the
minimal-order linearization approach (Kravaris and Chung, 1987) has received
significant attention for monlinear control system designs (Henson and Seborg,

1997a).

In this chapter, an overview of nonlinear control system designs based on /O
linearization for nonlinear processes is given. The chapter is organised as follow.
Section 2.2 presents the mathematical preliminaries of differential geometric control
theory. Definitions for output controllability, invertibility of nonlinear processes are
given. In section 2.3, results from and the conditions for /O linearization of
nonlinear processes are presented. Available geometric nonlinear control techniques
for nonlinear processes with input constraints, time delays and measurable
disturbances in the literature are given in Section 2.4 as well as robust geometric
nonlinear control techniques. Nonlinear control system designs with state and
parameter estimations are given in Section 2.5. Another implementation strategy,

but of equivalent class, for geometric nonlinear control is given in Section 2.6.
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Available geometric nonlinear control system design methodologies in discrete-time

are given in Section 2.7. Concluding remarks can be found in Section 2.8.

2.2. DIFFERENTIAL GEOMETRIC CONTROL THEORY

Consider a square multi-input multi-output (MIMO) non-linear system with » state
modelled by a non-linear state-space model M, which is available for non-lingar

controller design,

x= “"”igf(")”f 2.1)
Y. = h}(x), ) i=L...m

where f, g,, g, ..., €, are vector fields in the state variables and A, A,, ..., A, are
scalar fields in the state variables. The vector x is an n-dimensional state vector,
while w = [u, u, ... u,]" and y = [v; > ... ¥, are m-dimensional input and output
vectors respectively. Because uncertainties are always present in real physical
system, the actual nonlinear plant P can never be described perfectly by the model M

in Equation (2.1). Let us assume that the nonlinear plant £ is shown below,

Xp = fl,(x,,,u] 22)
V= h(xp) i=L..m

Note that Equation (2.2) 1s more general than Equation (2.1). Since M # P, it
follows that x » x, and y = y,. In this case, model M in Equation (2.1} is referred
to as an uncertain model of the nonlinear plant P, or equivalently, model A is
referred to as model for the uncertain nonlinear plant P. Robustness property of
using unertain model for nonlinear controller design i1s an important issue in
nonlinear control system theory. Robust nonlinear control system design remains an

active area of research and its development will be treated later in this chapter.

Throughout this chapter, model A is used to represent the nonlinear plant P, the

following assumption is invoked for the analysis of P,
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Assumption 2.1: The properties of the nonlinear plant P and model M are

equivalent.

Assumption 2.1 implies that model A can be used to provide useful information
about the nonlinear plant P. For example, if A is minimum-phase, the nonlinear
plant P is also minimum-phase. Another important property is the relative order. By
using Assumption 2.1, the model A and nonlinear plant P have the same relative
order. Although this assumption is not stated explicitly in the nonlinear control
literature, it is used implicitly for the differential geometric analysis of nonlinear
control systems {Henson and Seborg, 1991b; To er af, 1998a). The following
standard smoothness assumption is required for the differential geometric analysis of

M (Henson and Seborg, 1991b; Isidor, 1995),

Assumption 2.2: The vector fields f(x), g(x), ---, g.(x) and the scalar output
functions h(x), ..., h,(x) are of class C7 (ie. they have continuous derivatives

of all order).

The above assumption implies that all derivatives of f(x), g,(x), ---, g,(x) and
h(x), ..., h,(x) are bounded and it is a necessary condition to ensure that the

inverse of M is well-defined (Isidori, 1995; Slotine and Li, 1991).

An important notation from differential geometry is the Lie derivative, which is
defined as the directional derivative of a scalar field ~{x) wrth respect to a vector

field f(x),

Lh(x) ={dh, f)= NI S h s
ox, ax, ax, (2.3)
B i Fhfx) 5 '
B i=1 axj ’
where
LA (x) = A(x) (2.4)



Differential Geometric Technique for Nonlinear Process

Control

Further details of Lie derivative and other differential geometric notations, such as
the Lie bracket, can be found in Kravaris and Kantor (1990), Henson and Seborg

(1991a), Slotine and Li (1991) and Isidon (1995).

2.2.1. OuTpUuT CONTROLLABILITY OF MIMO NONLINEAR PROCESSES

Output conirollability is a measure of the ability of the manipulated inputs of a
physical system to alter the outputs of the physical system at a given time (Hermann
and Krener, 1977, Kailath, 1980). For MIMO nonlinear systems, output
controllability is determined by the relative order. The relative order of the i
output represents the minimum number of times that the output must be
differentiated to recover at least one of the inputs (Henson and Seborg, 1991a;
Kravaris and Soroush, 1990). By using Lie derivative, the relative order of the i*
output y; with respect to the j‘h manipulated input #; (r;) is defined as the smallest

non-negative integer such that,
L 1" h(x)=0 (2.5)

otherwise 7 is undefined and r;; = o by definition (Isidori, 1995; Henson and Seborg,
1991a). The relative order matrix (Daoutidis and Kravaris, 1992b) for the MIMO

nonlinear system in Equation (2.1) is,

LTI (PR (P
M, = "'?1 rz:z r?.:m (2.6)
K, ., < F

ml ml mm

and the relative order of the i output y; is defined as the smallest entry of the i row

of the relative order mairix (Henson and Seborg, 1991a),

= min{k: L, 15k (x) = o} 27
1<j<m 1<i<m

The total relative order r of the MIMO nonlinear system is the sum of the relative

order of each output,

(2.8)

~

!
s
iy |
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The MIMO nonlinear system in Equation (2.1) is said to be output controllable if the
total relative order is not larger than the total number of states » of the nonlinear

system (Henson and Seborg, 1991a; Kravans and Soroush, 1990).

The relative order matrix in Equation (2.6) is an important notion for MIMO
nonlinear processes since it indicates the overall picture of the level of coupling
among the manipulated input and output variables (Daoutidis and Kravaris, 1992b).
It can be seen in Section 2.2.2 that the relative order matrix is used to determine
whether static or dynamic compensator is required for /O linearizing and decoupling
control of MIMO nonlinear processes. Extension of the relative order matrix and its

importance to discrete-time nonlinear processes is given by Soroush (1996).

2.2.2. LINEARIZABILITY AND DECOUPLABILITY OF MIMO NONLINEAR
PROCESSES

If r; is the relative order of output y;, then the output can be differentiated r; times to

recover at least one of the control/manipulated inputs,
Y = L;'h,.(x)+ZngL?‘lh,(x)uj (2.9)
7=!

the above procedure can be repeated for the m outputs to yield,

YW T Lim(x)
() 2
v | h:z(x) L Cx)u (2.10)

W | L, (x)

where C(x) is the mxm characteristic matrix of the MIMO nonlinear system and 1s
given as (Kravaris and Soroush, 1990; Henson and Seborg, 1991a; Daoutidis and
Kravaris, 1994),

LLm(x) L L7'A(x) - L L7 A(x)

C(X)= LBIL;’Z:lhz(X) LzzL?:]hz(x) Lg.L?:lhz(x) (211)

L L7 (%) Lo Le7hyfx) - L, 177, (x)
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Singulanity of the characteristic matrix can occur in two forms. One is state-
dependent and the other is structurally dependent. To distinguish the two,
definitions of the notions of structural matrix and generic rank are given (Daoutidis

and Kravans, 1992b).

Definition 2.1: A structural matrix is a matrix having fixed zeros in certain
locations and arbitrary entries in the remaining locations. For a given matrix, its
equivalent structural matrix is the one which has zeros and arbitrary entries in
exactly the same locations as the zeros and the nonzero entries of the original

matrix,

Definition 2.2: The generic rank of a structural matrix is the maximal rank that

the matrix achieves as a function of its arbitrary nonzero elements.

Characteristic matrix is structurally singular if there is/are nonzero column(s) in its
equivalent structural matrix, indicating that the gemeric rank is less than m. In
physical term, structural singularity of characteristic matrix arises when one is
unable to identify for each output, a distinct input that affects this output at least as
directly as the other inputs. A MIMO noulinear process is said to be structurally
non-singular if and only if the output variables can be rearranged such that the
smallest relative order in each row of the relative order matrix in Equation (2.6)

appears in the major diagonal positions, ie (Daoutidis and Kumar, 1994).

" hy Fim
r r e R
21 2 2
Mr = - . - .m (2. 12)
rml rmZ rm

The condition of Equation (2.12) ensures that nonlinear static state feedback control
laws suffice to induce a sub-system of desired I/O linear and decoupled behaviour of
MIMO nonlinear processes (Daoutidis and Kumar, 1994). In case the characteristic

matrix 1s structurally singular, nonlinear dynamic state feedback is required. It



Differential Geometric Technique for Nonlinear Process
Control

invertibility of the decoupling matrix, hence the existence of state feedback

transformation for I/O linearization and decoupling of MIMO nonlinear processes.

2.3. /O LINEARIZATION OF MIMO NONLINEAR PROCESSES

Before this sub-section proceeds further, the following assumptions are invoked
temporarily for discussions on the analysis of I/O linearization of MIMO nonlinear

process that follow.

Assumption 2.3: The nonlinear model M is the perfect description of the

nonlinear plant P.

Assumption 2.4: All required states for feedback linearization are available and
the nonlinear plant does not experience external, either measured or unmeasured,

disturbances.

Assumption 2.3 implies that the conditions x=x, and y, =y, ,i=1--,m apply. It

should be noted that, although Assumption 2.4 is not commonly stated explicitly, it is

implicitly used for the analysis of nominal closed-loop system after /O linearization.

By assuming the characteristic matrix is globally invertible, the objective of /O
linearization and decoupling of MIMO nonlinear process is to determine state

feedback control laws of the form,
u=¥(x,v) (2.13)

to induce exact IO linear and decoupled behaviour between the process outputs y
and a set of external inputs v. For example, the feedback-linearized dynamics have

the form (Kravaris and Soroush, 1990),
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u="Y{x,v) (2.13)

to induce exact /O linear and decoupled behaviour between the process outputs y

and a set of external inputs v. For example, the feedback-linearized dynamics have

the form (Kravaris and Soroush, 1990),

L dky
;ﬁm 7}(1 =V
oo dk
DIl (2.14)
. d.k)/,,,
=V
;ﬁmk dfk n

Linear control theory is then applied to the system in Equation (2.14) to achieve
desired asymptotical tracking of the process outputs to their desired values in the

presence of external disturbances. The schematic for [/O linearization based

nonlinear control system design is shown in Figure 2.1.

Multivanable ¥, | Siate Feedback | U Nonlnear X OCurput >
Ld

i
]
]
i
Linear Control 1| Control Laws Process Map
]
'

________________________________________________________

Figure 2.1: Schematic of /O linearization of nonlinear processes.

For a given MIMO nonlinear process with the total number of state variables greater
than the number of outputs (ie. n > m), there exists (n-r)-dimensional nonlinear sub-

system that is not controllable from the outputs after 'O linearization.
Assumption 2.5: The nonlinear plant P for M) is minimum-phase.

Assumption 2.5 implies that P (or M) has stable inverse (Daoutidis and Kravaris,
1991). This is to ensure that the evolution of the (n-r)-dimensional nonlinear sub-

system that is a result of /O linearization and decoupling is internally stable.
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2.4. NONLINEAR CONTROL SYSTEM DESIGNS BY VO
LINEARIZATION

Reviews of the literature on nonlinear control system designs based on [O
linearization technique are given in the following sub-sections. Since LO
linearization technique is restricted to a specific class of nonlinear systems (see

Section 2.2), unless otherwise stated, the following conditions apply:

1. /O linearizable (ic. each output possesses a finite relative order and r < n)

2. /O decoupable (ie. the characteristic matrix is globally invertible and the relative

order matrix has the smallest relative orders in its major diagonal positions)
3. Stable inverse (ie. the nonlinear system is minimum-phase)
4, Required states are available for feedback
5. Either open-loop stable or unstable
6. Control-affine

7. Time-invariant

According to condition 2, nonlinear static state feedback control laws suffice in
linearizing and decoupling the MIMO nonlinear process. Dynamic state feedback
compensations for nonlinear processes are available in the literature (eg. Daoutidis
and Kravaris, 1992a; Daoutidis and Kravaris, 1994; Daoutidis and Kumar, 1994).
Condition 3 implies that the feedback-linearized process is internally stable. /'O
linearization of nontinear process with unstable inverse (ie. nonlinear process 18
nonminimum-phase) can be found in the open literature (eg. Wright and Kravaris,
1992 Kravaris ef al., 1994; Wu, 1999a; Wu, 1999b; Wu, 1999d). The condition in 4
ensures that on-line simulation of nonlinear model is not required to implement the

nonlinear static state feedback control laws. As a result, condition 5 applies.

it can be seen later in Section 2.6 that internal model control (IMC)-based
implementation of differential geometric nonlinear control technique is restricted to
open-loop stable nonlinear process due to the use of the nonlinear process model for

on-line simulation of the states and outputs. This leads to condition 4 for full state
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feedback implementation is not required. In situations where state variables are not
directly available for implementation of the differential geometric nonlinear
controller, state estimation is required and will be discussed in Section 2.5. The
condition in 6 implies that the nonlinear process is linear with respect to the control
inputs for 'O linearization. L/O lincarization of general nonlinear processes can be
found in Henson and Seborg (1990). Condition 7 implies that the parameters of the
nonlinear process do not vary with time. Palanki and Kravaris (1997) extended the
nonlinear control system design using 1/O linearization to time-varying nonlinear

Process.

2.4.1. LINEARIZING NONLINEAR CONTROL STRATEGIES

GLC structure (Kravaris and Chung, 1987) combines I/O linearization technique and
the well-known proportional-integral (PI) algorithm for nonlinear control of single-
input single-output (SISO) nonlinear process. In GLC structure, a nonlinear static
state feedback control law is designed, and a PI controller is used for the linear sub-
system of the feedback-linearized process to achieve offset free servo and regulatory
control on the output. Kravaris and Soroush (1990) extended the GLC structure to
MIMO nonlinear processes. In MIMO GLC structure, nonlinear static state feedback
control laws that achieve I/O linearization and desired level of decoupling are
designed and multi-loop P1 controliers are applied to the linear and decoupled sub-
system of the feedback-linearized process. The MIMO GLC of nonlinear process
with singular characteristic matrix was also proposed. The MIMO GLC structure
will be treated in greater details in Chapter 3.

Gain-scheduling trajectory control (GSTC) (Klatt and Engell, 1996) combines the
concepts of I/O linearization and gain-scheduling for the control of SISO nonlinear
systems. In GSTC, a nonlinear state feedback control law 1s first designed based on
I/O linearization, and then a gain-scheduling controller (GSC) is appended to ensure
offset free closed-loop control performance. Unlike the standard gain-scheduling
approach, where the controller is designed based on the steady state operating points
of the process, the GSC in GSTC is obtained by local linearization of the nonlinear
process model around the nominal trajectories that are specified by the nonlinear

state feedback control law. GSTC that combine I/S linearization and GSC (Klatt and
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Engell, 1998) is used for nonlinear control of nonminimum-phase nonlinear process.
Because on-line simulation of the nonlinear process model is required for the

implementation of GSTC, it is restricted to open-loop stable nonlinear processes.

2.4.2. NONLINEAR CONTROL WITH MEASURABLE DISTURBANCE COMPENSATION

Measurable disturbance compensation involves the rejection of measured
disturbance prior to it affecting the plant. In nonlinear control context, this implies
the elimination of the measurable disturbances in the /O or I/S sense. The problem
of transforming SISO nonlinear processes with measurable input disturbances to
their linear equivalent was first investigated by Calvet and Arkun (1988b). In their
approach, the measured disturbances are eliminated in the I/S sense by I/S coordinate
transformations through nonlinear feedforward and state feedback. Implementation
of the feedforward/feedback transformation for solving process control problem was
given by Calvet and Arkun (1988a). In their implementation approach, IMC is

applied on top of the feedforward/feedback transformed nonlinear process.

Daoutidis and Kravaris (1989) extended the state feedback controller of Kravaris and
Chung (1987) to synthesising feedforward/state feedback controller for SISO
nonlinear process with measurable disturbances. The feedforward/state feedback
controller is first designed to make the output independent of the disturbance and
linearly dependent on an external input. A PI controller is then designed for the
linear sub-system of the feedback-linearized nonlinear process to ensure offset free
control performance on the output in the presence of plant/model mismatch and/or
unmeasured disturbances. Daoutidis ef al. (1990) provided the extension of the
feedforward/state feedback control structure to MIMO nonlinear processes. The
feedforward/state feedback control strategies assume that the measurable
disturbances affect the outputs less directly than, or equally to, the manipulated
inputs (ie. 7, <r k=1---,d,i=1---,m, where 7, is the relative order of the output
with respect to the measurable disturbance and d is the number of measurable
disturbances). For situations where the measurable disturbances affect the outputs
more directly than the inputs, dynamic feedforward/state feedback control is required
(Daoutidis and Kravaris, 1993; Daoutidis and Christofides, 1995).
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2.4.3. TIME DELAY COMPENSATION STRATEGIES

Virtually all processes have time delays. These time delays arise from either delays
in the transportation of materials within the processes or delays in the measurements
of the process variables. Its presence has been known to degrade the closed-loop

performance of nonlinear control systems.

Kravaris and Wright (1989) provided the general extension of Smith predictor dead
time compensation technique to open loop stable, SISO nonlinear processes. The
nonlinear control with dead time compensation is designed within the framework of
GLC. The nonlinear model is used as a Smith-like predictor for open-loop
simulation of states with and without dead time that are augmented with the actual
states for feedback to the state feedback control law. The essence of the strategy is
to make a nonlinear system with dead time behave like a linear system with dead
time. External linear controller with dead time compensation capability is then
applied to eliminate the dead time in an IO sense. Chou and Tsai (1998) also
investigated Smith-like predictor nonlinear control design for dead-time

compensation.

Henson and Seborg (1994b) proposed a time delay compensation strategy for SISO
nonlinear processes. Similar to the time delay compensation method proposed by
Kravaris and Wright (1989), the proposed method is based on GLC design with the
nonlinear process model used to estimate the state variables at one-time-delay-ahead.
These one-time-delay-ahead state estimates are then used for feedback to the /O
linearizing controller. However, the proposed method is an improved version of
Kravaris and Wright (1989) in that the predictor does not yield biased state
estimates. Furthermore, the proposed method is not restricted to open-loop stable
process and a tuning parameter is impended into the predictor design to account for
plant/model mismatch. It was shown, through theoretical analysis of the closed-loop
transfer function (CLTF), the proposed method removes the time delay from the

closed-loop characteristic equation.
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2.4.4. CONSTRAINED NONLINEAR CONTROL

I/O linearization based nonlinear control in the presence of actuator constraints will
result in loss of control performance when compared to situations without input
constraints. Nonlinear anti-windup scheme is referred to as the design of nonlinear
control system that minimizes the performance loss associated with input constraints.
Since real physical processes are input constrained, it is a research area of great
importance to practical nonlinear control system design. Several constrained
nonlinear control approaches have been reported in the literature (eg. Kapoor and
Daoutidis, 1997; Kapoor and Daoutidis, 1999). Design of nonlinear controllers for
constrained nonlinear processes with time delays have also been reported (Vallun
and Soroush, 1998; Valluri er al, 1998). Two constrained nonlinear control
strategies are detailed in this section. These approaches have one thing in common,
that is, the constraints of the actual inputs are first transformed to constraints of the
feedback-linearized sub-system and the constrained control problem is then solved in

the external input-output sense.

/O linearizing model predictive control (IOL-MPC) (Kurtz and Henson, 1997)
combines the /O linearizing control (IOLC) and linear model predictive control
(LMPC) for SISO nonlinear processes with input and output constraints. In the IOL-
MPC design, an IOLC law is first designed assuming the non-existent of input
constraints. Secondly, the inverse of the IOLC law and the current state variables are
used to transform the constraints on the actual input space (ie. u) to the external
input space (ie. v) at each sampling time. This transformation yields time-varying
external input constraints for the feedback-linearized system. LMPC i1s then
designed to optimally control the feedback-linearized system without violation of the
external input constraints. The constraint transformation approach guaranteed the

non-violation of the actual input constraints if the external input is saturated.

Kendi and Doyle (1997) proposed an anti-windup scheme for nonlinear control of
MIMO nonlinear processes with input constraints. In their design, IOLC laws are
first synthesized for the nonlinear plant. An algorithm is then used, by utilizing the

inverse IOLC law, to transform the input constraints of the actual nonlinear plant to
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the constraints on the external inputs (ic. inputs of the feedback-linearized sub-
system) at each sampling instant. The constraint transformation algorithm also
preserves the direction of the original input vector (ie. the unconstrained external
input vector) when the constraints are violated. An IMC-based anti-windup scheme
(Zheng et al., 1994) is designed to minimize the performance loss when the

calculated external input constraints are active.

2.4.5. ROBUST NONLINEAR CONTROL STRATEGIES

It has been mentioned in Section 2.2 that virtually all real physical processes are
uncertain. Mathematical models that are used for nonlinear control design can never
perfectly describe these real physical processes. As such nominal control
performance that is proven for the case of no plant/model mismatch is degraded, and
to some extent, the closed-loop system might become unstable. Robust nonlinear
control design is referred to as the design of nonlinear control systems that enhance
the closed-loop control performance in the presence of uncertainties and/or
unmeasured disturbances. In other words, the performance of such nonlinear control

systems is insensitive to plant/model mismatch and/or unmeasured disturbances.

Krothapally e al. (1998) extended the idea of combining sliding mode control
(SMC) and feedback linearization technique for input-state linearizable nonlinear
system (Slotine, 1984) to VO linearizable nonlinear system with parametric
uncertainty. To ef al. (1998a) proposed an uncertainty vector adjustment method for
model error compensation to robustify /O linearization based nonlinear control.
Alvarez-Ramirez ef al. (1997) proposed robust nonlinear control by dynamic
feedback that is composed of linearizing-like feedback and an uncertainty estimator.
Sampath ef al. (1998) proposed robust control methodology for a batch reactor based
on the framework of differential geometric methods and structural singular value
techniques. Wang ef al. (1997) proposed robust nonlinear control design procedure
that combines feedback linearization technique and quadratic stabilization through
linear feedback. Solutions to robust control of uncertain nonlinear systems that do
not satisfy the matching conditions have been reported in the open literature (eg.
Slotine and Hedrick, 1993; Wu and Chou, 19952; Wu and Chou, 1995b; Dainson and
Lewin, 1998; Hashimoto er al., 1999)
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Geometric nonlinear control with adaptive capabilities for nonlinear control system
designs with enhanced robustness in the presence of plant/model mismatch and/or
unmeasured disturbances have also been proposed. Kabuli and Kosut (1992)
presented adaptive feedback linearization technique for SISO nonlinear processes
where by the parameters of the feedback linearizing control laws are adapted based
on the error between actual and model outputs. Other authors have also
demonstrated the advantages of IO linearizing control with on-line parameter
estimation for performance enhancement (eg. Henson and Seborg, 1994a; Wang ef

al., 1994; Wang et al., 1995; Henson and Seborg, 1997).

2.5. STATE AND PARAMETER ESTIMATION IN NONLINEAR
CONTROL

Implementation of the above mentioned differential geometric nonlinear controller
requires that all states of the nonlinear process be available on-line for the state
feedback control laws. In real plant situation, not all states of a process are available
on-line due to one reason or another. Furthermore, since nonlinear controlier or state
estimator is designed on the basis of the mathematical model of a real process,
parameter estimator, for a set of unknown model parameters, is required to provide
good control and estimation in the presence of unmeasured disturbances and
plant/model mismatch. The inclusion of the set of unknown model parameters and
the estimator provides adaptive capability 1o the nonlinearrcont_roller_and the state
estimator. Various approaches for state and/or parameter estimations can be found
in the open literature (eg. Kosanovich er al., 1995; Tatiraju and Soroush, 1997,
Kazantzis and Kravaris, 1998; Kurtz and Henson, 1998b; Soroush, 1998; Kapoor and
Daoutidis, 1999).

Open-loop state observers employing, either full-order or reduced-order, of the
nonlinear model for on-line simulation of the state variables have found many
applications in differential geometric nonlinear control (eg. Daoutidis and Kravaris,
1992a; Daoutidis and Kravaris, 1994; Daoutidis and Kumar, 1994, Daoutidis and
Christofides, 1995; Soroush and Valluri, 1998). Experimental implementations of
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geometric nonlinear control with reduced-order observer have also been reported
(eg. Soroush and Kravans, 1992, 1993 and 1994a). One shortcoming of the state
estimation approach is that the rate of the decay of the observer error is not
adjustable.  Reduced-order observer with adjustable rate of observer error
convergence has been proposed to overcome this disadvantage (eg Garcia and
Dattellis, 1993; Soroush, 1997). The main advantage of the open-loop state observer
is its ease of use and implementation. Application of such state estimation technique

will be explored for the multiple stage evaporator system in this thests.

Tatiraju and Soroush (1998) proposed a nonlinear parameter estimation scheme with
adjustable rate for asymptotical tracking of the model outputs to the actual output.
In the proposed scheme, the nonlinecar model is inverted directly to obtain the
parameter estimation laws that guarantee specified closed-loop tracking dynamics of
the model outputs to the actual outputs. The estimation laws also inherently include
low pass filters with tuning parameters that are adjusted depending on the level of
noise in the actual output measurements. It was shown that the model inversion-
based parameter estimation approach outperforms the parameter estimation through
state estimation approach.  Also, it was shown easy to implement and
computationally efficient. The basic concept of model inversion-based parameter
estimation approach for enhancing control of the multiple stage evaporator system

will be investigated in this thesis.

2.6. IMC-BASED GEOMETRIC NONLINEAR CONTROL

IMC (Morari and Zafiriou, 1989) is regarded as the principal methodology for robust
analysis and synthesis. It provides a unified approach for the analysis and synthesis
of control system performance, especially robust properties. There have been
significant efforts in extending the IMC to nonlinear processes, but none of them
provide the satisfactory extension of IMC (Henson and Seborg, 1991b). General
extension of IMC to nonlinear IMC (NIMC) was provided by Henson and Seborg
(1991b) for open-loop stable SISO nonlinear processes. In the NIMC design, the
controller is designed as the right inverse of the nonlinear model using the method of

Hirschorn (Hirschorn, 1979; Kravaris and Kantor, 1990) and a nonlinear filter is
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appended to ensure robustness against plant/model mismatch and/or unmeasured
disturbances. The NIMC can be interpreted as the combination of /O linearizing
controller and a full order observer that is equivalent to nonlinear output regulatory
control structure. It was shown that the NIMC provides the same closed-loop

stability, perfect control and zero offset properties as IMC for linear systems.

Hu and Rangaiah (1999a) proposed adaptive NIMC (AdIMC) for SISO nonlinear
processes. In their approach, simple update law is used for unknown parameter
adaptation. Simulation examples showed that the proposed AdIMC outperforms the
NIMC against the model, either parametric or structural, uncertaintics and/or

unmeasured disturbances.

2.7. GEOMETRIC NONLINEAR CONTROL IN DISCRETE-TIME

The above mentioned geometric nonlinear control techniques so far are based on
continuous-time nonlinear model formulation. They, however, require to be
implemented digitally in industrial control systems such as the distributed control
system (DCS). One approach to implementation is by direct discretization of the
continuous-time control laws, and they are executed in the digital control system
with very fast sampling rate. This approach has been shown through successful real-
time implementations (eg. Soroush and Kravaris, 1992; Soroush and Kravaris, 1993,
Soroush and Kravaris, 1994a; To ef al., 1998b). An altemnative approach is to
directly obtain the digital control laws from discrete-time noulinear models

(Kazantzis and Kravaris, 1999b).

Geometric nonlinear control design in discrete-time has received significant
attentions in the literature. Soroush and Kravaris (1994b) proposed a synthesis
approach for discrete-time nonlinear feedforward/feedback controllers.  The
formulation of such nonlinear controllers is within the framework of GLC. Soroush
(1996) extended the structural analysis of MIMO nonlinear process to discrete-time
nonlinear models. It was shown that the relative order matrix in the continuous-time
can be interpreted as the relative delays matrix for the input and output vanables in

discrete-time.  Soroush and Kravaris (1996) extended the continuous-time
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framework of GLC to discrete-time state-space synthesis framework for MIMO
nonlinear processes. Formulation of discrete-time, dynamic 1/O linearizing feedback
control laws has been proposed by Soroush and Valluri (1998) for nonlinear

processes with generically singular, or non-singular, characteristic mairix.

The formulation of IOL-MPC for continuous-time nonlinear processes with input
constraints was extended to discrete-time by Kurtz and Henson (1998a). Grantz et
al. (1998) proposed the synthesis of discrete-time nonlinear controllers for
constrained nonlinear processes with or without complete state measurements. The
discrete-time nonlinear controllers guarantee 1/O linearizing in the absence of active
constraints and provide model-predictive control in the sense that they are solutions

to solving constrained optimization problem.

2.8. CONCLUSIONS

An overview of differential geometric concept for nonlinear control system designs
has been given. Significant attentions have been given to /O linearization based
strategies to solve control problems of nonlinear processes with characteristics such
as minimum-phase or nonminimum-phase, time-varying or time-invariant process
parameters, ill-conditioned MIMO, dominant time delays, input constraints,
measurable disturbances and plant uncertainties. For the proposed IO linearization
based nonlinear control techniques, nonlinear state feedback control laws are
designed to make the VO of the closed-loop systems linear, and linear control

theories can be applied to achieve global properties for the process outputs.

For nonlinear processes with dominant time delays, nonlinear Smith-like predictors
have been proposed. Input constrained nonlinear control problems are solved in the
/O sense, where by the original constrained nonlinear control problems are
transformed into constrained linear control problems. The well-established linear
control techniques with input constraints handling capabilities are then applied to
solve the constrained linear control problems. Feedforward/feedback linearization
technique is employed to synthesis nonlinear feedforward/state feedback control

laws that make a sub-system of the original nonlinear processes LO linear and
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independent of the disturbances. Nonlinear controls with adaptive capabilities have
been widely used for enhancing the control performance of O linearization based
nonlinear control techniques. In such control techniques, on-line parameter

estimations are used to update the unknown model and controller parameters.

The importance and methods of state and parameter estimations for real-time
implementation with incomplete on-line state information and for adaptive nonlinear
control, respectively, for the geometric nonlinear control techniques are noted A
state estimation technique employing reduced-order nonlinear model for on-line
unmeasured state estimation for the on-site implementation of geometric nonlinear
control techniques at the alumina refinery has been identified. It was selected due to
the simplicity of the estimation algorithm and its implementation. Also, the
parameter estimator design using the inverse of the process model has been
identified for enhancing the robustness of the geometric nonlinear contro! techniques
for the evaporator system at the alumina refinery. Its selection was based on its
simplicity in design and its inherent advantage for parameter adaptation with noisy

measurements.

Geometric nonlinear control system designs in discrete-time for nonlinear processes
are noted. These discrete-time geometric nonlinear controllers are synthesised on
the basis of discrete-time nonlinear process models that can be readily implemented

in industrial computer control systems.
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Maple Package for Nonlinear Control System Design,
Analyses and Simulation

3.1. INTRODUCTION

Symbolic computation, or computer algebra system, has found numerous
applications in the control engineering community for carrying out standard
mathematical operations in symbolic, or mixed numerical and symbolic, forms.
Advantages of using symbolic computing system for performing the mathematical
manipulation have been widely reported in the open literature (Barker er af., 1993,
Christensen, 1994; Ogunye, 1996; Munro, 1997). These include the manipulations
of mathematical operations in a more direct and reliable manner, and exact results
can be more readily obtained without the use of numerical approximation.
Consequently, the control engineers are able to obtain solutions for system analysis

and design with greater accuracy.

Numerous numbers of applications of computer algebra systems on linear and
nonlinear control system analyses and designs have been reported in the open-
lterature.  Besancon and Bornard (1995) developed a symbolic package that
transforms the nonlinear mode! into a time varying linear model by local
diffeomorphism such that it can be used as the observer for the nonlinear systems.
de Jager (1995) presented a symbolic package NONLINCON with MAPLE as the
computing environment. The symbolic analyses that are performed by NONLINCON
package include computation of the normal form and zero dynamics of nonlinear
systems represented by state-space models. It also performs I/O and state-space
exact linearization. Akhrif and Blankenship (1990) described a symbolic package
CONDENS that employs differential geometric tools for the analysis and design of
nonlinear control systems. Examples and case studies using CONDENS for problem
solving in nonlinear control systems are given. Rodriguez-Millan and Serrano
(1996) developed a symbolic computing tool for the automatic design of linear and
nonlinear state observers for n™ order nonlinear dynamical control systems based on
extended linearization method.  Rodrigues-Millan et al (1997) discussed
NLFeedback and NLFeedback 2.0 for the automatic design of extended nonlinear
state feedback controllers and Luenberger observers for n® order nonlinear control
systems. Vibet (1995) presented a symbolic tool based on FORM, a symbolic math
code, for the automatic generation of nonlinear control laws that lead to decoupling

and exact linearization by feedback. These are just some of the examples on the
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applications of symbolic computing system to control engineering in the open

literature.

MAPLE, a computer algebra package, has found numerous applications for solving
problems in linear and nonlinear control systems (eg. van Essen and de Jager, 1993;
de Jager, 1996a; de Jager, 1996b; Ogunye, 1996; To et al., 1996, Kam et al., 1998b).
In this chapter, MAPLE procedures for the analyses, designs and simulations of a
class of nonlinear control systems are presented. In Section 3.2, the procedures for
the analyses, designs and simulations of nonlinear control systems are described.
Discussions on the MAPLE procedures are given in Section 3.3. Examples are also
given to demonstrate the use of the procedures. Concluding remarks on the use of
MAPLE as the symbolic computing environment for the analyses, designs and

simulations of nonlinear control systems are given in Section 3.4.

3.2, MaprLE PROCEDURES

The nicontsys package, with MAPLE as the computing platform, is developed for the
analyses, designs and simulations of nonlinear control systems. The package
consists of six main procedures: one for differential geometric analyses, one for
design of nonlinear state feedback control law and four for closed-loop simulations
of nonlinear control systems. These procedures are summarised in Table 3.1. Note
that all outputs are defined globally such that the users can perform further analyses
on the results on MAPLE worksheet. The variables used in the MAPLE procedures are
defined in Appendix A. In the following sub-sections, the main features of the
procedures are noted. Detail program structures and codes can be found in Kam and
Tadé (1997b).
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Table 3.1: Summary of MAPLE Procedures

Procedures Description Input Arguments Global Outputs
rorder Computes the relative dx, xvar, uvar, yvar, RO, TRO,
order matrix and unobvar, obvar, xs, nx C(x), C(x0),
characteristic matrix obseqn(x)
io Computes the nonlinear dx, xvar, uvar, yvar, sfl(x), bte(x)
state feedback control unobvar, obvar, xs, nx
law and back

transformation equation

mimoglcloop  Performs closed-loop
simulation of MIMO
GLC structure

ioimcloop Performs closed-loop
simulation of [OIMC

structure

adioimcloop  Performs closed-loop
simulation of AdIOIMC
structure

auioimcioop  Performs closed-loop
sitnulation of AulOIMC

structure

dx, xvar, uvar, yvar,
unobvar, obvar, xs, ys,
us, UL, LL, K¢, Ki, ti,
ts, kmax, pout, sfl, bte,
obseqn

dx, xvar, uvar, yvar,
unobvar, obvar, xs, ys,
us, UL, LL, ts, kmax,
pout, sfl, bte, obseqn,
te

dx, xvar, uvar, yvar,
unobvar, ebvar, xs, ys,
us, UL, LL, ts, kmax,
pout, sfl, bte, obseqn,
te, tf

dx, xvar, uvar, yvar,
unobvar, obvar, xs, ys,
us, UL, LL, ts, kmax,
pout, sfl, bte, obseqn,

tc, gain

yplot, xplot,
uplot, vplot,
unobvarplot,
ITAE

yplot, xplot,
uplot, vplot,
unobvarplot,
ymplot, ITAE

yplot, xplot,
uplot, vplot,
unobvarplot,
ymplot, ITAE,
aplot

yplot, xplot,
aplot, vplot,
unobvarplot,
ymplot, ITAE

3.2.1. PROCEDURE rorder

Procedure rorder is designed to perform the analysis of nonlinear control systems

using differential geometric tools. It computes the relative order matrix (Daoutidis
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and Kravaris, 1992b; Daoutidis and Kumar, 1994, Soroush, 1996) and the
characteristic matrix (Kravaris and Soroush, 1990; Henson and Seborg, 1991a) of

dynamical systems whose states are represented by nonlinear differential equations,

X =f(x)+ig,(x)1, 3.1)

=l

Y =hi(x)> P=1--m

All the terms in Equation (3.1) were defined in Chapter 2. The procedure rorder
extends the capability of the procedure by Kam and Tadé (1998) to the differential
geometric analysis of nonlinear control systems with or without complete on-line
state measurements. The procedure is limited to square (ie. same number of inputs
and outputs) nonlinear systems represented by nonlinear differential equations that
are linear in the control inputs #’s. It does not require the nonlinear system in
Equation (3.1) to have well-defined relative order or with non-singular characteristic
matrix. From the outputs of rorder, the user is able to determine whether the
nonlinear system in Equation (3.1} is output controllable or whether the dynamical

system is generically singular.

The inputs to rorder are arrays of the state equations of the nonlinear model M (dx),
the state variables (xvar), the imitial values of the state variables (xs), the input
variables (uvar), the output variables (yvar), the unmeasured state variables
{unobvar) and the secondary variables (obvar) (Soroush and Kravans, 1993). The
outputs are the relative order matrix (RO), total relative order (TRO), characteristic
matrices C(x) and C(x0). The array nx is the nx1-dimensional transformed state
vector whose first (n-s-m) elements are the unmeasured state variables (Soroush and
Kravaris, 1993). The structure for rorder is given in Figure 3.1. In procedure
rorder, procedure sform is called to transform the nonlinear differential equations
into standard state-space form (Slotine and Li, 1991) and compute the reduced-order
observer (obseqn) using the methodology of Soroush and Kravans (1993). The
vector obseqn is defined globally so that it can be retrieved for implementation in
real-time control systems. The procedure /ie performs the standard Lie derivative
(Slotine and Li, 1991; Isidori, 1995) of the output with respect to a vector field (refer
to Chapter 2 for definition of Lie derivative). In addition to the global outputs,

procedure rorder also computes the rank and condition number of the characteristic
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matrix at the initial condition xo. This allows the users to determine whether

decoupling control is desirable using the nonlinear model in Equation (3.1).

thx, xvar, yvar, uvar,
unobwar, obwvar, nx

no. of states, »
neo. of outputs, »

y

Determme the vector
f(x) and matrx G{x).
Determme the reduced-
order observer obsegn

‘

—p Foroutputi=1tom

v

[=~————% For mputj=lto m

Compute Lie denivative of output

M— Procedure sform

map #; (x) with respect to the Procedure lie
vectors (3 and g(x)

Not defmed at xo
=>r=infinity

Non-zero at mitial state, xp?

*ch

Relative order, RO[LjFT
1

v

Determine relative order
foreach row of RO

:

Find the characteristic matrix C(x)
and C(x)

Find the total relative order TRO,
relative order matrix RO

Figure 3.1: Program structure for procedure rorder.
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3.2.2. PROCEDUREio

Procedure o is designed to compute the nonlinear static state feedback control laws
and back-transformation equations. Back-transformation equations are the equations
used to back calculate the manipulated inputs to the externa/ inputs during
initialisation of nonlinear controllers. The design procedure is limited to nonlinear
systems with well-defined relative order and non-singular characteristic matrix. In
addition, it 1s also assumed that the nonlinear model M in Equation (3.1) is minimum-
phase. The inputs to io are the same as the inputs to rorder (refer to Table 3.1). The
outputs of io are the vectors of static state feedback control laws (sfl) and the back
transformation equations (bte). The structure of procedure /o 1s given in Figure 3.2.
The static state feedback control law and the back-transformation equations are sets
of nonlinear algebraic equations that can be readily implemented in digital computer
control systems. Design methodology for the static state feedback control law and

back-transformation equations are detailed in Chapter 5.

Procedure io calls procedure rorder to compute the relative order matrix and the
characteristic matrix such that the process of differential geometric analyses and
design of nonlinear control systems is integrated. This means that the users are not
required to know the system properties (ie. the users are only required to know the
differential equations of the systems, the states, outputs and inputs). Note that the
logical test “Is the characteristic matrix non-singular” in Figure 3.2 examines the
invertibility condition of the characteristic matrix at the nominal conditions of the
state variables (ie. local invertibility test). Once the test is passed, global invertibility
of the characteristic matrix is assumed. The matrices A(x) and B(x) that are

computed by /o are defined in Chapter 5.



Maple Package for Nonlinear Control System Design,

Analyses and Simulation

dx. xvar, yvar, uvar,
unolvar, obvar, nx
X8 l

no. of states, n
no. of outputs, m

v

Determnine the relative
order matrix and

Procedure rorder

characteristic matrix

Is the total
relative order,
< infinity?

Total relative order not defined
=> 0 Ime¢arization not applicable

Is the charac-
teristic matrixnon-

Characteristic matnxis singular =>
i0 lineariang control not applicable

smgular?

Construct matnices

Procedure lie

A(x}and B(x)

I

Obtain back tranformation equations

vector, hte
Obtam state feedback control law
vector, sfl

Figure 3.2: Program structure for procedure io.

systems. They are summarised in Table 3.2.
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3.2.3. PROCEDURES FOR NONLINEAR CONTROL CLOSED-LOOP SIMULATION

Four procedures are developed for the closed-loop simulation of nonfinear control
Detail descriptions of the procedures
are provided in Chapters 5, 7 and 8. The structures of the procedures are given in

Figures 3.3 and 3.4, All terms in the figures are defined in Appendix A.
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Table 3.2: Summary of procedures for nonlinear control simulation.

Procedure Description

mimoglcloop  Performs closed-loop simulation of MIMO GLC
ioimcloop  Performs closed-loop simulation of IOIMC
adioimcloop  Performs closed-loop simulation of AdIOIMC

auioimcloop  Performs closed-loop simulation of AulOIMC

The inputs to the procedures are the vector of differential equations representing the
nonlinear plant # (dx), the vectors of the states (xvar), the controlled outputs (yvar),
the secondary outputs (obvar), the manipulated inputs (uvar) and the unmeasured
state vanables (unobvar). Additionally, both procedures also require other input
arguments that are defined in Appendix A. The outputs of the procedures are the
closed-loop responses of the nonlinear control systems that can be plotted on MAPLE
worksheet by using the print or display commands. In addition, the procedures also
keep the simulation data globally that can be saved into text files using the MAPLE
command writedata. This allows the transfer of simulation data for further analyses
if necessary. The integral of time weighted absolute error (ITAE) of the controlled
outputs over the simulation time are computed by the procedures (ie. vector ITAE in
Table 3.1). Each procedure is divided into three sections, namely: 1) initialisation of
the nonlinear controller, 2) execution of the nonlinear controller and 3) simulation of

the nonlinear plant P.

The procedure structure of joimcloop in Figure 3.4 is similar to the procedure
structures of adioimcloop and auioimcioop except for the calling of the procedure for
execution of the nonlinear controller. In adioimcloop the procedure adioime is called
to calculate the manipulated input vector u0, while procedure auioimc is called to

calculate the vector ul in auioimcloop.
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dx, ovar.yvar uvar.unobvar obvar,
x5.ys.us, UL LE.Kc K fi ls Jomax,

pout,sfl,bte obsegn

Initialisation of
nonlinear controller

Initialise vectors y), obvar0, ul

I

Inttialise reduced-order observer,
i¢_initialise the vector unebvarQd

h 4
Emtialise PI controllers,
ie. initialise the vector vi

Calculate the manpulated mput,
ie. calculate the vector ud

Calculate the next states,
ie. calculate the vector x@

:

Nonlinear plant

Map the states to the controlled
and secondary oUtpuLs, ie.
determine the vectors y0, obvar(

uplotyplot,vplot,xplot,
unotvarplot, ITAE

Figure 3.3: Program structure of procedure mimogicloop.
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‘%, Xvar yvar, inar,unolwvar obnar,
x5.ys us UL, LL s kreax,
pout,sfl bte obseqgn. tc

Initialise vectors ¥0, olnard, uld

v

Initialise reduced-order observer,
o ie. nitialise the vector unobvar®
Initialisation of

nonlmear controller ¢

Initialise the mnternal model controller
and the nominal VO model
ie. inttialise the vectors W) and yml

Calculate the manipulated mput,
ie. calculate the vector vl M

Calculate the next states,

@ : ie. calculate the vector x

y Nonlinear plant

Map the states to the controlled
and secondary outputs, ie.
determme the veclors 0, obrarQ

uplot,yplot,vplot, xplot,
unobvarplot, ymplot, ITAE

Figure 3.4: Program structure of procedure ioimcloop.

3.2.3.1. Initialisation of Nonlinear Controller

Inttialisation of the nonlinear controllers is required for both procedures as the PI
controllers, the reduced-order observer and the open-loop observer are coded in
digital velocity forms. For the reduced-order observer (in mimogicloop, ioimcloop,
adioimcloop and auioimcloop), the Euler’s method of integration is used for solving

the differential equations to estimate the unmeasured state variables at time #,

x, (fk)z X, (‘H )+ (Dl{u(xk)’il (‘k-: l...?'i(n-:—m)(tk—l )’ Y(‘k)’)'(tk ))At, i=l---,n—s-m(3.2)
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where @; is an algebraic function for the i-th estimate of the unmeasured state
variables. The equations are obtained by procedure sform using the methodology of
Soroush and Kravaris (1993). All notations are defined in the Nomenclature section
of this thesis. When the nonlinear controller is initialised (ie. when k=1), the values

~

#(ty) - %psm(ty) are required by Equation (3.2). The initialisation of the

reduced-order observer is detailed in Chapter 7 and the MAPLE procedure is given in
Kam and Tad¢ (1997).

In mimaoglcioop, the relative change of each of the external inputs (by assuming that

the set point is constant) at time #, ie. Av,(¢, }=v,{t,)-v,{¢,,). is determined by using

the digital velocity Pl algorithm,

AKX,

e (i) i=Lwm (3.3)

v, (tk): v, (tk—l )"‘ KCi(ei (tk )—e{ (rﬁ:-—l ))+

I

When the nonlinear controller is switched on (ie. when 4=1), the value v (r,) is

required for each of the PI controllers. The initialisation values are obtained by using
the back transformation equations in vector bte forced by the initial values of the
inputs, the controlled and secondary outputs, and the initialisation values of the

reduced-order observer,
vi(tl))=¢£(u(t{))"i.l(t())"”’x"(n—xwm](to)’Y(I[])’y(tl)))’ i=l-n—5-m (3.4)

where u(t), ¥(t0) and y(fo) are the initial value vectors of the manipulated inputs, the
secondary and controlled outputs, respectively. The initial value vectors are
determined in the “initialise vectors y0, obvar0 and u0” block in Figures 3.3 and 3 .4.
Further information on the initialisation of these vectors can be found in Kam and
Tadé (1997). The algebraic function ¢ is the back transformation equation for
initialising the /-th external/ input. Detail discussions on the initialisation of the

external inputs are given in Chapters 5 and 7.
In ioimcloop (ie. Figure 3.4), the initialisation of the vector v is done similar to the

initialisation of vector v0 in mimoglcloop (ie. Figure 3.3). The vector ym0 is the

vector of the outputs simulated from the nominal /O model. Each output in ym@ at

3-12



Maple Package for Nonlinear Control System Design,
Analyses and Simulation

time #; is numerically obtained using Euler’s method of integration from each pair of

the rominal /O model,

}, (’k)zy, (tk—1)+§i-(vi(rk)_ﬁio_—}j:(!kl ))» i=L--m (3-5)

il

where all notations are defined in the Nomeneclature section of this thesis. Atk=1,

the values ¥ (z,)---. ¥ {z,) are required. These values are obtained by assuming that

the outputs are at steady state when the nonlinear controlier is initialised.

Consequently, the initialisation values for the /O model outputs are obtained as

follow,

F.(fa)=w—vfft°), i=1--,m (3.6)
ﬂ;ﬂ

3.2.3.2. Execution of Nonlinear Controller

Once the nonlinear controller is initialised, each procedure calls its own nonlinear
controller algorithm to compute the inputs to the nonlinear plant. This is illustrated
as the “Calculate the manipulated input, ie. calculate the vector u0” block in Figures
3.3 and 3.4. The procedure mimogic is called by procedure mimogicloop in Figure
3.3 to perform the PI control actions and execute the nonlinear static state feedback
control laws of MIMO GI.C structure. In the procedures ioimcloop, adicimcloop and
auioimcloop, the nonlinear controller procedure ivimc, adioimc and auioime are
called respectively. The sequential execution structures of mimoglc, ioime, adioimc
and auioime are given in Figures 3.5, 3.6, 3.7 and 3.8, respectively. Detail program
codes can be found in Kam and Tadé (1997b).

(73]
1

[

W}
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svar, yvar,y0,unobvar, unobvar,
obvar,obvarQ,uvar,ud,ts obseqn,
sfl, UL LL

:

Execute PI controllers,
1e. determine vector v}

Check external inputs

Estimate the unmeasured
state variables, ie. determine {—— Procedure estale
the vector unobvar(

:

Execute state feedback control
laws, ie. determine the vector u

Check manipulated inputs

Figure 3.5: Sequential execution structure of procedure mimoglc.
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xvar,yvar,y0 unobvar unobward,
obvar obvar{,uvar,ul,ts obsegn
sfl, UL.LL tc

Calculate the /O model outputs,
ie. determine vector ym(

:

Filter the output errors

'

Calculate the external mputs,
te. determine vector vl

Check external inputs

Fstimate the unmeasured
state variables, ie. determine M— Procedure estate

the vector unobvar0

:

Execute siate feedback control
laws, ie. determine the vector u0

Check manipulated inputs

Figure 3.6: Sequential execution structure of procedure ioimc.
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xvar,yvar,y0, unobvar,unobvar@,
obvar,obvar0 uvar,u0,ts obsegn
sfl, UL,LL,tc

Calculate the /O model outputs,
ie. determine vector ymd

v

Update the parameter vector oo

v

Filter the output errors

v

Calculate the external inputs,
ie. determine vector v

Check external inputs

Estimate the unmeasured
state variables, ie. determine f—— Procedure estate

the vector unchvar0

:

Execute state feedback control
laws, ie. determine the vector u0

Check manipulated inputs

Figure 3.7: Sequential execution structure of procedure adioimc.
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xvar, yvar,y unobvar unobvar @,
obvar obvar(,uvar,uf.ts, obsegn
sfl, ULLL tc

Cailculate the I/O model outputs,
ie. determine vector ym@

v

Calculate the augmented output errors

v

Filter the augmented output errors

v

Calculate the external inputs,
ie. determine vector vl

Check external mnputs

Estimate the unmeasured
state variables, ie. determine M——1 Procedure estate

the vector unobwar0

:

Fxecute state feedback control
laws, ie. determune the vector u0

Check manipulated mputs

Figure 3.8: Sequential execution structure of procedure auioimc.

In procedure mimogic, the velocity PI algorithms in Equation (3.3) determine the
elements of vector v0 at time £ (ie. v.{¢, },--,v,, (¢, ). For procedure ioime, the digital
filters, and the nominal 1/O models and their inverses are coded instead of the PI
controllers in Equation (3.3). Since the procedure ioimc is designed for the
simulation studies of the industrial evaporation system in this thesis, which has

relative order of one for each output, only first order digital filters, nominal 170
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models and their inverses are coded in the procedure. The digital filters to

implement are,
e.’f (Ik)=Ki’el (ti:)-'_(l—rz )eif(rk—l) (37)

where e/(¢,) is the filtered i-th output error signal at time 4 and x; is defined as

(Scborg et al., 1989),

1

kK =————, i=L--.m (3.8)
r, /Ar+1

The output error e, (z, ) is given as,

et )=y ()= )-3 )y i=Lm (3.9)

The outputs of the nominal /O model at time # are obtained from the algebraic
equations in Equation (3.5). The following discrete form of nominal 1/ model

inverse controllers are used to determine the external inputs,

v, (f;; ) = ﬂn;l(e;f (Ik);f;f (Ikil )J + ﬁmerf ([;;)- i= 1,"‘,m (3 10)

Note that the nominal /O model inverse controller in Equation (3.9) is inversely
dependent on the sampling time As. Consequently, ts (ie. the sampling time to

procedure ioimc) need to be finite.

In procedure adioimc, the model outputs at time # are obtained using the I/O model,

yl(tk)=3;i(tk—!)+%(vr (tk)- /}m&; (tk )j;i([k—l))' i=1--,m (3'11)

il

The adaptation parameter for each pair of the /O model, ie. &, , is updated at time
based on the model error 2(r,) according to the update law (see Chapter 8 for

details),

oo e e
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where 2(1,)=v,(t,)-7 (;,). The following discrete form of /O model inverse

controllers are used to determine the external inputs,

v (f,()=Bﬂ[e'f(tk)_e;f(tk_l)]-}'ﬁmé;(zk k:r(tk), i=1--.m (313)

At

In procedure awioime, each of the output errors to the nominal I/O model inverse
controller is augmented by the model error that is fed through a simple pure gain
feedback loop,

e )=yt )- (e )-7. 0. )-,e) i=L-m (3.14)

All the procedures for the nonlinear controllers call procedure estate 10 estimate the
unmeasured state variables. Each element of the unmeasured state vector unobvar0

at time f (ie. z(t,)i=1--m) is estimated from Equation (3.2), forced by the
elements of the vector ud (ie. z(r, )+~ (1)), the vector yO (ie. »,(t, ).y, ()
and the vector obvar0 (ie. Y {r,)---,¥,(t,)). The nonlinear static state feedback

control law as shown determines each of the manipulated inputs in u0,
u,(r,)="7, (V(tk )’-’21(1k)="'='£[ms-m)(tk )= Y(tk)?y(tk ))’ i=l--,m (3.15)

Note that the above algebraic equations are the direct discrete form of the continuous
time nonlinear static state feedback control laws that are obtained from IO

linearization of the nonlinear model A/ in Equation (3.1).

The saturation tests for the PI outputs (ie. v,(z,)-+-,v,{¢,)) and the manipulated

inputs (ie. u,(t, )---u,(t,)) are,

v:{max} v, (tk)2 ¥ {max)
v, (6)=1qv, () Vi{amin) <"'.(fk)<vx(mu) (3.16)
Viimin) Y (tk)s Vi{emin )

and
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ui(max} U, (Ik )2 u:[max)
ul (tk)= ui(’k) ul(mjn) <ur(tk)<ua{mx) (317)

ui(min) u, (tk )S u.'(min]

respectively. The bounds on s are determined by the valve’s constraints. The
upper and lower bounds are entered to the procedures as vectors UL and LL,
respectively. The bounds on v’s are determined by transforming the constraints on
1°s using the back-transformation equations that are state-dependent. In other words,
the bounds on v’s are time varying and need to be evaluated at each sampling time
(Kendi and Doyle, 1997). In the procedures, the upper and lower bounds of v’s are

set equal to the upper and tower bounds of «’s due to the following design criteria for

the parameters 5,,,

Bo=—5. i=l-m (3.18)

The significance of the design equation in Equation (3.18) is given in Chapter 5. The

validity in applying the saturation laws to both «’s and v’s are given in Chapter 7.

3.2.3.3, Simulation of Nonlinear Plant

Simulation of the nonlinear plant P is carried out by integration of the nonlinear
differential equations in vector dx. In MAPLE, facilities such as sofve or dsolve
functions are provided to solve the nonlinear differential equations. However, this
method is computationally inefficient for large-scale problem (de Jager, 1995).
Consequently, 4% order Runge-Kutta method (Gerald and Wheatley, 1989) is used to

numerically integrate the nonlinear differential equations at each sampling time.

3.3. DISCUSSIONS ON MarLE PROCEDURES

Six procedures have been developed to perform the analyses, designs and
simulations of nonlinear control systems with incomplete measurements of the state
variables. However, these procedures can be equally applied to nonlinear control
systems with complete state measurements by specifying an empty vector unobvar
at the input to the procedures. By specifying an empty vector unobvar, procedure

sform produces an empty vector obseqn implying that no state estimations are
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required for the nonlinear static state feedback control laws. Illustrations of the use
of the procedures for simulations of nonlinear control systems with incomplete and

complete state measurements are given in Appendix A.

In procedure rorder, relative order matrix of the nonlinear model M in Equation
(3.1) is computed. The relative order matrix gives an indication on the possible
pairings of the input and output variables for achievable control performance
(Daoutidis and Kravaris, 1992b; Soroush, 1996). The use of rorder for assessing the
achievable control performance of a double-effect evaporator model (Daoutidis and

Kumar, 1994) is illustrated in Figure 3.9 (calling sequence is given in Appendix A).

a) b)
Relative Order Matrix: Relative Qrder Matrix:
1 x 2] 21 1}
11 2 21 =
P22 201 2
Total Relanive Order: Total Relative Order:
4 5
Rank of Characreristic Matrix ar x0. C{x0}: Rank of Characteristic Matrix at x0, C(x0):
2 2

Figure 3.9: Results of rorder on the evaporator model, a) yvar = {W,,W,,Cs), uvar =
[B;,Bz,Sf]; b) yvar= [WQ,WI,CQ], uvar = [Bl,Sf,Bg].

It can be seen from Figure 3.1 that the vectors of the outputs and inputs (ie. yvar and
uvar, respectively) can be rearranged to compute the relative order matrix for
possible pairings of the input and output variables. Therefore, for a given nonlinear
control system that is square and control-affine, procedure rorder can be used to
determine the pairings of the input and output variables that resuit in the best
possible control performance. However, the drawback is that the process of pairing
the input and output variables is not automated within the rorder. This could be used

as the scope for future development of procedure rorder.

Procedure rorder is integrated in procedure io to establish the test conditions for 'O

linearizability and decouplability. As can be seen from the test conditions for the
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total relative order and the characteristic matrix in Figure 3.2, procedure jo
terminates if either of the conditions is true. Therefore, the use of procedure io for
nonlinear static state feedback control laws synthesis is very restrictive. It should be
noted that only local invertibility of the nonlinear model Af in Equation (3.1} is
tested. Once the local invertibility test is passed, global invertibility of the nonlinear

model M 1s assumed.

In procedure mimoglc and ioimc, Euler's method of integration is used to estimate
the unmeasured state variables from the reduced-order observer and the outputs from
the nominal 1/O model. This may limit the controller performance. However, the
simpler integration method is used to avoid large-scale problems (ie. use of more
complex algorithms) to be solved by MAPLE due to its poor physical, or virtual,
memory management. Memory limitations of MAPLE in camrying out complex
algorithms for simulation have been reported (de Jager, 1995; Malcolm, 1999). As
such, numeric computations are used for the closed-loop simulation procedures. For
example, 4™-order Runge-Kutta method is used for simulating the nonlinear plant P
to minimise the computational loads in MAPLE. Nonetheless, from the experience of
using the procedures in carrying out the simulation control studies in this thesis, the
time required to complete 80 hours of simulation was in the order of 3 to 5 hours in
real time. It was also found that the time requirement increases exponentially with
respect to the dimension of the problem at hand. Blankenship et al. (1997) suggested
the use of integrated numerical and symbolic computational platforms for the design
and simulation of control systems. The idea of integrating symbolic and numeric
computational tools in control system analyses, design and simulation was also
suggested by de Jager (1995). In term of MAPLE, this can be done by using
procedure io to design the nonlinear static state feedback control laws. Thereafter,
the nonlinear algebraic equations, and the mode! equations for the nonlinear plant,
can be implemented into the S-Function Source Code in MATLAB/SIMULINK for the
simulation of closed-loop control systems. However, the integration approach was
not used for the simulation studies on the nonlinear contro! of the evaporation system
in this thesis. It was not necessary since all the required simulations to be performed

were completed within the given time frame.
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3.4. CONCLUSIONS

MAPLE package nlcontsys for the analyses, designs and simulations of nonlinear
control systems has been presented. It consists of six MAPLE procedures, namely:
rorder, io, mimoglcloop, ioimcloop, adioimcloop and auioimcloop. Procedure rorder
is designed for the differential geometric analyses of nonlinear systems, while io is
designed for the synthesis of nonlinear static state feedback control laws. Procedure
io assumes that the nonlinear system is minimum-phase and the characteristic matrix
is invertible. Procedures mimogicloop, ioimcloop, adioimcloop and anioimcloop are
designed to perform the closed-loop simulations of MIMO GLC, I0IMC, AdIOIMC
and AulOIMC structures, respectively.

It was shown that procedure rorder enables the structural analyses of nonlinear
systems by evaluating the achievable control performance through constructing the
relative order matrix. The use of procedures rorder and io for the analyses and
synthesis of nonlinear static state feedback control laws is computationally efficient.
In the procedures mimoglicioop, ioimcloop, adioimcloop and auioimcloop, numeric
computations are used for simulating states of the nonlinear plant in order to reduce
the computational load in MAPLE. However, it was found that MAPLE 18 not
computationally efficient for carrying out closed-loop simulation of nonlinear control
systems as the computational load/time required grows exponentially with respect to
the dimension of the problem at hand. Integrated symbolic and numeric computing
is suggested for efficient solution of the closed-loop simulation of nonlinear control

systems.
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Dynamic Modelling and Differential Geometry Analyses
of an Industnal Five-effect Evaporator

4.1. INTRODUCTION

Evaporation is a common and important unit operation in the chemical and mineral
processing industries. It is a process by which a solution is concentrated by
removing the volatile liquid from a non-volatile solute by means of heat transfer
from heat source to the solution. Evaporation is an energy intensive unit operation
and improvement in its operation results in energy saving, and hence a reduced
operating cost. Significant academic and industrial research have been carried out in
an atternpt to improve the understanding of the dynamics, and hence the control of
such unit operation. Newell and Lee (1989) investigated various advanced control
strategies, including predictive control, fuzzy model based control and generic model
control GMC (Lee and Sullivan, 1988), on a single forced circulation evaporator
model. Montano ef al (1991) investigated the GLC structure (Kravaris and Chung,
1987) on a simulated double-effect evaporator. Wang and Cameron (1994)
performed the simulated control studies of constrained and unconstrained GMC on a
model evaporation process. To ef al (1995) and To et al (1998b) carried out the
simulated control studies and plant implementation study, respectively, of MIMO

GLC structure (Kravaris and Soroush, 1990) on an industrial single stage evaporator.

Other research related to the modelling and control of industrial evaporators has also
been reported in the open literature. Allen and Young (1994) and Young and Allen
(1995) developed computer models for the design of industrial-viable process control
system for a pilot-scale climbing film evaporator. Khan et al/ (1998) developed
mathematical model that provides highly accurate dynamic simulation of the
performance of an industrial multiple effects evaporator. Process identification and
mathematical modelling of an industrial 4-effect falling film evaporator was
performed and used for the design of multivariable supervisory control system that
led to improved servo and regulatory control performance (Quaak er al, 1994;
Vanwijck et al, 1994). Driscoll et af (1995) performed computer control studies of
two evaporator plants using nonlinear model-based control that was equivalent to
GMC. Elhaq er a/ (1999) presented a complete study on the modelling,
identification and advanced control of an industrial sugar evaporation process.

Excellent control performance was obtained using multivariable generalised
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predictive control (GPC) from computer simulation study, and its advantage was
conformed through actual plant implementation. Mills er a/ (1994) presented the use

of neural networks for adaptive multivariable control of an industrial evaporator.

This chapter is devoted to the mathematical modelling and differential geometric
analyses of the evaporation stage of the liquor burning process associated with the
Bayer process for alumina production at Alcoa’s Wagerup alumina refinery. The
development of the mathematical models for the evaporation system is an essential
step in the design of nonlinear controller using IO linearization technique. Section
4.2 gives a brief description of the five-effect evaporator and its control objectives.
The dynamic equations, assumptions and dynamic characteristics of the evaporator
models are presented in section 4.3. The differential geometric analyses for the

evaporator model are provided in section 4.4. Conclusions are drawn in section 4.5.

4.2. THE EVAPORATION PROCESS

The evaporation stage of the liquor buming process consists of five effects
represented by one falling film effect, three forced circulation effects and a super-
concentrator effect as shown in Figure 4.1. The nominal operating conditions are
given in Tables 4.1 to 4.6. Spent liquor from the Bayer circle is fed to the falling
film effect and the volatile component, water in this case, is removed under high
recycle rate and the product is further concentrated through the three forced
circulation effects. The super-concentrator effect is used to remove the residual

‘flashing’ of the concentrated liquor under reduced pressure without recycle.
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Figure 4.1: Schematic of Five-effect Evaporator

For each effect, the spent liquor is heated through a vertical shell and tube heat
exchanger and water is removed as vapour under reduced pressure in the flash tank.
Live steam is used as the heating medium for heaters #3, #4 and #5 while heaters #2
and #1 are heated by the flashed vapour that flow uncontrolled from flash tanks #3
and #4, and flask tank #2, respectively. Live steam to heater #3 is ratioed to the
amount of live steam entering heater #4 while the amount of live steam to heater #5
is set to a constant depending on the amount of residual ‘flashing’ to be removed.
The cooling water flow to the contact condenser is set such that all remaining flashed

vapour is condensed.

Liquor density in flash tank #4 is the primary output to be controlled by the steam
flow to the heater #4, Liquor inventory level of each flash tank is regulated by the
respective product flow-rate while liquor temperature in flash tank #5 is regulated by
manipulating the flashed vapour line that is fed directly to the contact condenser.
The control objectives of the evaporation stage are currently accomplished by using

multi-loop SISO proportional-integral-derivative (PID) controller.
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Table 4.1: Nominal operating Conditions for Effect 1 of the Evaporator

4-5

Stream F D, v,
Description Feed to | Underflow | Flash Vapour
FT1 | fromFT1 | exFT1 |
Av. Flow @ Temperature m’/hr 377 217.4 47,615
Mass Flow tor/hr 49.4 295.0 4.97
Temperature °C 60.0 66.0 55.0
SG @ Temperature kg/m’ | 1310.0 1357.1 0.10
Heat Capacity ki/kg 3.29 3.29
Boiling Point Elevation (BPE) °’C 11
Pressure (gauge) kPa 157
Latent Heat kl/kg 2370.8
Table 4.1 (continued)
Stream HF, St
Description Feed to Flashed
Heater 1 | Vapour to
Heater 1
Av. Flow @ Temperature m’/hr 184.7 21,952
| Mass Flow ton/hr | 250.6 5.02
Temperature °C 66.0 73.6
SG @ Temperature kg/m® | 1357.1 0.23
Heat Capacity kl/kg 3.29
Boiling Point Elevation (BPE) °C
Pressure (gauge) kPa 36.4
Latent Heat kJ’kg 2325



Dynamic Modelling and Differential Geometry Analyses

of an Industrial Five-effect Evaporator

Table 4.2: Nominal Operating Conditions for Effect 2 of the Evaporator

Stream P, D; V2
Description Feedto | Undertflow | Flash Vapour
Stage2 | from FT 2 ex. FT 2
Av. Flow @ Temperature [ m’/hr 327 2,5789 21,097.8
Mass Flow tomhr | 444 | 35,6667 5.02
Temperature * °C 66.0 90.6 74.6
SG @ Temperature ; kg/m' | 1357.1 1421.8 0.24
Heat Capacity ' kl/kg 3.29 3.25
Boiling Point Elevation (BPE) ‘ °C 16
Pressure (gauge) ! kPa 379
Latent Heat ; kl’kg 23225
Table 4.2 (continued)
Stream HF, HD, Sz
Description Feedto | Liquor ex. Flashed
Heater 2 | Heater 2 Vapour to
Heater 2
Av. Flow @ Temperature m'/hr | 2,583.9 | 2,5839 8,913.9
Mass Flow ton/hr | 3,671.7 3,671.7 6.06
Temperature °C | 903 91.5 104.0
SG @ Temperature kg/m® | 1421.0 1357.1 0.68
Heat Capacity kl/kg 3.25 3.25
Boiling Point Elevation (BPE) °C
Pressure (gauge) kPa 117.0
Latent Heat kl’kg 22463
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Table 4.3: Nominal Operating Conditions for Effect 3 of the Evaporator

Stream P D5 V;
Description Feed to | Underflow | Flash Vapour
Stage 3 | from FT 3 ex. FT3 |
Av. Flow (@ Temperature m’/hr 27.7 2.,353.1 8.474.8 :
Mass Flow ton/hr 394 3,506.1 3.86
Temperature °'C 90.6 129.0 105.0
SG @ Temperature kg/m’ | 1421.8 1490.0 0.70
Heat Capacity kJ’kg 3.25 3.32
Botiling Point Elevation (BPE) °C 24
Pressure (gauge) kPa 121.0
Latent Heat kl’kg 2243.6
Table 4.3 (continued)
Stream HF; HD; 33
Description Feedto | Liquor ex. | Fresh Steam
Heater 3 | Heater 3 | to Heater 3
Av. Flow (@ Temperature m/hr | 2,356.9 2,356.9 2,636.3
Mass Flow ton/hr | 3,509.9 3,509.9 5.76
Temperature °C 128.5 129.6 144.0
SG (@ Temperature kg/m' | 1489.2 1489.2 2.18
Heat Capacity kl/kg 3.32 3.32
Boiling Point Elevation (BPE) °C
Pressure (gauge) kPa 404.0
Latent Heat kl/kg 2131.8
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Table 4.4: Nominal Operating Conditions for Effect 4 of the Evaporator

Stream P; D, V,
Description Feed to | Underflow | Flash Vapour
Stage 4 | from FT 4 ex. FT 4
Av. Flow @ Temperature | m/hr | 244 2,183.2 3,163.0
Mass Flow ton/hr | 35.5 3,362.1 2.21
Temperature °C 129.0 135.0 105.0
SG @ Temperature kg/m' | 1490.0 1540.0 0.70
i Heat Capacity kl’kg 3.32 3.32
' Boiling Point Elevation (BPE) | °C 30
. Pressure (gauge) kPa 121.0
Latent Heat kl/kg 22436
Table 4.4 (continued)
Stream HF, HD, Sy
Description Feedto | Liquorex. | Fresh Steam
Heater4 | Heater4 | to Heater4
Av. Flow @ Temperature m’/hr | 2,185.4 2,1854 1,090.9
Mass Flow tonvhr | 3,364.3 3,364.3 2.38
Temperature °C 134.9 135.3 144.0
SG @ Temperature kg/m’ | 15395 1539.5 2.18
Heat Capacity kl/kg 3.41 3.41
Boiling Point Elevation (BPE) °C
Pressure (gauge) kPa 404.0
Latent Heat kl/kg 2131.8
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Table 4.5: Nominal Operating Conditions for Effect 5 of the Evaporator

Stream Py HDs Vs
Description Feedto i Liquorex. | Flash Vapour
| Stage 5 Heater 5 ex. FT 5
Av. Flow @ Temperature m’/hr 216 21.6 3,224.0
Mass Flow ton/hr 333 33.3 1.49
Temperature °’C 135.0 149.0 92.5
SG @ Temperature kg/m® | 1540.0 1540.0 0.46
Heat Capacity kl/kg 341 3.45
Boiling Point Elevation (BPE) °C 325
Pressure (gauge) kPa 77.0
Latent Heat kl/’kg 2276.7
!
Table 4.5 (continued)
Stream ; S Ps
Description i Fresh Steam | Product
to Heater 5
Av. Flow @ Temperature m’/hr 383.4 20.2
Mass Flow ton/hr 0.84 318
Temperature °C 144.0 125.0
SG (@ Temperature kg/m’ 2.18 1580.0
Heat Capacity ki’kg 3.41 345
Boiling Point Elevation (BPE) °C
Pressure (gauge) kPa 404.0
Latent Heat kl’kg 2131.8
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Table 4.6: Nominal Flash Tank Levels (50% of Tank’s Height)

Flash Tank # Level (m)
1 1.50
2 225
3 2.25
4 225
5 1.50

4.3. THE EVAPORATOR MODEL

The mathematical models for the evaporator were derived using unsteady state mass
and energy balances. The five-effect evaporator was modelled by 15 state equations
with 7 input and output variables as shown in Table 4.7. The state, input and output
variables were selected based on the existing situation on site. All terms in Table 4.7

can be found in the Nomenclature section of this thesis.

Two dynamic models, M1 and model M2, were derived for the five-effect
evaporator. The modelling steps for each evaporator model are given in Kam and

Tadé (1997a). A summary for the modelling steps is provided below:

1. Mass and energy balance for the mixing points (ie. points where streams D, P and
HF meet in Figure 4.1).

2. Energy balances for the heaters in Figure 4.1. These relate the liquor enthalpy
changes through the heaters to the heat sources.

3. Mass and energy balances for the liquor in the flash tanks in Figu_re 4.1. The
balances allow the nonlinear differential equations for the liquor levels and
densities to be constructed. Also, the evaporation rate equations are obtained.

4. Vapour mass balances of the flash tanks. This allows the rate equations for liquor

temperatures to be constructed.

The distinctions between the two models are due to the different assumptions that

were imposed for their developments. The strict validity of both models were not

4-10
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established but they were considered to be adequate for the purpose of simulations to
compare various control strategies. The validity of the models can be carried out by
simulating the model outputs and comparing them with the measured plant data if

desired,

Table 4.7: State, input and output variables for the evaporation system

States Inputs Outputs
X hy 4 Op B4 h
X2 h i U Y2 h
X3 s U Op Y3 3
X4 hy uy Oy Y4 hy
Xs hs Us Ops Y5 hs
X T; U, "5 Yo Ts
X7 Pi Uy Mg, Y7 4
Xg T,
X 1Ty
X10 Ty
Xy Ty
Xi2 ]
X13 P2
X4 f 2,
X5 Ps

4.3.1. EVAPORATOR MODEL M1

The assumptions used for the development of evaporator model M1 are given below,

1. The density and temperature of liquor in the flash tanks and discharged streams

are the same as perfect mixing were achieved in the flash tanks.

[SW)

. The specific heat capacities of all process streams were assumed to be constant.

3. The effect of falling film on the rate of heat transfer and the dynamics of heater

discharge temperature were neglected.
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4. The liquor in the flash tanks were assumed to be in equilibrium with the vapour in

the vapour space.
5. The process was adiabatic.
6. No flashing occurred in the heaters.

7. The dynamics of instrumentation and control valves were assumed to be very fast

when compared to the dynamics of the flash tanks and were neglected.
8. All temperature equations were solved consistently in °C units.

9. The set points were constant at the corresponding steady states.

The equations for evaporator model M1 are (all notations are given in the

Nomenclature section of this thesis):

Flask tank #1:

an 1 __E_u] 41
4 AI (Qr _Qm o. ( )
dp _ 1 [B__]_ ﬂ_} 42
dt Ak [E' Pa CrerGp, ! 2

- fon a3
—= E - + - -
dt  CoT, ((V] _A1h1)[ T S O P O D,

(4.3)
1 1 A J [P} JJ
- - L NN Cat B
Cot, {C"R”"'{A.m {El[p, e,
where
E = Qr oy T = Opipi T, +1i15,44 (4.4)
Ay
my,, = E, (4.5)
. MP, (4.6)

T RQ2731+T, - BPE,)
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B
P, =0133exp| 4~
! “p( C+2731+7, - BPEJ

BPE, =102.69p, — 12882

CoTl = [ 5 - : }
A (C+2731+7,-BPE,) (2731+T, - BPE,)

B
CoRho, = 102.69,@,[(— - L ]
(C+2731+T,— BPE,)" (273147, - BPE))
Flash tank #2:

dh, 1 [ Ez]
dt _Az Op1 ~ps 2.

dr, 1 1 , [ EZB
—== E, - + - -
dr  CofT, ((Vz _ Azhz) ( 2 My + P | O — O p.

I 1 P £
" Cor, [C”MOZ(AZ}:Z (E Q[Z’ J‘Q”“‘"(p, IBD

where

- QPlpiclji _szpzcsz +msz’q'sz

E
’ Ava

UA,
QunPurCum| T = (Y:S‘] —Tum )exp - |- Ty

Qur1Prm Cm

m;—'z = ﬁ

51
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Rty +Qcpee, T,

Q1 Poa1 €

HET T

Ty, = I, — BPL,

BPE, = 10269p, — 12882

o= R+ p,
HF1 QHFl
— MP‘I
A2 = RQ731+T, - BPE,)
P, =0133 [A d ]
PO AT 9731+ T, - BPE,

B 1
CoT, = p, _
o p”[(C+273.1+T2 —BPE,) (2731+7, uBPEz)J

B 1
CoRho, =10269p,,| - N
. p”[ (C+2731+T1, - BPE,)’ (273.1+T2-BPEZJ

Flash tank #3:

dh, 1 53]
4t _A3 [QPZ Q.Ds_p

w

4-14

(4.16)

(4.17)

(4.18)

(4.19)

(4.20)

(4.21)

(4.22)

(4.23)

(4.24)

(4.25)



Dynamic Modelling and Differential Geometry Analyses
of an Industrial Five-effect Evaporator

dt - (’10713 (VJ —A3h3) ~3 (] pV3 Pl P3 pw

(4.26)
o comel (1) -0 (2
- CoRho | — | E.|—-1| -0, p,| ——1
Co, [ ’ “3(A3h3 [ (,, i,
where
E. = Oraprr 1y = Qps a6 T, +1i13, 4, (4_27)
’ A
. . U4,
QHFZPHFZCHFZ[TSZ _(?sz - Tﬂpz)exr{_ ) - THFZ]
. Our2Prr2C 478
M5 = (4.28)
2‘32
T, = Ry, 1, + o1} (4.29)
Qurz Prup2C i
T,, = I, - BPE, (4.30)
BPE, = 102.69p, —12882 (4.31)
o = R, +Onp (4.32)
QHFE
g, = 2416541, (4.33)
_ MP, (4.34)
Prs :
3T R(2731+ T, - BPE,)
P, =0133 exp[A - B J (4.35)
} C+2731+T, - BPE,
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Col,=p B - ! ]
" T \(c+2731+ 1, - BPE,)) (273147 - BPE))

. N B 1
CoRho, = 102.69,0,,.3[- (C+273.1 T BPE3)2 + (273.1+1"_., - BPEs)}

Flash tank #4:

dh, 1 [ E4J
) _A4 QFS QP4 2.

dp, 1 [94 J (94 )J
- ElP_i|l—0,.o0 21
dr AJ?;( SV R VY

dr, 1 1 _ [ LJD
= E,— + o, - -
di  CoT, [(V4 _ AJ’I.,)[ 2=y oy O Ops o

! L[ (e o
Co, (C"R’"’*(H(E *[Z” ) ~Onp [p IDD

where

_ Op: 056313 = Qpypic, T, +ing s,

E, i
"4

UA, .
036400, PurrCripa | Ts2 — (T.;z -7, Hﬁz)e"p - |~ Tim

Qi P2

., =
Aga

BPE, = 102.69p, - 12882

_ MP,
© R(2731+T, - BPE,)

Prs
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B
P, =0133exp| A—
i =013 e"p[ C+273141, —BPEJ

B 1
CoT, =p, .
o, P;4(((T+273.1+ r,-BPE,Y (2731+7, ~3p54)}

CoRho, =10269p,, [— B . L }
(C+2731+1, - BPE,)" (273147, - BPE,)

Flash tank #5:

dhy 1 E,
dt —A (QP4—QP5 pJ

3 W

dr, i 1 _ [ ESJD
—— E. —m..+ — -
di ~ Col, [(Vs ” Ashs) ( s — s+ Prs| Opy — COps p.

! L, (n P
- CoT, [CORhos [H(ES[E - 1) - QP4P4(p4 I)JJ)

where

- Opa P16, Ty = QpsPsCs Ty + g  Ag,
%,

Ey

BPE = 1026%9p, — 128382

M
" R(273.1+ 7T, - BPE.)

s
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B
P, =0.133exp| 4 - 4.54
g exr{ C+27314T, - BPEJ (438

CoT; =pp-s[ 2 - — 1 (4.55)
(C+2731+7, - BPE,)" (273147, - BPE,)

CoRho, =10269p,,| - B - ! (4.56)
(C+2731+7, - BPE,)" {2731+ T, - BPE,)

4.3.2. EVAPORATOR MODEL M2

The following assumptions (in addition to those used for model M1) were used for

the development of model M2:

1. Liquor boiling point elevations were assumed to be constant.
2. Pressure and temperature relationship of flashed vapour was assumed to be linear.
3. The latent heat of vaporisation of flashed vapour was assumed to be constant.

4. The amount of flashed vapour condensed in the heaters was assumed to be equal

to the vaporisation rates in flash tanks.

The mplications of these additional assumptions are discussed in the subsequent

sections.

Flash tank #1:

i"_s_i( 5] 457
dI_AI Qf"‘QPl_pw ( )
dn _ 1 (&_J_ &_} 4.58)
dr 1 . E

:{1_1 = EE(EI -y +le[Qf O _p_‘:J] (4.59)
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where

_ Q_fprfT _QPiplcth +ms:’151

E
! 2

P = R@TIIAT, - BPE,)

P, = 07518267, —33.957923

0.751826 M O ]

Col =V, ~ A )[R(273.1 +T,-BPE,) (2731+1, - BPE,)

Flash tank #2:

dh, 1 [ Ez]
dt _A2 QPI—QPZ o,

dr, 1 . ( EZ)J
2 E. —pr.. + - =z
Ft CvoT-2 [ 2 V2 l': 2 QPI QP2 .

where

_ el — Oy T + g, A,
P

£
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MP,
L= 4.70
2= R(2731+T, - BPE,) (4.70)
P, = 15841147, — 105771832 (4.71)
CoT, ={¥, —Azhz)( DBAM Pra J (4.72)
R(273.1+ 1, - BPE,} (2731+T, - BPE,)
Flash tank #3:
dhs 1, &] 4.73
dt - A3 (QPZ QP3 2., ( ’ )
- {efa-Fonls-)
dos _ 1 (o0 s (4.74)
di Ah [ES Pu Orat P2
ar, 1 _ E
d_:= C0T3 [Ei —my, +pV3[QP2 - QP3 - P_j]) (475)
where
o= Qrapr02 T — Qo3 56315 + Mg Ay (4.76)
’ Ay
., = E, (4.77)
fitg, = 24165450, (4.78)
o = MP, (4.79)
* R(2731+T, - BPE,)
P, = 40944817, — 410382219 (4.80)

420



Dynamic Modelling and Differential Geometry Analyses
of an Industrial Five-effect Evaporator

409448 1M Pra ]

CoT = (¥, _A3}’3)[R(273.1+ 1,-BPE,) (273141, - BPE,)

Flash tank #4:

_L_J,[ &J
dr _A4 QP3 QF4 p

w

dp, _ 1 s [p4 ] [94 )
dr _A4h4 (bd Pw_l _stps 2 -1

dT, 1 ) E,
di :a}?‘ E,—m,, +p,, Qm_Qm_p_

w

where

_ Opsi6 1l — Opypie, T, + 15, Ag,

E
: Aoy

_ MP,
" R(2731+ 1T, ~ BPE,)

Prs

P, =4.0944817, - 434949105

Co, =7, 4 h){ 4094481M Ove )
OV YA R(273.1+ T, - BPE,) (27314 T, - BPE,)

Flash tank #5:

dhy 1 ( Es)
di _As QP4—QP5 o,
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dp, _ 1 [ [ps J (ps ]

di _A5h5 [Es . -1 _Qp4p4 ;:_] (491)
dT, 1 ] E )
-}Ii: CoT [Es -y +P;'5[QP4 = (s —;ij] (4.92)

ol .
where
Es _ QPUO4C4]:1 —stpscsrs +fi135,155 (4.93)
A
AP,
Prs : (4.94)

T R(2731+T, - BPE,)

P, =22593967, — 207.918483 (4.95)

CoT, =(V, - 4, 5){ 229396M s ] (4.96)
R(2731+71, - BPE,) (2731+7, - BPE,)

4.3.3. DISCUSSIONS ON EVAPORATOR MODELS

The additional assumptions that were imposed on model M2 resulted in significant
mismatches between the two models M1 and M2, The extents of model mismatches

are summarnsed in Table 4.8.

It can be seen from Table 4.8 that more process dynamics have been taken into
consideration in model M1 (ie. less assumptions). It can be noted from the state
equations of the evaporator models that the dynamics of the liquor temperatures of
model M1 are dependent on the flash tank levels as well as the liquor densities. For
model M2, the dynamics of the liquor temperatures are only dependent on the flash
tank levels. This is due to the assumption that the liquor boiling point elevations are
constant for model M2, while they are dependent on the liquor densities for model
M1. Furthermore, model M1 also includes disturbance terms such as the recycle

rates (ie. R/’s) and the product of overall heat transfer coefficients and the heat
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transfer arcas of the heaters (ie. U4,’s). Consequently, model M1 is considered to

be more realistic from physical point of view due to the less restrictive assumptions.

The model mismatches between the two models can further be seen from the open

ioop and closed-loop responses.

Table 4.8: Mismatches between models M1 and M2.

Model M1

Model M2

Liquor temperatures are dependent on

liquor levels and densities

Liquor temperatures are only dependent

on the liquor levels

Heat transfers in heaters are dependent
on the liquor flows and the overal! heat

transfer coefficients

Heat transfers in the heaters are
Independent of the liquor flows and

Heat transfer coefficients

Non-equal flashed vapour withdrawal

rates from flash tanks and t

evaporation

rates in the flash tanks

he

Equal vapour withdrawal rates from
flash tanks and evaporation rates in

flash tanks

Nonlinear equilibrium relationships

between vapour pressures and liquor

temperatures

Linear equihibrium relationships
between vapour pressures and liquor

temperatures

4.3.3.1.0pen-loop Responses of the Evaporator Models

The open-loop responses of both evaporator models, subjected to a +20% increase in

the steam flow to heater #4, are presented in Figures 4.2, 4.3 and 4.4. The output

variables are expressed in terms of the percentage (%) deviations from their

respective nominal values.
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Figure 4.4: Open-loop responses of liquor densities (+20% in s, ).

It can be noted from Figures 4.2, 4.3 and 4.4 that the open-loop dynamics of both
models are significantly different from each other. The differences in the open-loop
responses are attributed to the mismatches between the two models as given in Table
4.8. For example, the responses of inventory levels and liquor temperatures of flash
tanks #1 and #2 behave nonlinearly, as well as the liquor temperatures increase as
the liquor densities increase for model M1. These behaviours are due to the
nonlinear heat transfer characteristics in the heaters (te. log mean temperature
difference, AT pp) and liquor density dependent BPEs, respectively. In contrast,
the liquor temperatures decrease as the inventory levels decrease and liquor densities
increase. These behaviours are the results of constant liquor BPEs. The differences
in open-loop responses of both models were also established by Kam and Tadé
(1997a) from the differences in eigenvalues (or open-loop poles) of the linear state-
space models of the evaporator models M1 and M2. Significant mismatches in the
model gains are also evident from the open loop responses. From the open loop
responses, both models are open loop unstable.

4.3.3.2.Closed-loop Responses of the Evaporator Models

Figures 4.5 and 4.6 represent the closed-loop responses of the output variables of

both evaporator models subject to a +5% set point step change in the liquor density
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of FT #4 under multi-loop PI control scheme. The PI controllers were simply used to
demonstrate the extent of model mismatch between models M1 and M2 in closed-
loop form. Therefore, their parameters were chosen simply for stabilisation purposes
and no optimisation was performed for their selections. The PI controller parameters
are given in Table 4.9. The responses of the manipulated inputs that correspond to
the change in the liquor density are given in Figure 4.7. Note that the manipulated
inputs are expressed in terms of the % of their respective operating ranges that are
given in Table 4.10. The terms in the brackets in Figures 4.5, 4.6 and 4.7 represent
the responses of the models M1 and M2,

Table 4.9: Tuning parameters for the PI controllers.

Kei=Ki 7; (hr)
y1(hr) -10.0 20.0
v (hy) -10.0 20.0
ys (h3) -10.0 20.0
Vs (hs) -10.0 20.0
¥s (hs) -10.0 20.0
Yo (75) 0.6 2.50
V1 (p) 0.6 3.00

Table 4.10; Operating ranges for evaporator inputs.

Inputs Range Units
w1 (Op1) 0-50 m’/hr
1ty (Op) 0-50 m’/hr
13 (Ops) 0-50 m*/hr
uy (Ops) 0-50 m’/hr
us (Ops) 0-50 m’/hr
ug () 0-28 ton/hr
uy ( gs) 0-4.5 ton/hr

It can be seen from Figures 4.5 and 4.6 that the responses of the outputs of both

models are remarkably different for the same set point step change especially for the
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hiquor temperaturcs. When comparing the responses of the outputs for a positive and
negative set point change, it can be seen that responses of model M2 are more
‘symmetrical’ than the responses of model M1.
more ‘nonlinear’ than model M2. Figure 4.7 shows strong interactions between each

of the SISO feedback loops since the set point step change in the liquor density of FT

#4 triggered other PI controllers to respond.
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Figure 4.5: Closed-loop responses of the controlled outputs to a +5% in the set point

of ps.
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Figure 4.7: The manipulated inputs corresponding to the responses in Figure 4.5.

4.4, DIFFERENTIAL GEOMETRIC ANALYSES OF THE EVAPORATOR
MODELS

From the analyses in Section 4.3.3, model M1 is more realistic than model M2 from

physical point of view due to the less restrictive assumptions. However, model M1
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control-nonaffine (eg. dynamic equations for the liquor temperatures are nonlinear
with respect to the product flows) which is not suitable for the design of nonlinear
state feedback control laws using the standard differential geometry (Isidori, 1995)
that is based on control-affine nonlinear state-space model. However, if nonlinear
differential geometric analysis of the control-nonaffine model Ml was to be
performed, the implicit function theorem could be used (Henson and Seborg, 1990).
While model M2 is more restrictive, it is control-affine and can be utilised for the
formulation of the nonlinear state feedback control laws for the five-effect evaporator
by using /O linearization technique. Consequently, model M1 is used to simulate
the five-effect evaporator, while model M2 is used for nonlinear controller synthesis
in this thesis. Nevertheless, the availability of the evaporator models provides better
understanding of the robustness of nonlinear control using I/O linearization technique

on the evaporator.

In order to facilitate the differential geometric analyses of evaporator model M2, the

dynamic equations in Section 4.3.2 was rearranged into a more compact form,

KN ”fl(x)ﬁ _g“(X) £,,(x) 0 g..(x) 0 0 g”(x)_
h, 0 En (x) En (x) 0 b:4 1 (x) 0 0 Ex (x)
hy 0 0 En (x) gs(x) 0 0 0 g::(x)
A, 0 0 0 g5(x) Zu (x) 0 0 2.(x)
hs f(x) 0 0 0 2.(x) & (x) 0 0 |[On]
T, fs(x) 0 0 0 ga(x) ges(x) 2es(x) 0 Op
P Py 0 0 0 gx{x) & (x) 0 0 gn(x) || Om
P L= | £s(x) |*] galx) g (x) 0 2a(x) 0 0 gs:-(x) Ops
I 0 2 (x) £5(x) 0 2o (x) 0 0 25,(x) || Ops
T 0 0 &1 (x) g{x) 0 0 0 2w () || s
T, 0 0 U gu:(x) 8 (x) 0 0 glx) [ Mss |
A f12(x) Z(x) g(x) 0 Zis(x) 0 0 gm(®)
P2 0 gm(X) i (x) 0 E1u (x) 0 0 L (x)
2 0 0 g & (x) 0 0 0 galx)
ol @] L0 0 0 gu(x) sl 0 0] (4.97)

The entries of vector f(x) and matrix G(x) are given in Appendix B. Both models
M1 and M2 are assumed to be minimum phase and it is verified through the stable

responses of the internal variables (ie. Ty, Ta, T, Ts, p1, ;2 and p3) under I/O
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linearizing and decoupling control in later chapters of this thesis. It can be shown

that the relative order matrix, M,, for model M2 is,

(4.98)

-8 8 - —~ 8 8§

1
1
)
1
1
1
1

§ —~ 8 8 8 8
8§ -~ 8 8 8 8 8

.
1
1
1

o0

oo
1—

=

Il
8 8 88 8 — —
8 8 8 8 — — —

The total relative order is 7 indicating that the evaporator model is output
controllable. Note that the relative order matrix has the smallest relative order in its
major diagonal positions. This indicates that the pairings of the input and output
variables in Table 4.7 will provide complete decoupling control of the evaporator
provided that the characteristic matrix is invertible. The characteristic matrix of

model M2 can be shown to be,

(g, &1 0 g, 0 0 g]
€: 82 0 &, O 0 gn
0 g 8; 0 0 0 gn
C(x): 0 0 g 84 0 0 gy (4.99)
0 0 0 g g5 O 0
0 0 0 g & 8 O
| 0 0 gy g&¢ O 0 g5

It is shown that the characteristic matrix at the nominal operating conditions of the
evaporator has full rank in Appendix B. By assuming that the characteristic matrix
is globally invertible, model M2 can be used for the design of /O linearizing and

decoupling static state feedback control laws for the evaporator

44. CONCLUSIONS

Two dynamic models, models M1 and M2, have been developed for the five-effect
evaporator of the liquor burning process associated with the Bayer process for
alumina production at Alcoa’s Wagerup alumina refinery. The evaporator models

have been developed for the geometric nonlinear control studies in this thesis. From
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the open loop and closed-loop simulation studies, it was found that the evaporator
models have significant model, both parametric and structural, uncertainties. The
significant model uncertainties between the evaporator models are due to the
different assumptions used for their developments. Evaporator model M1 is more
realistic for the five-effect evaporator from physical point of view. Therefore, it is
used as the model for simulating the state trajectories of the five-effect evaporator for
nonlinear control simulation studies in this thesis. Evaporator model M2 is suitable
for the formulation of I/O linearizing and decoupling static state feedback control

laws for the five-effect evaporator since it is control-affine.
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Nonlinear Control of a Simulated Industrial Five-effect
Evaporator

5.1. INTRODUCTION

Mathematical modelling and differential geometric analysis of an industrial five-
effect evaporator have been discussed in Chapter 4. Two evaporator models have
been developed to describe the five-effect evaporator. Chapter 4 has shown that the
evaporator model M1 is more realistic from physical point of view but is control
non-affine. While model M2 is more restrictive, it is control-affine and is suitable
for nonlinear controller design using /O linearization technique. Consequently,
model M1 1is used to simulate the five-effect evaporator, while model M2 is used to

formulate the /O linearizing and decoupling controller for the evaporator.

This chapter is devoted to the simulated nonlinear control studies of the five-effect
evaporator models. The nonlinear control structure that is investigated is the MIMO
GLC structure (Kravaris and Soroush, 1990). The performance of the nonlinear
control structure is compared with the performance of existing multi-loop PI control
scheme that is currently utilized on-site to achieve the operating objectives of the
evaporator. In the simulation studies, the effects of model uncertainties on the
performance and robustness of MIMO GLC of the evaporator models are also
evaluated. Section 5.2 presents a brief review of the MIMO GLC structure of
Kravaris and Soroush (1990). Section 5.3 describes the application of the nonlinear
control structure on the simulated five-effect evaporator. The solution to the
synthesis of 1/Q linearization and decoupling static state feedback controller using
the ill-conditioned evaporator model M2 is discussed. Furthermore, issue on the
selection of the design parameters to directly link the I/O linearizing and decoupling
static state feedback controller to the industrial PI controller is discussed with respect
to the implementation of the nonlinear control structure with reference to the
industrial evaporator. The section also provides the closed-loop simulation results of
the nonlinear contro! structure and compare them with those of multi-loop P1 control
scheme that is currently utilized on the evaporation system on-site. Concluding

remarks are provided in section 5.4.
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5.2. A BRIEF REVIEW OF MIMO GLC STRUCTURE

Consider a minimum-phase MIMO nonlinear process represented by a nonlinear

state-space model A in Chapter 2,

k= 1)+ g, (x)n, (5.1)

k=1

¥, = hi.(x), i=1,...m

If the assumptions in Chapter 2 for /O linearizability and decouplability hold, the
model A is used to synthesis nonlinear state feedback control laws to /O linearize
and decouple the nonlinear process. The I/O linearizing and decoupling static state
feedback control laws of the MIMO GLC structure is,

=A"(x)(v-B(x)) (5.2)

where v is an mx1 vector of external inputs, and A(x) and B(x) are m=xm matrix and

mx1 vector, respectively, given as (Kravaris and Soroush, 1990),

A Lg L hl(x) ﬂ",,ng: L?_lhl(x) ﬁr, gnLrl—!hl(x) 7
A(x): ﬂZr Lg, Lr (X) ﬂz,-z Lg L" (x) .e- ﬂ?,r Lg Lr— (X) (53)
’er Lgl Lr —lh (X) ﬁ"‘”’ LS L’ _lhm(x) o ﬁmr Lg Lr _lhm (x)J
2 ALk ()
B(x) = | e L4 (2) s
gﬁmk L’;hm(x)

where {4} are the design parameters of the I/O linearizing and decoupling static
state feedback control laws in Equation (5.2). The scalar value r; is the relative order
of output y; and its definition can be found in Chapter 2. If the model M is a perfect
description of the nonlinear process P and all state variables are available for state

feedback, the /O linearizing and decoupling static state feedback control laws in
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Equation (5.2) yields a sub-system of the nonlinear process. The sub-system is linear
in the external inputs and output sense (Henson and Seborg, 1991a; Kravaris and

Soroush, 1990),

- d"y' 3
Zﬁrk dt - |
(5.5)

" ¥
3 i,
Equation (5.5) represents m-dimensional SISO linear systems whose characteristics
are specified by the design parameters of the I/O linearizing and decoupling static
state feedback control laws in Equation (5.2). The design parameters are selected
such that each of the /O pairs in Equation (5.5) is bounded-input bounded-output
(BIBO) stable with reasonably fast dynamics and level of decoupling. The I/O linear
sub-system in Equation (5.5) is internally stable as the nonlinear process represented
by model M in Equation (5.1) is assumed to be minimum-phase. The decoupling
matrix in Equation (5.2) requires the characteristic matrix to be well-conditioned,
therefore complete decoupling control of ill-conditioned MIMO nonlinear process is
not desirable and meaningful (Kravaris and Soroush, 1990). The solution to
synthesizing the decoupling control laws using the ill-conditioned evaporator model

M2 will be discussed in the later section.

In the case where 1O linearization and decoupling is desirable and achievable, multi-
loop SISO PI controllers are applied to each of the /O pairs (vi-y,) in Equation (5.5)
to ensure off-set free servo and regulatory control performance of the nonlinear

control system,
a5 5 K[' 5 ,
v, = Aoy () + Ko (P (0) -y (D) +— [r@- v i=1..m (5.6)
;

Note that the time varying bias value 8y’ is included for time varying set point
tracking., The schematic of the MIMO GLC structure is given in Figure 5.1.
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Figure 5.1: MIMO GLC structure (Kravaris and Soroush, 1990).

The overall closed-loop dynamics of the outputs are (Kravaris and Soroush, 1990),

L dkyi N . . K ¢
ik dtk = lﬂyjp(l)+KCj (y:p(t)_yf(t))+ r][ _'-o(yfp(l‘)_yr(r))dta i=lr--:m (5’7)
k=0 I

The tuning parameters X ¢ » K, and r, are chosen such that the closed-loop systems

in Equation (5.7) are stable with good closed-loop dynamics.

5.3. NONLINEAR CONTROL OF THE EVAPORATOR MODELS

Evaporator model M2 represents a 7x7 system with 8 internal variables that can be
used for the synthesis of 1/O linearizing and decoupling static state feedback control

laws for the five-effect evaporator. However, the standard condition number of the

characteristic matrix of model M2 at the nominal conditions (ie. |c{x,)| Jlo(x J

m) 18
13831 indicating that model M2 is ill conditioned. This is due to relatively large and
small elements (in magnitude) of the second to the last and the last row of the
characteristic matrix, tespectively (see Appendix B). The linearizing and
decoupling control of the five-effect evaporator (ie. model M1) is problematic due to
the ill conditioning of model M2. The solution to decoupling control of the

evaporator based on model M2 is discussed in later section.

5.3.1. NONLINEAR CONTROLLER FOR THE EVAPORATOR MODELS

Maple V release 4 (Redfern, 1996), a computer algebraic system, was used to
formulate the 1/0 linearizing and decoupling static state feedback control laws from
model M2 and to perform closed-loop simulations for the evaporator models. The

closed-loop simulations were carried out on a digital computer platform.
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Consequently, the following discrete-time version of the I/O linearizing and

decoupling static state feedback control laws and the PI controllers were used in the

computer code,

u.'(rk):lpl(hl’--.’h5!p]9.‘-7p5171""’?;)7 i=l,"',7 (58)
K.ffls :

v,(tk)zv:(tk_l)-kKG(e,(I,{)—ei(tk_,))«l- - el(t,c) i=1---7 (5.9)

i

where ¢ is the sampling time that was used for the closed-loop simulations. Note
that Equation (5.8) was obtained by direct discretization of the continuous-time I/O
linearizing and decoupling static state feedback control laws that was formulated
from the continuous-time model M2. The real-time digital implementations of the
discrete version of I/O linearizing and decoupling static state feedback control laws
have been demonstrated on several occasions (eg. Soroush and Kravaris, 1993;
Soroush and Kravaris, 1994a; To et o/, 1998b). The digital PI controller in Equation
(5.9) 15 similar to the industrially coded discrete velocity form of PI controller and

t, = kt,.

3

For implementation on the industrial DCS, the sampling time can be
neglected when compared to the closed-loop time constants. However, a sampling
time of 0.02 hr was used in the simulations which was comparable to the closed-loop
time constants of the order of 1x10* hr. Consequently, it was necessary to include

the sampling time in stability considerations for the evaporator closed-loop system.

Consider the /* pair of the /O map of the evaporator models after applying the /O

linearizing and decoupling static state feedback control laws in the Laplace domain,

Yols) |1 (5.10)
vm(s) Bis+ ’:o

where the subscript ‘0’ denotes deviation variable. The PI controller in Equation

(5.9) for the /' /O map can be expressed in the z-domain as,
P

(1_z-')v,(z)=[Kc,(l_z-l)+ﬁ}e,.(z) (5.11)

Ty

T
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Since (l*z")v,.(z)=[l—z”)via(z), the deviation variable of the output of the PI

controller v, can be written as,

v@(z)=(1—_l—_l—j[Ka(l—z_l)+ Kit, :|et(z) (5.12)

z Tn
The PI controller in the z-domain can be transformed to the s-domain by using the

approximating relationship (Seborg et al, 1989),

= x : (5.13)
1+ s
2

By substituting Equation (5.13), Equation (5.12) can be approximated in the s-

domain as,
-1
Go(s)="21) L(H“SJ Kc,‘ss[”'t_sj o >
e (s) s 2 T
By using Equations (5.14) and (5.10), the approximate CLTF 22 ES; ,
yo\s

ym(s) (K +Kt, /20, )5+ K, I T,

(5.15)
() s +(Bo+ Ko+ Kot 127, )54 K, 7,

The above CLTF was used as the basis for the design of the digital PI controllers. It
can be noted from Equation (5.15) that the poles (ie. the roots of the denominator
polynomial) are dependent on the sampling time of the PI controller. Note that, if

t,—0, Equation (5.15) reduces to the CLTF of a first order process with a PI
controiler in the continuous time (Kam and Tadé, 1999d).

5.3.1.1.Tuning of the Design Parameters 3,

In the design of 1/O linearizing and decoupling static state feedback control laws for
the evaporator models, the design parameters were selected such that each of the VO

linear pairs in Equation (5.10) was BIBO stable. This was achieved by specifying

the design parameters such that 4,8, >0, i=1,---,7. Since the evaporator model M2
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was ill-conditioned due to the large condition number of the characteristic matrix (ie.

”C(xo)“m”qxu) l” =13831), the formulation of the I/O linearizing and decoupling static

state feedback control laws was problematic. This was because it required the
inverse of the decoupling matrix A(x) which was in term of the characteristic matrix

C(x) as shown,

)5;1 0 - 0
0 A ..
Ax)=| 0 P 9C(x) (5.16)
0 0 - ﬁ”
The design parameters ﬁ, ﬁ,, were selected such that A(x) was well-
conditioned for inversion. The values for 4, --- @, are given in Table 5.1. The

condition number of the decoupling matrix at the nominal conditions (ie.

A(x,)] ”A(xo)f’” ) was 35.7. Note that the condition number of the decoupling
matrix has been significantly reduced. Thus, I/O linearizing and decoupling control
of ill-conditioned nonlinear processes can be desirable and achievable through the

selection of the design parameters ﬁ', , i=1m.

5.3.1.2.Tuning of the Design Parameters 3,

The values of the design parameters ﬁﬂ s are commonly selected to be | in the

literature on the application of MIMO GLC structure (eg. Kravaris and Soroush,
1990; Montano, ef af,, 1991; Soroush and Kravaris, 1993; To et @/, 1995; To et af,
1998b). However, this choice causes the MIMO GLC structure not to be suitabie for
direct implementation on the industrial DCS. To illustrate this point, consider the PI

controller in Equation (5.6) with g, =1,

v ()= yP(0)+ K (v™ () - 3,00) +—j yZ(0) - y,(1))dr (5.17)

It can be noted from Equation (5.17) that the PI controller requires the error of the
conirolled output. However, it produces an output that is the deviation from the set

point of the respective controlled output. This contradicts the industrial PI controller
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that produces the deviation from the nominal, steady state value of the manipulated

“variable as shown,
Kf
u{)=u?{)+ K, (r#()-y, )+ T—'J;(y:" (1)-y, ()t (5.18)

By selecting every ,6:.0 =1, the MIMO GLC structure can be implemented on the

industrial DCS by using the linear relationships between the manipulated and
controlled variables as suggested by To er af (1998b) in their real-time
implementation on an industrial single stage evaporation system. The linear

relationship used for the conversions are given as follows (To ef al, 1998b),

Pl O
PL ,(h) =221+ [MJ (5.19)
50
_ PIindustrial(QCW) 5 20
PL{p) =120+ O‘T[ﬁwsg%s ] (5.20)

The above conversion relations were constructed around the nominal operating
conditions of the evaporation system. Equations (5.19) and (5.20) simply transform
the outputs of the industrial PI controllers (ie. flowrates of cooling water QOcw and
feed liquor Q) to the outputs of the PI controllers of GLC (ie. liquor density p and
level /). However, the linear transformations may actually limit the performance of
the nonlinear controller since the relationship between the controlled outputs and the

manipulated inputs are in fact nonlinear for the evaporation system.

In designing the nonlinear controller for the evaporator models, the design
parameters f3,’s were selected such that the bias values of the PI controllers of the

MIMO GLC structure and the industrial PI controllers were the same, that is,

Bo=—%, i=1-7 (5.21)
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This was necessary to directly link the I/O linearizing and decoupling static state

feedback control laws to the industrial coded P! controllers without using the linear

transformation. The values of ,'s are given in Table 5.1.

Table 5.1: Design and tuning parameters for MIMO GLC structure.

Design parameters Tuning parameters
éﬂ ﬁ:! Kei =Ky 7; (hr)

yi (hy) 21.8 1 10.0 20.0
s (h2) 12.3 1 10.0 20.0
v3 (h3) 10.8 1 10.0 20.0
vy (he) 9.6 1 10.0 20.0
vs (hs) 13.5 1 10.0 20.0
Ve (T5) 0.01 0.01 0.6 2.50
7 (08) 1.55 10 0.6 3.00

In the simulation, the MIMO GLC structure was implemented in cascade
arrangement with the industrial coded PI controllers as the primary controllers while
the VO linearizing and decoupling static state feedback control laws were the

secondary controllers as shown in Figure 5.2.

Nonlinear Esaporator
Controller Model
r L ‘)
. — R
5 Industrial PI | u :*I State feedback | ",
controller, : coniro] law. .
Equation(5.9) . " ¥m *. Equation (3 .8) : >
3 T I
- |
[
e €x €m
State
Output errors variables

Figure 5.2: Implementation of nonlinear controller on evaporator models.

In Figure 5.2, the nonlinear control structure for the evaporator models can be

interpreted as,
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a) errors of outputs are independently corrected by adjusting the primary inputs
using the primary controller (ie. P1 controllers) without taking into account of
process interactions and nonlinearities, and

b) the primary inputs are then corrected by the secondary controller (ie. Equation

(5.8)) to take into account of the process interactions and nonlinearities.

Since the PI controllers were coded in the velocity form, ie. Equation (5.9), it was

necessary to initialise the PI controllers when the nonlinear controller was switched
on at k=1 . That is, the values v,.(to), i=1,--,7 were required for the PI controllers

in Figure 5.2. To initialise the PI controllers, the values of the state variables x(#)

and the manipulated inputs u(fo) of the evaporator models at the time of initialisation
were used to determine the values Vl(t()) v._,(tn) by using the nonlinear state-

dependent v-u relation as shown,

v(to) = Alx(to)Julto) + B(x(t,)) (5.22)

The initialisation values of the PI controllers, together with the manipulated inputs of
the evaporator model M1, are given in columns 2 and 3 of Table 5.2. All values in
Table 5.2 are expressed in % of the operating ranges of the respective manipulated

inputs #’s that are given in Chapter 4.

Table 5.2: Initialisation values of PI controllers and inputs of model M1.

i vilto), % ufto), %o vilto) with 8, =1, %
1 65.47 65.45 3.00
2 55.42 5538 4.50
3 47.70 47.66 4.50
4 43.28 43.17 4.50
5 41.26 41.08 3.00
6 36.10 37.23 4500
7 52.91 52.92 34.22
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Note that the initialisation values ":(‘o) v,(ro) are comparable to the
manipulated inputs when the nonlinear controller was switched on (e
ul(tﬂ) u7(tﬂ) ). This indicates that one can directly link the industrially coded PI
controllers to the /O linearizing and decoupling static state feedback control laws by
selecting B,.O, i=1---.7 according to Equation {5.21). The discrepancies between
the values are due to model mismatches between model M2 (used to formulate the
/O linearizing and decoupling static state feedback control laws) and model M1

(used as the evaporator model). The extent of model mismatch between models M1
and M2 can be found in Chapter 4. To demonstrate the disadvantage of choosing all
A, =1, the initialisation values of the PI controllers were obtained and are given in
the last column of Table 5.2. Note that the initialisation values are “way off” from
the manipulated inputs (ie. 3 column of Table 5.2). In fact, the initialisation values
were the set points of the controlled outputs. The results can also be visualised from

Equation (5.17) by setting the output errors to zeros. Therefore, by choosing all
[;jﬂ =1 will cause the industrially coded PI controller not to be initialised properly

(ie. it will not be in the range of the manipulated inputs).

5.3.1.3.Tuning of PI Controllers

The tuning parameters for each of the PI controllers were selected based on the
characteristic equation in Equation (5.15) and a sampling time of 0.02 hr to ensure
closed-loop stability while giving satisfactory tracking and regulatory control
performance of the simulated evaporator closed-loop system. For the evaporator
models, the tuning parameters of the PI controllers of the MIMO GLC structure were
chosen to be the same as those of muiti-loop PI control scheme in Chapter 4. The
tuning parameters are given in Table 5.1. The closed-loop poles of the CLTF in
Equation (5.15) are given in Table 5.3. Note that all poles have negative real parts.
This indicates that the overall closed-loop system of the evaporator model under the

MIMO GLC structure, with the selected design and tuning parameters, was stable.

It should be noted that all the PI controllers in Table 5.1 are reverse acting (ie. the
controllers have positive gains) which are different from those used in multi-loop P1
control scheme that are given in Chapter 4. This is due to the changes in the process

gains after /O linearization and decoupling of the evaporator models. For example,
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the dynamics between the external inputs and the controlled outputs after /O

linearization and decoupling are given by Equation (5.5). Each of the I/O pairs has a
positive gain since both design parameters are positive (i€. ﬁ]ﬁ;o >0, i=1,---,7).

Hence, reverse acting SISO PI controller is required for each of the I/O pairs.

Table 5.3: Closed-loop poles of the evaporator under MIMO GL.C structure.

5! P2
1 (hy) -31.813 -0.016
() -22.300 -0.022
y3 () -20.581 -0.024
Va (ha) -19.608 -0.026
ys (hs) -23.748 -0.021
Ye (15) -60.653 -0..396
v7 (1) -0.107+0.09i -0.107-0.09:

5.3.2. CLOSED-LOOP SIMULATIONS OF THE EVAPORATOR MODELS

Three scenarios of closed-loop simulations were performed. The first scenario was
to investigate the servo control performance of the nonlinear controiler by
introducing a set point step change of +5% in the liquor density of FT #4. The
second and third scenarios were to examine the regulatory control performance of the
nonlinear controller. In the second and third scenario, an unmeasured disturbance
step changes of +2 m’/hr in the liquor feed rate (Qy) and -15% in the products of the
overall heat transfer coefficient and heat transfer area (UA) of the heaters,
respectively, were introduced at time /=0. Note that the disturbances in the second
and third scenarios are realistic and are common due to variation in the throughput of
the upstream unit and fouling in the heat transfer surface areas of the heaters,

respectively.

For each simulation scenario, three cases are presented as shown in Table 5.4. The
first case employs multi-loop SISO PI controllers, with tuning parameters given in
Chapter 4, as the control scheme for the evaporator model M1, while the second case

employs the nonlinear controller to achieve the control objectives of evaporator
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model M2. The third case investigates the robustness of the MIMO GLC on the
evaporation system by using model M1 for generating the state trajectories of the
evaporator. Note that model M2 was used for the devetopment of /O linearizing and
decoupiing static state feedback control laws in cases 2 and 3. It is acknowledged
that the model uncertainties used for the robustness study (ie. case 3) are limited in
practice. However, it is considered to be adequate for the purpose of general
robustness study of the nonlinear controtler. Furthermore, to the author’s best
knowledge, robustness study using two different process models for the evaporator
have not been reported in the literature. Note that case 2 was simulated to provide a
benchmark for comparison with case 3 so that the extent of control performance
deterioration due to model uncertainties can be quantified. For the closed-loop
stmulations under the nonlinear controller (ie. cases 2 and 3 of all simulation
scenarios), all the state variables of the evaporator were assumed to be available for

feedback to the [/O linearizing and decoupling static state feedback control laws.

Table 5.4: Cases for each simulation scenario of the evaporation system.

Case Control Structure Evaporator Model
1 Multi-loop SISO PI scheme Model M1
2 MIMO GLC structure Model M2
3 MIMO GLC structure Model M1

The closed-loop responses are given in the following sub-sections. For each
simulation scenario, the results of all cases in Table 5.4 are plotted in the same
figures such that qualitative assessments of the performance of the controllers can be
easily compared. It should be noted that the outputs (ie. the controlled and the
internal variables) and the manipulated inputs in the figures are scaled according to
those used in Chapter 4. The quantitative assessments of the controllers are provided

in section 5.3.3.

5.3.2.1.Closed-loop Responses: Scenario 1

The closed-loop responses of the controlled outputs of scenario 1 are given in Figure
5.3. The responses of the manipulated inputs and the infernal variables are given in

Figures 5.4 and 5.5, respectively.

5-14



Nonlinear Control of a Simulated Industrial Five-effect

Evaporator
2) Resprse of liguar esels (FT41) B Fexporse ol Thgar bevels (¥T62)
1% ¢ ey
'10“’_ SR ! ‘ JRA— ﬂ.ﬂ'bw,‘_ £ R §
. - _ I : -
- - & LPo t -
SN - = N : ot
cae 3 wme? - . i .10%15 cage 2 -
x5 A
; £ | 7
easel 5 Al + &
£ i Jease |
! EY o
. &0% L
0 10 k) 0 20 0 @ n 0 1 » 30 20 0 &0 L
Tame (hr) Tae ()
<) Res porse of L lenads (FT43) & Respovese of liquar levels (FT#4)
t S T - I b
L% T 0Ps I A ke -
Q0P +- T = L \ T
5 et \ e e - & 2Pat ,  cme2 wed -
5 : S g -. -
= 20% case3 M - = -3Po i . -
g o camse? 5 ;
5 -m.-..I & -um.I
= L < s .7 casel
3 -Pe- emel g s
= _s%+ # # = 40 T Y 3
AP T k Pt
P - /0 <
] )] 2 £ 40 0 ] 0 [} 0 x X 0 50 0 n
The¢hr) Tine (h)
006 7
, F 00P-
z 5 aoee
-s (3
5 5
F § Qs
X aare
001% -
b)) 0 10 20 » 0 50 & 0

Figure 5.3: Closed-loop responses of the controlled outputs (scenario 1).
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5.3.

5-16



Nonlinear Control of a Simulated Industrial Five-effect
Evaporator

a) Product SBowal FE #1 't Product fioveof FT42
&P ~

6590 1

&30P .
£ pame- N
-3 B

case |

&5 -
@0 -

< Product Bowol FT34

£) Sieamraie w HT #4

Figure 5.5: The manipulated inputs that correspond to the responses of the controlled
outputs in Figure 5.3.

It can be seen, by comparing the transient responses in Figure 5.3(g), that the MIMO
GLC provided a smoother set point transition for the liquor density in term of faster
transition time and less overshoot. Furthermore, the nonlinear controller provided

complete decoupling control to other controlled outputs while tracking the liquor
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density set point. This can be visualized from the responses of cases 2 and 3 in
Figure 5.3(a), (b), (c), (d), (e) and (f) that they are relatively undisturbed (ie. no
transient responses). The slight transient responses of case 3 in Figure 5.3(a), (b) and
(f) were due to the presence of model uncertainties between the nonlinear controller
model (ie. model M2) and the evaporator model M1 as discussed in Chapter 4. The
extent of model uncertainties between the two models can further be appreciated
from the responses of the manipulated inputs of cases 2 and 3 in Figure 5.5. It 1s
evident that there were uncertainties in the model dynamics and the model gains as

there are significant differences in the transient and ultimate responses.

The stability of the internal variables of the evaporator models can be examined from
the closed-loop dynamics of the internal variables in Figure 5.4. It can be noted that
the liquor temperatures for case 2 remain unchanged, while they increase as the
liguor densities increase for case 3. This is primarily due to the assumption that
liquor BPEs were assumed to be constant for model M2, while they were dependent
on the liquor densities for model M1. It can be seen that the internal variables were
stable including case 3, considering the extent of the model uncertainties between the

controller model and the evaporator model.

5.3.2.2.Closed-loop Responses: Scenario 2

The closed-loop responses of the controlled outputs of scenario 2 are given in Figure
5.6. The responses of the manipulated inputs and the internal variables are given in

Figures 5.7 and 5.8, respectively.
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Figure 5.6: Closed-loop responses of the controlled outputs (scenario 2).
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Figure 5.8: The manipulated inputs that correspond to the responses of the controlled
outputs in Figure 5.6.

It can be seen that the nonlinear controller provided superior rejection capability to
the unmeasured step change in Oy than the multi-loop PI controllers. This can be
seen from Figure 5.6 that the disturbance to the controlled outputs of cases 2 and 3

are insignificant when compared to those of case 1. The disturbance in the level of
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FT #1 was because the disturbance in )y was unmeasured. Consequently, MIMO
GLC could not compensate the disturbance until the level was affected. The
multivariable control nature of the MIMO GLC is evident from Figure 5.6. Unlike
the multi-loop SISO PI control scheme where the disturbances ‘propagate’ to other
controlled outputs, the controlled outputs of cases 2 and 3 remained relatively
undisturbed under the nonlinear control structure. Note that the small disturbance in
the liquor density of FT #4 (ie. Figure 5.6(g)) was due to the presence of model
uncertainties. When comparing the controlled outputs of cases 2 and 3, it can be
noted that there was no significant deterioration in the performance of the MIMO
GLC indicating that the nonlinear control structure is able to deliver robust
regulation for the uncertain evaporator model M1. The superior regulatory
performance of the nonlinear control structure was attributed to the fast responses in
the control inputs that can be seen from Figure 5.8. While the responses of the
manipulated inputs under the MIMO GLC were aggressive (ie. fast initial responses),
their overall transient responses were smoother than those under multi-loop SISO Pi

control scheme (fast settling to their ultimate responses).

It can be seen from Figure 5.7 that the closed-loop dynamics of the infernal variables
were stable under the nonlinear control structure. Note that the liquor temperature of
FT #1 for case 2 (ie. Figure 5.7(e)) decreases significantly. This was due to the
uncontrolled removal of the flashed vapour from FT #1. It can be shown that this
situation can be resolved by considering the liquor temperature of FT #1 as an
additional controlled variable with the cooling water to the contact condenser as the

additional manipulated input.

5.3.2.3.Closed-loop Responses: Scenario 3

The closed-loop responses of the controlied outputs of scenario 3 are given in Figure
5.9. The responses of the manipulated inputs and the internal variables are given in
Figures 5.10 and 5.11, respectively. It should be noted that the closed-loop responses
of case 2 are not given since step changes in the {/4’s have no effects on model M2

(because it does not include U/A’s).
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Figure 5.10: Closed-loop responses of the internal variables, corresponding to Figure
5.9.
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Figure 5.11: The manipulated inputs that correspond to the responses of the
controlled outputs in Figure 5.9.

It can be seen from Figure 5.9 that MIMO GLC provided superior rejection in the
unmeasured step changes in the {/4’s than the multi-loop PI controllers. The
superiority in the disturbance rejection of the nonlinear controller was attributed to

the fast responses of the manipulated inputs as shown in Figure 5.11. It can be seen

5-25



Nonlinear Control of a Simulated Industrial Five-effect

Evaporator

that the nonlinear controller provided stable closed-loop system for the uncertain
evaporator model M. The internal dynamics, as shown in Figure 5.10, were stable
under the MIMO GIL.C.

5.3.3. QUANTITATIVE ASSESSMENT OF THE CONTROLLERS

This section provides the quantitative results of the performances of the controller in
terms of the ITAE of the controlled outputs. The ITAE of the controlled outputs are
given in Table 5.5. The ITAE for the controlled outputs were calculated based on 70

hours of simulation time.

Table 5.5: Calculated ITAE of the controlled outputs.

Scenario 1 Scenario 2 [ Scenario 3
1 2 3 1 2 3 1 2 3
) 28150 0.039 0693 | 34.050 5652 5544 4.566 - 0.309
h, 38287 0017 0.605] 23251 0018 0012| 6.096 - 0.257
hs 50.009 0.000 0.106| 25397 0000 0016 6648 - 0.037
hy 57052 0.000 0.063| 27.815 0000 0011 9780 - 0.026
hs 92876 0.003 0477| 48.124 0.003 0.009 | 19.394 - 0.003
T 0.103 0.000 0.007 0.299 0.000 0.001 | 0.141 . 0.002
Di 6.932 3294 3452| 9850 0.000 0057 1449 - 0.144

It can be noted, by comparing the values of the ITAE of cases 1, 2 and 3, that MIMO
GLC provided superior servo (ie. scenario 1) and regulatory (ie. scenarios 2 and 3)
control performance to the multi-loop SISO PI controllers. For example, the values
of the controlled outputs under multi-loop PI controllers are significantly larger than
the ITAE of the controlled outputs under MIMO GLC, as can be seen from Table 5.5

for each scenario.

The deterioration in the control performance of MIMO GLC due to the presence of
model uncertainties can be quantified by comparing the 2™ and 3" columns for the
1" and 2™ simulation scenario in Table 5.5. As can be seen from Table 5.5, the
performance of MIMO GLC deteriorated in the presence of model uncertainties.
Nevertheless, the control performance of MIMO GLC on the uncertain model M1
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was robust and superior to those of multi-loop SISO PI controllers. It should be
noted that, for the case of perfect modelling (ie. case 2 for scenarios 1 and 2), the
values of the ITAE for all controlled outputs should have been zeros except for the A
for scenano 2 and p; for scenario 1. The non-zero values for 4 and py were due to
the coupling of the unmeasured disturbance in (O and the set point transition,
respectively. The non-zero values for other controlled outputs were due to the
incorrect initial conditions of model M1 that were used in the simulation (ie. initial
conditions were slightly different from the steady state values). The errors in the
initial conditions were purposely introduced to examine the robustness of MIMO

GLC when the closed-system was incorrectly initialised.

54. CONCLUSIONS

Nonlinear control of the evaporator models has been investigated. The nonlinear
control structure was MIMO GLC structure that is composed of an I/O linearizing
and decoupling static state feedback control laws and multi-loop SISO PI controllers.
In the simulation study, the evaporator model M2 was used for the design of 1/O
linearizing and decoupling static state feedback control laws. However, due to the ill
conditiomng of model M2, the design of the nonlinear controt laws that decouple the
original nonlinear evaporator model posed a difficuit problem. This problematic
situation was solved by proper selection of a set of design parameters that scale the
matrix elements of the characteristic matrix of model M2, therefore improving the

inversion condition of the decoupling matrix.

A method was also proposed for implementation of MIMO GLC in industrial DCS
for the evaporation system. The proposed method led to the cascade arrangement of
the industnal PI controllers with the I/O linearizing and decoupling static state
feedback control laws. In this arrangement, the industrial PI controllers perform
corrective actions to compensate the output errors independently, while the /O
linearizing and decoupling static state feedback control laws perform adjustments on

the inputs in order to cancel the process interactions and nonlinearities.

The control performance of MIMO GLC structure was compared to multi-loop PI

controllers that are being used for the regulation of the industrial evaporation system
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on-site. The simulation results showed that MIMO GLC delivered superior servo
and regulatory control performance than multi-loop P{ controllers. The robustness
study of the MIMO GLC on the evaporation models was also performed. The
simulation results indicated that MIMO GLC structure delivered good servo and
regulatory control performance despite the presence of the significant model

uncertainties.
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Input-output Linearizing Control of an Industrial
Evaporation Simulator

6.1. INTRODUCTION

Mathematical modelling and simulated control studies of the multiple-effect
evaporation system of the liquor burning process associated with the Bayer process
at Alcoa’s Wagerup alumina refinery have been presented in Chapters 4 and 5.
Simulation results given in Chapter 5 indicated that the MIMO GLC structure ts
superior to the existing multi-loop SISO PI controllers for regulatory and servo
control of the evaporator. It was also shown that the MIMO GLC structure is robust
against model uncertainties, either dynamic or parametric, for the evaporation
system. This chapter presents the implementation of the MIMO GLC scheme on the
real-time simulator of the industrial evaporation system of the liquor burning facility

at Alcoa’s Wagerup alumina refinery. The purpose of this chapter is two folds:

1. Re-solve practical issues, and hence to demonstrate the practicality, in

implementing differential geometric controller on industrial scale processes.

2. To illustrate the advantages of nonlinear control for the multi-effect evaporation

system in mineral processing industries.

Section 6.2 presents an overview of the evaporator system simulator and its use for
the liquor burning facility at Wagerup alumina refinery. Qualitative comparisons
between the controller model M2 and the simulator are given in Section 6.3. In
Section 6.4, the nonlinear controller for the simulator and its implementation are
presented. The existing linear control scheme for the evaporator, to which the
control performance of the nonlinear controller is compared, is presented in Section
6.5. In Section 6.6, results from the implementation trial on the simulator are
presented. The control performances of the nonlinear controller and the existing
linear control scheme are compared for an unmeasured step change in the liquor feed
tate to the first stage of the evaporator system. Concluding remarks for the

implementation trials are given in Section 6.7.

6.2. THE EVAPORATION SIMULATOR

The simulator is created by a group of connected basic unit operation modules from

SACDA’s module library to bear a one-to-one correspondence to the liquor burning
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facility at Alcoa’s Wagerup alumina refinery. Similar to the on-site evaporator
system, the evaporation stage of the simulator consists of a falling film effect, 3
forced circulation effect and a super concentrator. A stand-by super-concentrator is

also available. The assumptions made or that are taken into consideration include,

¢ The vessel exhibits uniform temperature distribution throughout the wall material.

* Contents in the vessels contain well-mixed material at physical equilibrium.

A soluble component can be dissolved in liquid and cannot change phase.

*

Solids components are considered totally soluble in liquid.

The evaporation stage of the simulator exhibits the actual process dynamics that are
expected when operating the evaporation system on-site. In the flash tank, the liquor
is fed from the heater and boils due to the lower pressure. During this process of
steam vaporising, some water droplets and some solids are “entrained”. These water
droplets are collected and fall back into the vessel, while the steam given off rises to
the top of the flash tank and is used in the next heater downstream., The steam
condensate is collected in a flash pot. Another example of the evaporation process
dynamics that are reflected by the simulator is the dynamics of the falling film effect.
In the falling film effect, the feed liquor is pumped to the top of the heat exchanger,
which is mounted on top of the flash tank, and distributed across the tube plate. The
liquor flows fully in the heater tubes (ie. tubes are full of liquid) at low rate and in a
thin film which allows for very efficient heat transfer. Due to the low velocity of the

liquor flow, plugging and fouling may be encountered at high liquor concentration.

Each effect in the simulator is modelled by a combination of pressurised vessel
modules, heater modules, thermal capacitance modules and valve modules. The
flash tanks and flash pots are modelled by using the vessel modules for simulating
their volumes, and thermal capacitance modules to simulate the metal mass of the
vessels and heat losses to the environment. Each heater in the simulator is modelled
by using a combination of a vessel module for the shell side, a heater module for the
tube side and a thermal capacitance module for the metal mass of the heater. The

heater module is also used to model the heat transfer between the tube and shell side
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of heater and the heat loss to the environment. The heater exhibits the following

dynamics,

I. For the tube side, the higher the liquor flow in the tube, the higher the heat
exchange. The higher the liquor concentration is, the lower the heat exchange
due to the fouling of the surface area.

2. For the shell side of the heater, the higher the steam flow is, the higher the heat
exchange. The higher the condensate level is, the lower the heat exchange due to

the decrease of the steam space in the shell.

The above process dynamics are realistic to those of the on-site evaporation system.
Other process characteristics that are included in the evaporation simulator is the
boiling point of the liquor changes as a function of the concentration of the solubie

components in the liquid (ie. liquor concentration).

Similar to the liquor burning facility on-site, the simulator is connected to and
operated through a Honeywell DCS. The simulator has been used extensively for
control room operator training and, studies of control techniques and tuning of
controllers on the evaporation system. One example of use of the simulator was the
tuning of controllers before the actual evaporation system was commissioned on-site.
This led to minimal on-site tuning and satisfactory operation was achieved once the

evaporation system was commissioned.

6.3. THE CONTROLLER MODEL VERSUS THE SIMULATOR

Chapter 4 has presented two evaporator models, M1 and M2, for evaporation stage
of the liquor burning facility at Alcoa’s Wagerup alumina refinery. The evaporator
models have been developed on the basis of several assumptions. It has been shown
that both evaporator models differ significantly from the open loop and closed-loop
simulation studies in Chapter 4 and Chapter 5, respectively. Evaporator model M2
has been used as the basis for the formulation of the nonlinear state feedback control
laws. This section provides the qualitative distinctions (ie. discrepancies) between
the evaporator model M2 and the evaporator system of the simulator in Section 6.2.
The comparisons are made based on their assumptions and the process dynamics that

have been taken into consideration for their development. Note that only
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comparisons are made between the simulator and model M2 since model M2 is used
for the nonlinear controller design. This allows the qualitative assessments of the
model mismatch between the model and the plant (ie. the simulator). Consequently,

comparisons between model M and the simulator would be meaningless.

Comparisons of some of the characteristics between evaporator model M2 and the
evaporation section of the simulator are given in Table 6.1. It can be seen from
Table 6.1 that therc are significant discrepancies between the simulator and the
evaporator model M2. The simulator is clearly more realistic to the actual
evaporation system on-site than model M2 as more considerations of the possible
process dynamics of the evaporation system have been taken into account. For
example, the transient heat transfer phenomena in the heaters are taken into account
by the simulator (ie. accumulation of the condensate, hence the steam space, in the
shell side of the heater that affect the heat transfer between the tube and shell sides).
It can be noted from Table 6.1 that mismatches between the simulator and model M2
are due to the complex heat transfer phenomena within the heaters that have been

taken into consideration in the simulator development.

Table 6.1: Characteristics between model M2 and the simulator

Charactersitics Model M2 Simulator
Effects of falling film on rate of heat X Y
transfer in HT #1
Effects of recycle rates on heat transfers in X Y
the heaters
Rate of heat transfers are affected by fouling X y
in the tubes of heaters
Shell side heat transfer is affected by steam X 7
space in the heater
Liquor boiling point elevations dependent x y
on the liquor densitis
Process is adiabatic v X
Flash pot dynamics are included X v
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6.4. NONLINEAR CONTROLLER FOR THE EVAPORATION
SIMULATOR

In this section, the design of MIMO GLC structure (Kravaris and Soroush, 1990) and
its implementation trial on the simulator is presented. In Chapter 5, the nonlinear
algebraic equations, derived using /O linearization technique, were derived for the 7
inputs (ie. Opy, Opy, Ops, Ops, Ops, mg, and ;) of the evaporation system. The
vapor withdrawal rate s, ; has unit of ton/hr. In the simulator, the vapour pressure

in FT #5 is used as the feedback signal for a controller to manipulate the valve
opeming in the vapour withdrawal line to the direct condenser. The amount of
vapour need to be withdrawn, in ton/hr, is not physically measured or achieveable.
Consequently, the nonlinear algebraic equation for the vapour flow is invalid and the
nonlinear controller is only designed for implementation on the first four stages of
the simulator. This led to SISO PI control of the super-concentrator during the
implementation trial on the simulator. Consequently, comparative studies between
MIMO GLC and the multi-loop PI control scheme on-site can only be done on the

basis of the first four stages of the evaporation system.

The nonlinear differential equations for the first four stages of model M2 are used

for the design of the nonlinear state feedback control laws with state the vector as

shown,
T
x=[h1h2h3h4p4p1p2p3TlET37;] ' (6.1)

The state-space model in the above coordinate is given as,

B ] r-fl(x)" _gn(x) glz(x) 0 gH(X) gli(x)_
h, 0 & (x) En (x) 0 Ex (x) g1s (x)
A 0 0 & (x) &3 (x) 0 g3s (x)
h, 0 0 0 g43(x) gu(x) E4s (x) ’-O .
e 0 0 0 &s3 (x) Ess (x) &ss (x) (:jm
415 AW gal) gald) 0 ) ga(d)|| ) (6.2)
dr| I 0 gn (x) En (x) 0 En (x) &8s (x) ;;3
T 0 0 Ex (x) Eg3 (x) 0 Ess (X) ’-.-?;m
T, 0 0 0 8o (x) &9 (X) 8os (x) -
ol S (x) o (x) g (x) 0 g (x) &los (X)
£ 0 gm(x) guz(x) 0 gln(x] gus(x)
LPs J LU B g (X) &1 (x) 0 115 (x)_
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Since the outputs are also the state vaniables (ie. y; = &, = x; etc) and each output has
a relative order of 1 (refer to Chapter 4), it can be shown that the characteristic

matrix is given as,

-gn(x) glz(x) 0 314(3) glj(x)_
gll(x) gzz(x) 0 g24(X) gzs(x)

C(x)‘_' 0 &1 (x) g33(x) 0 8is (x) (6.3)
0 0 £a (X) S (x) g45(x)
0 0 & (x) Es4 (x) &8ss (x)

It can be shown that characteristic matrix in Equation (6.3) has full rank at the
nominal operating conditions of the evaporator that are given in Chapter 4. The
condition number of the characteristic matrix at the nominal operating conditions
can be found to be 149.3675. Note that the condition number has significantly
reduced when compared to the 7x7 system in Chapter 5. This indicates that the
condition for inversion (ie. decoupling) was improved significantly by considering

the reduced-order system for the synthesis of the nonlinear controller.

The nonlinear state feedback control laws and the back-transformation equations for
the evaporator were obtained in term of nonlinear algebraic equations using MAPLE
procedure io in Chapter 3. The equations can be found in Kam and Tadé (1998).

The design parameters for the nonlinear state feedback control laws are given in

Table 6.2. Note that the parameters ﬁm’s were selected based on the design

equation given in Chapter 5, while the parameters /3’,.1 ’s were selected to be the same

as those in Chapter 5. Tunings of the PI controller parameters were performed once
the nonlinear control structure was implemented into the local control network

(LCN).
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Table 6.2: Design parameters of MIMO GLC for implementation

Output ,é, Bii
h 21.8 1
h; 12.3 1
3 10.8 1
hy 9.6 1
Ds 1.55 10

6.4.1, IMPLEMENTING THE NONLINEAR CONTROLLER

Chapter 5 showed that implementation of MIMO GLC structure can be carried out
by appending the nonlinear state feedback control laws to the industrial PI
controllers. The nonlinear algebraic equations for the nonlinear state feedback
control laws and the back-transformation equations were first loaded into the
application module (AM) of the LCN using the control language (CL). The
implementation was designed by Alcoa personnel and its structure within the LCN is

given in Figure 6.1.

Implementation structures for other outputs are given in Appendix C. In Figure 6.1,
the level controller LCFT12 in the LCN sends the set point (SP) and the measured
value (PV) of level in FT #2 to the level controller in the AM (ie. LCFT12A). The
control algorithm of LCFT12A is PID as designated by “CTL=PID” in the LCFT12A
block. The output of LCFT12A goes to the nonlinear transformation point in the AM
(ie. FYFT12NL) from where the liquor product flow of FT #2 is computed and sent
as SP to the flow controller FCLTP12. The point FYFT12NL also receives
information from other points in the LCN such as the liquor temperature indicators
(te. TILR112, TILFT12, TILFT13 and TILFT14), the liquor density indicators and
controller (ie. DIFL11, DIFL12, DIFL13 and DCLTC), the liquor level controllers
(ie. LCFT11, LCFT12, LCFT13 and LCFT14) and the flow controllers (ie. FCLTP11,
FCLTP12, FCLTP13, FCLTP14 and FCSH134). The descriptions of the points
within the LCN and other implementation structures are given in Appendix C. The
point FYFT12NL is composed of two algorithms written in CL. They are FIFT12NL
and F2FT12NL for executing the back-transformation and the nonlinear state
feedback equations during initialisation and after initialisation of the nonlinear

transformation point for the level of FT #2, respectively.
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In the actual plant situation on-site, the liquor densities of the first three stages (ie.
Pi, P2 and p;) are not measured and the implementation of MIMO GLC structure
would require the unmeasured liquor densities to be estimated on-line. The situation
of the unmeasured liquor densities is also reflected in the simulator. However, for
the purpose of the implementation trial, three additional points (ie. DIFL11, DIFL12
and DIFL13) have been defined in the simulator to capture the liquor densities for

feedback to the nonlinear state feedback control laws.

Flash Tank Levels Flash Tank Temi
Lc .
FT
12
P :
&
PV
y
LCFTI2A CDS: Fi_Lvt
FT 12 Level Cti
PV = DATAACQ
CTL = PID
Manipulated Yariable Flows .
l Y
FYFTIZNL :
SP via COC_-; Noo-linear level control converier !
PV = Daascy — '
Gl |
CL: FIFTI2NL @ CH_Alg(1)
€Ds: MAX MV F2FTIINL @ GH_Alg(2)
CDS: MIN_MV ODS Package = P_48ENLC
SP via COC
FT 12 Transfir Flow Kvagorup 43 nor-linesr control SAMA|
=MY) Flash Tank 12 Level Gontrol section
Designed by Grabam Lz Page
Version 1.0
9%

Figure 6.1: Implementation structure for level of FT #2 of the evaporation system.

6.4.2. TUNING THE NONLINEAR CONTROLLER

Tuning of the nonlinear controller involved trial and error tuning of the PI controllers
in the AM. The simulator “wakes” up with the operating conditions of the
evaporator system at steady states. The parameters of PI controllers in the AM were

set equal to the settings of the existing regulatory controllers (see Appendix C). A
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step change of -5 kl/hr in the liquor feed rate to the first stage of the evaporator was
introduced. After 24 hours, continuous cycling was observed in each of the output
responses with 1 cycle per 6 hours (see Appendix C). The final PI settings that
provided convergence of the outputs for the nonlinear controller are given in Table
6.3. It should be noted that these settings are no way near their optimal values. If
optimal settings were required, considerable time would be required for tuning. This
could take more than a week since the simulator was required to run in “real time” to
make sure that the process dynamics were handled correctly by the AM. For
example, one hour of simulation time would require on¢ hour of clock time. As can
be seen from Appendix C, one would have to wait for at least 12 hours to observe the

effects of tuning.

Table 6.3: Parameters of the de-tuned PI controllers.

Controller K (%/%) 77 (minute)
LCFTI1A -2.5 75
LCFTI2A 2.5 75
LCFTI3A 2.5 75
LCFT14A -2.5 75
DCLTCA -0.5 90

6.5. THE LINEAR CONTROL SCHEME

The simulator “wakes” up with multi-loop SISO linear controllers as the default
regulatory control scheme for the evaporator. The linear control scheme is

summarised in Table 6.4.

Note that two levels cascade control was used for the liquor levels while three levels
cascade control was used for the liquor density of FT #4. For the level control, the
level controller (eg. LCFT11) receives input defined as PV minus its SP (ie. PV-SP)
and sends a SP to the flow controller (eg. FCLTP11) that manipulates the speed of
the variable speed pumps based on the difference between its PV and SP. The
density controller (ie. DCLTC) sends a SP to the temperature controller of the liquor
outlet stream of HT #4 (ie. TCLOH14). The temperature controller then sends a SP
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to the flow controller (ie. FCSH134) that manipulates the valve on the steam line to

HT #3 and HT #4. The tuning parameters for the controllers are given in Table 6.5.

Table 6.4: Existing regulatory control scheme of the evaporator.

Output Control Scheme
h LCFT11 — FCLTP11
A LCFT12 — FCLTP12
b3 LCFT13 — FCLTP13
g LCFT13 - FCLTP13
Ps DCLTC — TCLOH14 — FCSH134

Table 6.5: Tuning parameters for linear control scheme.

Controller K¢ 7; (minute) 7p (minute)
LCFT11 5.0 75 -
LCFT12 5.0 75 -
LCFT13 5.0 75 -
LCFT14 5.0 75 -
DCLTC -1.0 25 6.25

TCLOH14 -3.0 15 3.75

All the controller settings, except for DCLTC and TCLOH14, in Table 6.5 are being

used on the actual plant on-site.

The three levels cascade control for the liquor

density was suggested for start-up of the plant. However, its use was discontinued

after the plant was commissioned due to one reason or another. Consequently, the

comparison of the control performance of liquor density between the linear and

nonlinear scheme was secondary, while for the liquor level control was primary in

this exercise.

Note that, in Table 6.5, the PI actions of the level controllers for the linear and the

nonlinear control schemes are opposite. The reason for this is due to the changes in

the signs of the process gains after I/O linearization as explained in Chapter 5.
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6.6. COMPARISONS OF CONTROL PERFORMANCES

A step change of —5 kl/hr in the liquor feed rate was introduced to test and compare
the disturbance rejection capabilities of the linear and nonlinear control schemes.
The closed-loop responses of the controlled outputs are depicted in Figure 6.2. It
should be noted that the values on the y-axes of all the figures given are the actual
values of their respective variables, instead of the deviation variables. In can be
clearly seen that the nonlinear control scheme outperformed the linear control
scheme in rejecting the unmeasured disturbance in the feed flow. As can be seen in
Figure 6.2, the disturbances on the liquor levels and the liquor densities are
significantly smaller under the nonlinear control scheme. Note that the disturbances
in the liquor levels of FT #2, #3 and #4 are less than £0.5% and this magnitude of
disturbances is not significant from operators point of view since these disturbances
are not visible to them on the LCN display. The settling times for the outputs under
the nonlinear control are much faster when compared to those of linear control. For
example, the liquor level of FT #1 settles back to within 1% of its SP within 1 hour.
Whereas, for linear control, no sign of the level settling back to its SP even after 3

hours.

The multivaniable control nature of the nonlinear control is clearly seen from the
output responses in Figure 6.2 where the liquor level of the upstream flash tank is
relatively not affected by the disturbance in the liquor level of downstream unit. For
example, untike the linear control where the disturbance in the liquor level
“propagates” upstream, the magnitudes of the disturbance in the liquor levels are
reduced. Figure 6.3 shows the responses of the flows of the liquor from the flash
tanks and flow of steam to the heaters. It can be noted that the changes in the liquor
flows under the nonlinear control are “synchronised” (ie. the changes occur at the
same time) while delays in the changes in the liquor flows under the linear control
are noticeable. Furthermore, the liquor transfer pumps were required to do more
work under the linear control than the nonlinear control as can be seen from the non-

stabilising responses in the liquor flows under the linear control.

In the implementation test, the steam flow controller FCSH13 of HT #3 was set to

“AUTO” with SP set to 7.8 ton/hr (this is indicated as a straight line in Figure 6.3f.
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It is clear that nonlinear control provided a lesser amount of disturbance to the steam

flow to HT #3 than linear control.

Also, the control action on the steam valve

required by the nonlinear controller was better when compared to those under the

linear control (ie. no significant overshoot in the control action).
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Figure 6.2: Closed-loop responses of the controlled outputs.
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6.2.

The responses of the liquor temperatures and densities under the nonlinear and linear
control schemes are given in Figures 6.4 and 6.5, respectively. It can be seen that the
nonlinear control provided more stable liquor temperature and density responses to

the disturbance in the liquor feed rate in terms of fast stabilization dynamics.
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6.7. CONCLUSIONS

MIMO GLC has been applied to the evaporation section of the simulator for the
¢vaporation section of the liquor burning facility of the Byear process at Alcoa’s
Wagerup alumina refinery. The implementation design for the nonlinear control
structure was similar to three levels cascade control structures. The implementation
design was termed to be simple and easy to “follow” due to its similarity with the
cascade control designs. The only unusual operation that was encountered during
the implementation trial was that the actions of the PI controllers of nonlinear
control scheme for the levels were opposite to those of linear control. In the case of
linear control, the PI actions were direct acting while in the nonlinear control case,
the PI control actions were reverse acting. However, the required changes in PI
control actions were easily overcomed by simply switching their control actions
within the LCN. Tuning of the P controllers for the nonlinear control scheme was

done in the traditional way, i¢. trial and error tuning.

Tests on the nonlinear control and the existing linear regulatory control schemes on
the evaporation stage of the simulator was performed by introducing an unmeasured
step change in the liquor feed flow to the first stage. Results showed that the
nonlinear control scheme provided superior regulatory control to the evaporator than
the existing linear control scheme. The disturbances on the outputs and their settling
times were significantly reduced and increased, respectively. In addition, the control
actions of the nonlinear control scheme were more satisfactory when compared to
those of linear control scheme. Furthermore, the nonlinear control scheme also
provided fast stabilization of the liquor temperatures and densities that were infernal

variables of the evaporator, ie. state variables that were not controlled.

Overall, the implementation trial has demonstrated the practicality of implementing
differential geometric control technique in industrial control practice and its
superiority in delivering high control performance on industrial scale process with

high nonlinearities and interactions such as the evaporator.
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Nonlinear Output Feedback Control of an Industrial
Evaporation System

7.1. INTRODUCTION

Simulation and implementation studies of nonlinear controller based on I/O feedback
linearization of the multiple stage evaporator system have been treated in Chapters 5
and 6, respectively. In the previous studies, all state variables of the evaporator
system were assumed to be available for state feedback.  Simulation and
implementation results demonstrated that the MIMO GLC compare favourably to the
multi-loop SISO PI control scheme. However, the nonlinear state feedback control
laws cannot be implemented on-site since not all of the states of the evaporation

system are measured on-line for state feedback due to one reason or another.

In view of the lack of on-line information on the process states, state observer is an
important alternative for estimating the unmeasured states by using the readily
available process measurements. Their importance and applications in nontinear
process control have been reported (Soroush, 1998). In recent literature, numerous
methods of state observer-based nonlinear controller design have been reported (eg.
Tatiraju and Soroush, 1997; Kurtz and Henson, 1998b; Kapoor and Daoutidis, 1999).
In particular, the reduced-order observer has found numerous applications in the
design of nonlinear output feedback controllers (eg. Daoutidis and Kravaris, 1992a;
Daoutidis and Kravaris, 1994; Daoutidis and Christofides, 1995, Garcia and
Dattellis, 1995; Soroush, 1997). The main feature of the reduced-order observer for
state estimation is its simplicity in design and implementation.  Real-time
implementations of nonlinear state feedback control laws with reduced-order
observer have also been reported (eg. Sorcush and Kravars, 1993; Soroush and
Kravaris, 1994a). However, an unattractive feature of using observer-based
implementations for nonlinear controllers is that the control performance may not be

as promising when compared to their full-state counterparts (Doyle and Stein, 1979).

In this chapter, nonlinear output feedback controller for the evaporator is proposed
for implementation on the evaporator system on-site. The nonlinear output feedback
controller is composed of nonlinear state feedback control laws, multi-loop SISO PI
controllers and a reduced-order observer. The design methodology of Soroush and
Kravaris (1993) is used for the design of the nonlinear state feedback control laws

and the reduced-order observer. An approach, which employs the IMC structure on
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the feedback-linearized process, is also proposed for output regulatory control of the
evaporator models. It is referred to as input-output internal model control (I0IMC)
structure. The proposed IOIMC also serves as the underlying structure to synthesise
robust nonlinear control systems for the evaporator system. This is presented in

Chapter 8.

The performance and robustness of the proposed nonlinear output regulatory
controllers on the evaporator system is verified through simulation studies. Section
7.2 presents the design methodology for the nonlinear state feedback control laws
and the reduced-order observer for the implementation of MIMO GLC on nonlinear
processes with incomplete state information. In section 7.3, the proposed I0IMC
structure is presented. The closed-loop simulations of the nonlinear control
structures are presented in Section 7.4. The on-site implementation scheme and
associated issues on the evaporation system are discussed in Section 7.5
Concluding remarks on the application of the proposed nonlinear output feedback

control on the evaporator are provided in Section 7.6.

7.2. REDUCED-ORDER OBSERVER-BASED IMPLEMENTATION OF
MIMO GLC

This section presents the implementation methodology of the reduced-order
observer-based MIMO GLC structure. This methodology is chosen due to its
simplicity in design and implementation. Furthermore, it has been used for real-time
implementation of chemical processes with incomplete on-line state information (eg.

Soroush and Kravaris, 1993; Soroush and Kravaris, 1994a)

Consider 2 MIMO nonlinear state-space model A/ that is available for nonlinear

controller design as shown below,

m

x=f(x)+) g (x)u, (7.1)

J=1

v, = h(x) i=lm

In addition to the assumptions in chapter 2, let the following conditions also be
satisfied (Soroush and Kravaris, 1993),
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Assumption 7.1: There are s additional on-line measurements other than the
controlled outputs, which are algebraic functions of the state variables,

Y = H(x)
that satisfy the rank condition below in a neighbourhood of the operating
conditions,

& H(x)

i ox 12 +
Faan. 5h(x) =5t+m

cx

Assumption 7.1 implies that the s additional on-line measurements can be used as
the secondary outputs to provide useful information on the unmeasured plant states
(Soroush and Kravaris, 1993). By using Assumption 7.1, the state variables can be
rearranged such that the (r-s-m) unmeasured state variables are in the first (n-s-m)

row, x7 =[x, -+ x,.,., | H(x) )]

Assumption 7.2: The nonlinear differential equations in Equation (7.1) can be

rearranged such that,

0 e 0
|
( _ xl T ]n—s—mi
10 0
det g X, .. |l=det aH(X) #0
ox|----= ox
H{(x) Ah(x)
\ h(x) |/ ox

The condition in Assumption 7.2 implies that the unmeasured state variables can be
reconstructed by using a reduced-order observer forced by the available
measurements of the manipulated inputs, the secondary and controlled outputs
(Soroush and Kravaris, 1993). It also implies that the coordinate transformation in

Equation (7.2) 1s invertible,
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e R
x"_-"ﬂl = 3(x)= xn—s—m (7-2)
Y H(x)
A | Ax)
By using Assumption 7.2, the nonlinear mode!l in Equation (7.1} can be equivalently
written as,
F
d m
E Fnesom = F(xl’ Xpesms ¥y )+ZG (xl’ Lpsoms¥ s -v)uf (7.3)
¥ =
L Y
Y= Y
where

F(x,..ox,, . Y.p)= (Cﬁ(x) f(x ))

G (%o Xr s Yoy) = [%gj (XJ]

The first (n-s-m) nonlinear differential equations in Equation (7.3),

'%1 =P;(fl"' n—s—m’ > )+ (;l_f(xvI n—:—m’Y'!y)uj

! . (7.4)

J‘C:,,_,_,,,=F(,,_,_,,,)(XA1,-- X o—s-m> ! )+ZG(n—s-m))( " "fﬂ-ﬁ—m’y’y)uf

=

HMS

are used for on-line simulation of the unmeasured state vanables forced by the on-
line measurements of the controlled outputs, secondary outputs and manipulated
inputs if the sub-system in Equation (7.4) is locally stable (Soroush and Kravaris,

1993). The scalar values %,---,%

X, . are the estimates of the unmeasured state

vanables. Note that the reduced-order observer is a closed-loop state estimator since

it uses the closed-loop data of the controlled and secondary outputs, and the
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manipulated inputs. The nonlinear static state feedback control laws are designed

based on the transformed model in Equation (7.3).

The differential geometric nonlinear control characteristics of Equation (7.3) are

then computed. The relative order of the i output y; of Equation (7.3) is defined as,

r,= min{r,} (7.5)

1<j<m, 1gism

where r; for the nonlinear model in Equation (7.3) is defined as,

1 £ G, iy #0 (7.6)
P T Gy, =0 '
and r‘,-j 1s the smallest positive integer such that,

r=2 -~ ~
Lg L} F(n_m,(xl,...,x”_s_m,Y,y) #0 (7.7)
ih

By assuming that the relative order for each controlled output is well defined, the

entry of the characteristic matrix is defined as,

~ A an—rm—x) (fl’ X e Y y) I']a_-l 78
Cylrseresfrrem ¥ 3) = {L L';F ( R Y,y) r>1 (7:8)

=gt 2 n-s—m?

The state feedback controller, designed based on the nonlinear model in Equation
(7.3), 1s given as (Soroush and Kravaris, 1993),

u=A"{v-B} (1.9)

where A 1s the mxm decoupiing marrix defined as,

ﬁ -
0

A= ﬁ-’ o C(fl,...,.fn_s_m,Y,y) (7.10)
0 0 --ﬁmr

and B is a mx 1 vector whose " entry is given as,
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~

ﬁl’an—m:(fl"""i'n—m-ﬂY!y)+ﬁiﬂy[ ’: =l

B =y:3 k-1 A ~ 5 " - -~ (7-11)
ﬁ.kZLF Fn—m-l-r'(xh‘“"xn—m—s’ Y?y) +ﬁan—m+z(xlS"‘!xn——m—s’ Y! y)+ﬁ(]yf rl >1
k=2

Note that the state feedback controller in Equation (7.9) is in term of the measured
controlled and secondary outputs, the manipulated inputs and the estimated
unmeasured state variables from the reduced-order observer in Equation (7.4). The
nonlinear static state feedback control laws in Equation (7.9), the reduced-observer
in Equation (7.4) and the multi-loop SISO PI controilers form the nonlinear output

regulatory controller as shown in Figure 7.1.

nonlinear controller

A A o m  m m m m m m m m m m m m  m m m m m — — —

!
o .
Yo |+ | ExermalPl | y _j Dput-output u 1. Ouput y
T — o S
i "-,v . Controller ' Linearizing —\r—’: Process —— Map —
o A i ! State Feedback ; : - 3
* ) A A s v
X X o { i
! e SO !
| - Reduced- ‘7| % {
; order g ! : |
: Ohbserver .+ :
] 1
1

Figure 7.1: Observer-based implementation of MIMO GLC structure (Soroush and
Kravaris, 1993).

7.3. O INTERNAL MODEL CONTROL (IOIMC) STRUCTURE

IMC (Moran and Zafiriou, 1989) 1s regarded as a principle and methodology for
robust analysis and synthesis. It provides a unified approach for the analysis and
synthesis of control system performance, especially robust properties. Moreover,
most of the existing advanced controllers can equivalently be put into the general
IMC forms (Garcia and Morari, 1982; Fisher, 1991). Extensions of linear IMC to
nonlinear systems have been proposed and comprehensive reviews are given in
Henson and Seborg (1991b). Henson and Seborg (1991b) provided the general
extension of linear IMC to open-loop stable, minimum-phase SISO nonlinear
systems. In nonlinear IMC (NIMC), the controller is designed as the right inverse of

the nonlinear model using the method of Hirschomn (Kravaris and Kantor, 1990).
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They have shown that the proposed NIMC provides the same closed-loop stability,

perfect control and zero offset properties as the linear IMC.,

The evaporator models, as described in Chapter 4, are open loop unstable.
Consequently, IMC or NIMC cannot be applied to the evaporator models to take
advantage of its robust control properties. In this section, the proposed 10IMC
structure is presented for robust control solution for the evaporator models. The
main feature is that the IMC structure is applied to the feedback-linearized plant in
IOIMC instead of the onginal nonlinear plant £ as in the case of IMC and NIMC.
The schematic of IOIMC structure is given in Figure 7.2. In IOIMC of the
evaporator, nonlinear static state feedback control laws are used to stabilise the
unstable evaporator model and the nominal 1/O model is used for the external
controlier design and as an open loop observer. Since not all of the evaporator states
are measured on-line, reduced-order observer is used as part of the I0IMC to
construct the necessary states for state feedback from readily available on-line
measurements of the evaporator. In this case, the methodology outlined in Section
7.2 can be used for the design of the nonlinear static state feedback control laws and

the reduced-order observer. The implementation schematic is given in Figure 7.3.

__________________ edernal IMC structure . lptowpumpocess
: i 1 D T
w ! . i nommal D Static State | i : :
¥yt e Linear ! v a Nonlinear | y i Output : y
. i . < ; "
: \‘/_' filter Dg::s?l i fee:ib::;:k . process | »  map : }
‘ i | controiler : ;
N S : :
. i ¥-¥ eeeaeaoa s e n e e e e e ameemaeeaamaemamrms i ma e
|f\'" ¥ nominal |
: xA/" 10 model ;
+ :

Figure 7.2: YO IMC structure (IOIMC).
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: _r' ! i i imerse | controller : ! i 1
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! [ Reduced- M- -|— i ;
| ¥ -¥ | order ‘,q.._ —i
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S ¥ ‘ nominal
X | LO model
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Figure 7.3: Implementation of IOIMC with reduced-order observer.

7.3.1. DESIGN METHODOLOGY FOR [OIMC

Consider the nonlinear process model M in Equation (7.1) that is available for the
design of nonlinear static state feedback control laws. If the model A is the perfect
description of the nonlinear plant P (ie. M = P) and full-state feedback
implementation is available, the outputs of P will track their set points with desired
dynamics. The desired set-point tracking dynamics are,

AN LY
B % =V
; 4 dfk

(7.12)

m dk ~m

g{)ﬁmk dtk = vm

where 4,’s and v/’s are the design parameters and external references of the
nonlinear state feedback control laws. Since the nontinear plant P is assumed to be
minimum-phase, the sub-system in Equation (7.12) is internally stable under the

nonlinear state feedback control laws.

The m-dimensional /O sub-system in Equation (7.12) can be written in the

transformed domain model as shown,

G,,,,(s)j“(s)% - ! Y i=l-m (7.13)
v (s) Bios" + B ys" ™ o+ Bys+ B
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The internal model controller (Morari and Zafiriou, 1989) that provides a ‘perfect’

control for each of the I/O pairs 1s given as,

_vls)

Gé‘r’ (S)_ e (S) = ﬁ:r, s7 + Br‘(f.ml}sq-l teet Bﬂs + ﬁro d=1em (7.14)

where ¢, = 7 —(y, —¥,) is the error to the internal model controller. The controller

in Equation (7.14) is not proper and a filter is included in the controller design such

that the internal model controiler is implementable for each of the [/O pairs,
Ge,(s)=GL () (s =1,--.m (7.15)

The filter has the following form (Seborg et al., 1989),

1
(o o 7.16
£(s) T i=1-.m (7.16)

where 7; is the desired closed-loop time constant of the i® IO pair and & is a
positive integer that is selected to make the controller transfer function G, (s) proper
(1e. the order of the polynomial in the denominator is equal to or higher than the
order of the polynomial in the numerator). Since the IMC structure is designed for
the I/O sub-system of the nonlinear system, the proposed control system design is
referred to as IOIMC structure. Note that, unlike NIMC (Henson and Seborg, 1991)
where the nonlinear model in Equation (7.1) is used as the open-loop observer, the
IOIMC structure employs the rominal 1/0 model in Equation (7.13) for on-line
simulation of the outputs. Since the design parameters g, s are selected such that

each of the I/O pairs is BIBO stable, the proposed IOIMC structure is applicable to

the unstable evaporator models.

7.3.2. NOMINAL CLOSED-LOOP PROPERTIES OF IOIMC STRUCTURE

The closed-loop system for the /" /O pair of Figure 7.2 is applicable to other 1/O

pairs. Consider the error for the i /O controller ¢;,

A

e =y -y +5 (7.17)
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which simplifies to ¢, = y” if the nonlinear model M is the perfect description of the

nonlinear plant P (ie. M = P). From Figure 7.2, the i® controlled output can be

written in terms of its set point as,

v (s)=7,(s)55(s)G,, (s)y? () (7.18)

where G, (s), f,(s) and G, (s) are the i nominal /O model, the /® filter and the

controller, respectively. Since G {s)=[G,.(s)]" for IMC, the CLTF for the *

mi

controlled output with respect to its set point is given as,

y:(s) - 1 719
¥ (s) (rﬂs+1)£i (7.19)

The above overall CLTF has the same closed-loop system property as the linear IMC
(Morar and Zafiriou, 1989) and NIMC (Henson and Seborg, 1991b) in the case of
no plant/model mismatch. The closed-loop control performance for each /O pair, in
the case where M = P, is determined by the tuning parameter z,; (Henson and Seborg,
1991b). Small values of t; result in vigorous closed-loop responses, while large
values cause sluggish responses. It is also easy to see from Equation (7.19) that, if

>0 and y? 1s bounded, the controiled output y; will also be bounded.

7.3.3. CLOSED-LOOP PROPERTIES OF JOIMC FOR UNCERTAIN SYSTEMS

Uncertainty always present in the real physical systems (ie. Af # P). Therefore, the
control performance of nonlinear model-based control techniques may deteriorate
when applied to these uncertain systems. Furthermore, the use of the observer that is
derived from the process model for implementation of the static state feedback
control laws on these uncertain systems actually limit the performance of the
nonlinear controller (Doyle and Stein, 1979). Henson and Seborg (1991b) derived
the CLTF for NIMC structure on uncertain systems and showed that the filter tuning
parameter z,; has a direct effect on the closed-loop performance of NIMC. It can be
tuned to provide a compromise between performance and robustness of NIMC. [n
this section, the closed-loop properties of IOIMC structure when it is applied to

uncertain systems are investigated.
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Consider the controller error ¢, in Equation (7.17). If M # P, one can write,

7, ()= £{s)G5, ()G, (s)e. (s) (7.20)

It can be seen that, by substituting the model inverse for the controller, Equation
(7.20) reduces to,

yls) 1 7.21
e (s) (rc,.s+1)£' (721

The CLTF of IOIMC structure for uncertain system is identical to that of Henson and
Seborg, 1991. It can be seen that “perfect” control of the uncertain system under the
IOIMC structure 1s achieved in the limit as 7,—0. Note that Equation (7.21) reduces
to Equation (7.19) if M = P. The closed-loop performance of IOIMC structure for
uncertain system will be further investigated using simulation studies with different

filter tuning parameters in the later sections.

Equation (7.21) represents an open-loop transfer function of IOIMC on uncertain
system. To illustrate that “perfect’ control of IOIMC for uncertain nonlinear process
1s achievable through the filter tuning parameter in closed-loop sense, the following

assumption 1s temporarily invoked for the purpose of closed-loop system analysis,

Assumption 7.3: Most of the process nonlinearities and interactions of the
nonlinear plant P are cancelled by the nonlinear static state feedback controf

laws.

Assumption 7.3 implies that each [/O pair of the feedback-linearized sub-system (ie.

v,—y.,i=1--,m) can be approximately represented by a SISO linear transfer

function Gp(s). The open-loop transfer function relating the actual /* controlled

output to its error in Figure 7.2 can be written as,

¥,(s)= 7,5)G, (s)G, (s, (s) (7.22)

By substituting Equation (7.21) into Equation (7.17) and rearranging, the i output

grror can be written as,
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gl

It can be shown that, by substituting Equation (7.23) into Equation (7.22), the CLTF

of IOIMC on the uncertain nonlinear process P is given as,

) IO,
(0 1=/ OB - G261, G 720

Note that, if M = P (ie. G, (s})=G,,(s)), the CLTF in Equation (7.24) reduces to

Equation (7.19). It can be seen from Equation (7.24) that, as the tuning parameter of

the filter fi(s) approaches zero (ie. 7; — 0), the output will exactly track its set point

at all time (ie. y,(s)= y7(s)).

7.4.  APPLICATION TO THE EVAPORATION SYSTEM

The four-effect evaporator system in Chapter 6 consists of 5 controlled outputs that
are measured on-line. In addition to the measured controtled outputs, all the liquor
temperatures (ie. 13, 75, T3, 7,) are also measured on-line. However, on-line
measurements of the liquor densities of FT #1, #2 and #3 (ie. p;, o, ) are not
available. As such, the liquor densities need to be estimated on-line by using the
available on-line process measurements in order to implement the nonlinear static

state feedback control laws on-site.

7.4.1. STATE FEEDBACK CONTROL LAWS AND REDUCED-ORDER OBSERVER FOR
THE EVAPORATOR

It has been shown that the liquor temperatures can be used as the secondary outputs
and that the condition in Assumption 7.2 is satisfied (Ekaputra, 1998). As such, the
reduced-order observer in Section 7.2 can be used for implementation of MIMO
GLC on the evaporation system on-site. For the evaporation system, evaporator
model M2 in Chapter 6 is used as the basis for the nonlinear static state feedback
control laws and reduced-order observer designs. Since the controlled outputs are
also the state variables (ie. y, = x; = A,), the transformations in Equations (7.2) and
(7.3) can be achieved simply by rearranging the state vector and the differential

equations of the evaporator model in Chapter 6,
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S(K) = [Pl,Pz,pg,Y],Tz,T3,T4,h,,hz,hj,h4,p4]T (7.25)

The evaporator model for the design of nonlinear static state feedback control laws in
the above coordinate can be found in Appendix D. The first 3 differential equations
of the transformed model M2 in Appendix D are used for on-line simulation of the
unmeasured liquor densities. The differential equations for the estimation of the
unmeasured liquor densities are given in Equation (7.26). It has been shown that the
reduced-order observer in Equation (7.26) is locally stable (Ekaputra, 1998). For the
transformed model M2, each output has a relative order of 1 and the characteristic
matrix is given in Equation (7.27). Note that the characteristic matrix is similar to
the characteristic matrix in Chapter 6. However, Equation (7.27) is in terms of the

estimated unmeasured liquor densities instead of the actual liquor densities.

dp_ 1 [— 425, +5.66+0.187x107° 5T, (5, — 1)y +0.206x10° 5,T, (5, —I)Q”}

dt h\—1.80x107 p,T, (5, — )0, +0.385(3, — ),

"

dp, 1 0-125[0-142><10'2N”1(,62—1)—/51[%—— DQP,+0.393(ﬁrl)mu (7.26)
ld  h :
L+ 0211x107 5,7,(5, —1)0,, —1.84x107* p,T,(5, —1)05,

dp, 1 0.125(0.145 x107* 5,1, (5, -1)- ﬁz[fi - IDQ” +0.288(p, - Uring,
@ h P
3

-1.85x107™* 25T, (153 - 1)Qm

(Gu(8.T) GulhnT) 0
Gor(BsT}) GonlfnsTr) 0
C(B 5y Pos T s Tos Py Byn ) = 0 GnPTh)  GwlfsT)
0 0 G{A.T3)
R 0 0 Gm(ﬁxsTash-i =p4) (7.27)

Gu(ﬂ:ﬂ:) Gys
Gy (1’1,.04) Gys
0
Gm(ﬂ,ﬁ%)
Glzz(nshup‘a) Gas

1035

QQ

115

hys54)]

———

It can be shown that the characteristic matrix in Equation (7.27) is invertible near the

neighbouthood of the nominal operating conditions of the evaporator. By assuming
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assuming that it 1s globally invertible, the nonlinear static state feedback control law

to implement 1s given as,

1
>
|
L

On f
Ura ]
O |= [C()al’ !aza ﬁs: Y,y)]~

o

A -
ot [

I
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(7.28)
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where

-

B = 41894, + A.h
B, = éohz '
1B, = ‘Ewhz
B = ﬁﬂm"h
By = fopy

(7.29)

and Y=[1 7, 7, T4]T, y=[h b h b, p] are the vectors of the secondary and

controlled output variables, respectively. The nonlinear algebraic equations for each
of the manipulated inputs, derived explicitly from Equation (7.28), are given in Kam

and Tadé (1998).

7.4.2. CLOSED-LOOP SIMULATION ON THE EVAPORATOR MODEL

The observer-based MIMO GLC and 10IMC were applied to the evaporator model
MI. The design parameters and the PI controller tuning parameters used in the
simulation studies are given in Table 7.1. The closed-loop poles of the MIMO GLC
structure, calculated based on full-state feedback and Af = P, are given in Table 7.2.

It can be seen that the overall closed-loop dynamics for the liquor levels are
overdamped while it is underdamped for the liquor density. For the IOIMC
structure, the closed-loop time constant (ie. filter tuning parameter) 7,~1 hr was
chosen for the liquor levels, while for the liquor density, 7,,=2.5 hr was used. It can
be seen, by comparing with the values of the design parameters g,’s (ie. feedback-
linearized system time constants) in Table 7.1, that closed-loop time constants for

the liquor levels are the same as the time constants of their nominai /O dynamics (ie.
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r,=p,,i=1,--4). For the liquor density, the closed-loop time constant is one fourth

of the time constant of its nominal feedback linearized system (ie. 7, = B/ 4).

Table 7.1: Design and tuning parameters of MIMO GLC for the evaporator.

Outputs B, A Kpi 7; (hr)
hy 21.8 1 15 6.25
R 12.3 1 15 6.25
hy 10.6 ! 15 6.25
hy 9.62 1 15 6.25
P 1.55 10 3 5.00

Table 7.2: Nominal closed-loop poles of the MIMO GLC structure.

Outputs P P2
h -36.759 -0.065
h, -27.229 -0.088
hy -25.506 -0.094
hy -24.521 -0.098
foR -0.227+0.091i -0.227-0.091i

Three cases of simulations were performed, namely: 1) comparison of control
performance between observer-based and full-state feedback MIMO GLC on the
evaporator model M1, 2) comparison of control performance between observer-
based MIMO GLC and IOIMC and 3) evaluation of robustness properties of [OIMC.
For each simulation case, two unmeasured disturbances were introduced at time ¢, =
0. They were +2 m*/hr in Qrto the first stage and 15% reduction in the U4’s of the
heaters. It has been shown in Chapter 5 that MIMO GLC structure was superior to
the multi-loop PI control scheme. Therefore, comparisons of control performance of
the observer-based MIMO GLC to those of multi-loop SISO PI control scheme are
not given in this chapter. For each simulation, the responses of the estimated and the
actual unmeasured liquor densities of FT #1, #2 and #3 are compared. It should be

noted that, in actual plant situation, the actual unmeasured liquor densities would not
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be available. They are recovered in the simulations to determine the performance of

the reduced-order observer.

7.4.2.1.0bserver-based Versus Full State Feedback Control

In this case study, the closed-loop simulation of the evaporator model M1 under the
MIMO GLC structure with full state feedback was performed to provide the
benchmark for comparison. This was to compare the performance of the MIMO
GLC structure with full state and with estimated state feedback. This would provide
the level of confidence necessary to implement the observer-based nonlinear control
structure on the evaporator system on-site. The tuning and design parameters of the

MIMO GLC with full state feedback are the same to those given in Table 7.1.

The closed-loop responses of the controlled outputs, the secondary outputs and the
manipulated inputs are given in Figures 7.4, 7.5 and 7.6, respectively. Figure 7.7
gives the comparisons between the estimated liquor densities and the actual densities
of FT #1, #2 and #3 under the nonlinear control structure with the estimated state
feedback. In the figures, the terms “Full state” indicate the responses of variables
under the MIMO GLC structure with full-state feedback. The terms “Estimated
state” indicate the responses of the variables under the MIMO GLC structure with
estimated state feedback. Similar scaling to those of Chapter 5 has been applied for
each of the vanables in the figures. The calculated ITAE for the controlled outputs

over 70 hours of simulation are given in Table 7.3.

It can be seen from Figure 7.4 that the control performance of the nonlinear control
structure deteriorated without full-state feedback, especially for the liquor level and
density of FT #4 (ie. Figure 7.3d and 7.3¢). This can be seen from the longer settling
time of the controlled outputs as well as the larger perturbations in the outputs.
Additionally, steady state offsets in the controlled outputs (ie. Figures 7.3d and 7.3¢)
are evident for the case of nonlinear control with the estimated state feedback (ie. the
outputs have not even settled back to their initial conditions after 70 hours). The
degradation in the control performance of the nonlinear control structure in the
absence of full-state feedback is also evident from Table 7.3, where the ITAE of the

controlled outputs under estimated state feedback are larger than those under full-
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state feedback. The worsening of the control performance was attributed to the use

of the reduced-order observer, which were uncertain, for on-line simulation of the

liquor densities.
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Figure 7.4: Closed-loop responses of the controlled outputs.
Table 7.3: Calculated ITAE of the controlled outputs.
Qutputs Full-state feedback Estimated state feedback
h 0.7269 0.6284
h 0.1227 0.2165

0.0059
0.0045
0.0623

0.0172
0.0405
6.6705
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From the responses of the liquor temperatures in Figure 7.5, it is evident that the
transient responses of the internal dynamics of the evaporator system under the
nonlinear controller with reduced-order observer (ie. estimated state feedback) are
worse when compared to the case with full state feedback. This can be seen in
Figure 7.5 where the responses of the liquor temperatures are more sluggish in the
case of the nonlinear controller with estimated state feedback. Meanwhile, the
responses of the liquor temperatures under the nonlinear controller with full state

feedback are fast and settle to the new steady states quickly.
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Figure 7.5: Responses of the secondary outputs, corresponding to Figure 7 4.

The manipulated inputs required to reject the unmeasured disturbances to the
evaporator system can be studied from Figure 7.6. Note that both cases responded
quickly to the unmeasured disturbances initially. However, the input responses
under the nonlinear controller with estimated state feedback were more sluggish
when compared to the full state feedback case. The sluggish input responses were
attributed to the slow and oscillatory responses in the liquor temperatures and the
estimated liquor densities (ie. the responses of the “Estimated state” in Figure 7.7).
The convergence properties of the reduced-order observer for the evaporator can be

examined by comparing the actual unmeasured liquor densities (ie. “Estimated state
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(actual)”) and the estimated liquor densities (ie. “Estimated state™) in Figure 7.7. It
can be seen that the estimation errors converge to zeros as time progresses, ie. £ — oo,
despite the large initial errors. This indicates that the reduced-order observer for the
evaporator has good convergence property considering the extent of model
uncertainties between the model used for simulating the evaporator (ie. model M1)
and the model used for the reduced-order observer design (ie. model M2). The
results also show that the proposed initialisation approach (in later section) for the
reduced-order observer is appropriate. Note that the use of estimated state feedback
also caused the response of the unmeasured liquor densities (ie. responses of
“Estimated state {actual)”) to be oscillatory as opposed to the fast transient responses

of the liquor densities under the nonlinear controller with full state feedback.
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Figure 7.6: The manipulated inputs, corresponding to the responses in Figure 7.4.
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Figure 7.7: Responses of the estimated liquor densities, corresponding to Figure 7.4.

7.4.2.2.Comparison of Closed-loop Performance of MIMO GLC and IOIMC

The closed-loop responses of the controlled outputs are shown in Figure 7.8. The
predicted outputs from the nominal /O model are also plotted in Figure 7.8
(indicated as “IOIMC-I/O model”) to show the significance of modelling errors in
the simulation studies. It can be seen that the JOIMC provides superior disturbance
rejection capability than MIMO GLC in terms of fast settling time although the
magnitudes of the output offsets are larger initially. The superiority of IOIMC over
MIMO GLC in rejecting the unmeasured disturbances can be further appreciated
from the ITAE of outputs given in Table 7.4.

Table 7.4: Calculated ITAE of the outputs (70 hours).

Outputs I0IMC MIMO GLC  MIMO GLC*
hy 0.0498 0.6284 0.0475
i1 0.0534 0.2165 0.0511
m 0.0037 0.0172 0.0035
hy 0.0128 0.0405 0.0122
fe) 6.1007 6.6705 6.0020
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Note that the last column of Table 7.4 indicates that the PI tuning parameters of
MIMO GLC were denived using IMC design method. It can be noted that, based on
the ITAE of the controlled outputs, the performances of MIMO GLC with IMC-
designed PI controllers and I0IMC are equivalent.
conserve space, 1t can be shown that the closed-loop responses of the controiled
outputs under the two strategies are equivalent. It is clear, based on the equivalent
performance of the IOIMC and IMC-designed PI controllers of MIMO GLC

structure, that the IMC structure could be used as the approach for advanced or

robust controller design for the feedback-linearized nonlinear plant.

Although not shown here to
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Figure 7.8: Closed-loop responses of the controlled outputs.

7-22



Nonlinear Output Feedback Control of an Industrial
Evaporation System

When comparing the predicted outputs from the nomina! /O model with the actual
outputs under the IOIMC, it can be seen that significant mismatches existed between
the controlier model M2 and the simulated plant M1. Nevertheless, the regulatory
control performance is satisfactory, indicating that [OIMC provides good robustness
properties against model uncertainties on the simulated evaporator model. It can be
seen from Figure 7.9 that the responses of the nonlinear controller for both MIMO

GLC and IOIMC are compatible.
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Figure 7.9: The manipulated variables, corresponding to the responses in Figure 7.8.

The responses of the liquor temperatures of the flash tanks are given in Figure 7.10.
It can be seen that their responses are not significantly different from one another.

More importantly, the liquor temperatures are stable under IOIMC despite the
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significant model uncertainties between the models M1 (ie. the simulated
evaporator) and M2 (ie. the controlier model). Comparisons between the actual and
the estimates of the unmeasured liquor densities are given in Figure 7.11. Note that
the actual and the estimates of the unmeasured liquor densities under MIMO GLC
are given in Section 7.4.2.1. It can be seen that the reduced-order observer provides

good estimates of the unmeasured liquor densities despite the initially large

estimation errors.
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Figure 7.10: Closed-loop responses of the liquor temperatures, corresponding to

Figure 7.8.
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Figure 7.11: Closed-loop responses of the liquor densities, corresponding to Figure
7.8

7.4.2.3.Robustness Properties of IOIMC Structure

[t has been shown in Section 7.3.3 that ‘perfect’ control of [OIMC structure can be
achieved in the limit as z; — 0. In this section, the effects of the filter time constant
1, on the control performance and robustness of [OIMC structure on the evaporator
model are evaluated through simulations. The various filter time constants used in

the simulations are given in Table 7.5.

Table 7.5: Various filter time constants of IOIMC structure

Qutputs Case 1 Case 2 Case 3
h 0.50 1.00 5.00
hy 0.50 1.00 5.00
s 0.50 1.00 5.00
hy (.50 1.00 5.00
24 1.25 2.50 7.50
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For each case, the same unmeasured disturbance step changes were applied to the
closed-loop system. The closed-loop responses of the controlled outputs are given in
Figure 7.12, while the manipulated inputs that correspond to the controlled outputs
are given in Figure 7.13. The responses of the corresponding liquor temperatures

under [OIMC are given in Figure 7.14.
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Figure 7.12: Closed-loop responses of the controlled outputs for various values of z;.

It can be seen from Figure 7.12 that, as the tuning parameter 7.; decreases, the
disturbance rejection capability of IOIMC improves in term of faster settling time of
the controlled outputs. The improvements are clearly shown in Figure 7.12a) and e)
for the liquor level of FT #1 and liquor density of FT #4, respectively. By comparing

the responses of the manipulated inputs in Figure 7.13, it can be seen that the
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responses of the nonlinear controller improve as the filter tuning parameters
decrease. It can be secen that the responses of the inputs are less oscillatory (ie.
stabilize to their ultimate responses faster). At large z;’s, the responses of the liquor
temperatures are sluggish as shown in Figure 7.14. As the values of z; decrease, the
transient responses of the liquor temperatures improve with fast dynamics and
settling times. This clearly shows that the tuning parameters have direct effects on
the internal dynamics. In the case of the evaporator model, low values of z,; provide

fast stabilisation of the liquor temperatures.

#) Prochect Sowol FT K1 b Product Rowol FT#2

) Product Bowal FT4#3 < Product Sowol FT#4

Figure 7.13: The manipulated inputs, corresponding to the responses in Figure 7.12.
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Figure 7.14: Responses of the liquor temperatures, corresponding to Figure 7.12.

The effects of the tuning parameters on the performance of the open loop observer
for the controlled outputs and the reduced-order observer for the unmeasured liquor
densities can be seen from Figures 7.15 and 7.16, respectively. The errors are

defined as the difference between the actual and the estimated values (ie. p, - p, for
the reduced observer and y, — y, for the rominal /0 model). In Figure 7.15, it can

be seen that the dynamics of the model errors are improved (ie. fast convergence of
the estimation errors) as 7,’s are reduced. This indicates that the filter tuning
parameters have direct effects on the performance of the nominal /O model in
simulating the controlled outputs. Note that faster rates of convergence are
associated with larger overshoots of the estimation errors of the controlled outputs.
Nevertheless, the model errors as shown in Figure 7.15 are too small to be noticed in
practice and their differences are only important for the control algorithms. It can be
seen from Figure 7.16 that, as 7;’s decrease, the observer error dynamics of the
estimated liquor densities improve in term of faster rates of error convergence (ie.
the observer errors converge quicker). In other words, the filter tuning parameters

have direct effects on the performance of the reduced-order observer. In the case of
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the evaporator, low values of z,; provide faster rate of convergence for the estimation
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Figure 7.15: Estimation errors of the controlled outputs for various values of 7.
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Figure 7.16: Estimation errors of the unmeasured liquor denstties for various values

7.5.
STRUCTURE

of Tei-

IMPLEMENTATION OF OBSERVER-BASED MIMO GLC

The implementation of the MIMO GLC structure with full state feedback is

presented in Chapter 6. In this section, the implementation scheme for the observer-

based MIMO GLC structure on the evaporator system on-site is presented. For

implementation on digital computer control system such as the LCN, the discrete

forms of the nonlinear static state feedback control laws in Equation (7.28) and the

reduced-order observer in Equation (7.26) are used,

‘P(v(rk),ﬁl(tk),

~

T2

(1) Al ) ¥(e )Y(’k))

(7.30)
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AlDZA) _ g (u(1) A1) (0 ) A6 () (0)

Multi-loop SISO PI controllers are used to determine the external inputs v’s to the

discrete nonlinear static state feedback control laws in Equation (7.30),

v, (Ik ): v, (’k-l)"‘ K, {(el(l‘f)_el(lk] ))+£e;(’k ):i’ i=1,--.5 (7.32)

I

The overall structure for implementing the observer-based nonlinear controller in
LCN is shown in Figure 7.17. Their discussions are given in the subsequent sub-

sections.
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Figure 7.17: Implementation scheme for nonlinear output feedback controller for the

evaporator.
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7.5.1. INITIALISATION OF NONLINEAR CONTROLLER

The digital observer for the unmeasured liquor densities in Equation (7.31) need to
be initialised once the nonlinear output feedback controller is switched on at &=1 (ie.

to obtain the values for (1), 4,(1,) and 4(s,)). The initialisation values of the
observer (ie. Alt). Alt), Alt,)). together with the start-up values of the

manipulated inputs (ie. Q,(1,). = Qnlts) tsilt,)), secondary and controlled

outputs (ie. 7,(t,), T(r), Tlto) Tley) and hfs), - afs). pils). respectively)
are then used to initialise the PI controllers in Equation (7.32) (ie. to obtain vi(f),

valto), valto), valto) and vs(#y)).

To initialise the digital observer, the unmeasured liquor densities of FT #1,#2 and #3
that correspond to the start-up values of the manipulated inputs, secondary and
controlled outputs are estimated from the linearized reduced-order observer in
Equation (7.26). Note that, for actual implementation, the start-up values of the
manipulated inputs, the controlled and the secondary outputs are the values that are
sampled when the nonlinear output feedback controller is switched on. The linear

digital observer is obtained by local linearization of Equation (7.26),

(6D, D, ] 60, I, ]
sal | 2& 7 2h [sa] | 9n o, oT,
2 ojeo, oo, ||t |ow, oo, |6,
5)02 = 2 ... 2 5[-72 + ... 2 +
: h Gps || oA a1 a1, | 9%
] oo, o, |0P] o0, 20, |41

EL a1, " et | (7.33)

(00, 00 |[on] | 09 OB 2D [0,
oh oo || s 20 EQpy Oy

g0, I, 5:: |00, o0, o0, Zg”
o op, | 0| 1 90n  OQp O, JQ”
2B, O, ||| | sd, S, IO, || T

on, T ap, L9 20, T 50, m, O]

where & represents deviation from the nominal value. Note that all entries of the
Jacobian matrices are evaluated at the nominal values of the unmeasured liquor
densities, manipulated inputs, secondary and controlled outputs. The nominal values
are given in Chapter 4. The initialisation values for the reduced-order observer (ie.

,al{ro), ,az(ro), ;33(10) ) are obtained by setting the differential terms in Equation (7.33)
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to zeros and solving for the unmeasured liquor densities forced by the starting values

of the manipulated inputs, the controlled and the secondary outputs,

- -~ -1 -

a0, 2P v, 2, 1

5,@(10) by ép, aT, ér, é]’l(t[,)

5‘(:) - _|9% oo, ) v, 2P, 5T2(t0) +

P17 ea T aA || | en T on |l emn)

5a.(1,) 00, o0, || 1oo, 29|l o)
\ L%A ép ) |LeT, or, |- (7.34)
—& é‘chTF&hl(tﬂ ] _éq)l 7P, aq)lp_‘SQm(to)j
oh p, || sh, 2. 20,, Om 7
BN
ﬁhl §p4 Q CE;QH 6-;Q}34 o"m4 rilto
é-?l o, 5h4(tﬂ) oD, cP; P, §QP4(I0)
L é}h‘i a’9-1 4 \_ém (IU)_ Lanl C?QP-t aﬁ’h | L(sms_‘(t(})-

and

Al ap (e, Ps

Pt )= 8o, o) |+ Pa (7.35)

~

pilt 351, £,

The solutions to Equations (7.34) and (7.35) are a set of 3 algebraic equations that
can be easily implemented into any digital computer and the initialisation values can
be obtained with minimal computation time. However, it is acknowledged that the
estimates of the initialisation values for the observer may not be optimal. Optimality
for the estimates of the initialisation values for the reduced-order observer are not
necessary in this case as it was shown in Section 7.4.2.1 that the estimation €rrors

converge to zeros as time progresses (ie. £ —» ).

Once the reduced-order observer is initialised, the initialisation values for the
unmeasured liquor densities (ie. 4(r,).4(t,) and A(s,)), together with the start-up
values of the manipulated inputs, secondary and controlled outputs, are used to
initialise the PI controllers in Equation (7.32) (ie. to obtain v(¢;)). Similar to the
initialisation of the PI controllers in Chapter 6, the state-dependent relationship for
the external inputs and the manipulated inputs in Equation (7.28) is used. However,
in this case, the initialisation values of the unmeasured liquor densities are used

instead of the nominal values,
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v {[B, 0 0 0 o fe.7 &7
v, 05, 0 0 O Om| | B
vl=dlo 0 B, 0 0 |C(5.0ppnY.3)l| O |+ B (7.36)
v, 0 0 0 B, 0 Opa| | B
vs| L0 0 0 0 Bss_ _l_mm_ | Bs ]

Again, the PI controllers are initialised by a set of 5 algebraic equations forced by the
starting values of the manipulated inputs, secondary and controlied outputs, and the

initialisation values of the reduced-order observer,

v,{to) = (B (to ) Bu{to ). 2ot ). ¥ (), 5{00): u,) i=1..5 (7.37)

where ¥(1,), y(t)) and u(z) are the start-up value vectors for the secondary outputs,

the controlled outputs and the manipulated inputs of the evaporator, respectively.

7.5.2. EXECUTION OF THE NONLINEAR CONTROLLER

Once the reduced-order observer in Equation (7.31) and the PI controllers in

Equation (7.32) are initialised, the nonlinear control scheme is executed at every

sampling period A¢. At time ¢, the nonlinear controtler is executed sequentiaily as

follow,

1. Perform sampling of the inputs, secondary and controlled outputs, ie. u(z), ¥(t)
and y(1;) respectively.

2. Calculate the outputs of the PI controllers, w(#;)’s from Equation (7.32).

3. Calculate the actual v(#;)’s from the saturation laws of the P1 controller outputs,

Vimax) Y (’k )2 Vi{max)
v(t)= v () Vi{min) <vi(tk)<vi(max} (7.38)
Vimin) ¥ (tk)s Vi(ein)

The upper and lower limits of the PI controller outputs are obtained by mapping
the constraints on the manipulated inputs (ic. Vs and W) through the v-u
relation in Equation (7.37). As mentioned in Chapter 5, the design parameters
Boro, Bmo are chosen such that the bias values of the PI control actions equal to
the steady state values of their respective manipulated variables, ie.

~

Boy? =uft,),i=1,m. In essence, the PI controllers independently determine
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the changes in the manipulated inputs (ie. ,, ..., #,) With respect to the errors of
the respective controlled outputs. Conceptually, the bounds on #,, ..., u, can be
equally applied to the outputs of the PI controllers, ie. vy, ..., V. AS such, the
upper and lower limits of the PI controllers are the same as those of the
manipulated inputs in the simulation study. As was done in the implementation
of the nonlinear controller in the simulator in Chapter 6, the saturation laws are
required for the industrial PI control actions. It is acknowledged that the
constraint transformation is not proper. Rigorous constraint mapping approaches
can be found in the open literature (Kendi and Doyle, 1997; Kurtz and Henson,
1997; Kendi and Doyle, 1998; Valluri and Soroush, 1998). However, it was
shown in the simulation results that the method in Equation (7.38) is appropriate

for the evaporator.
4. Obtain the estimates of the unmeasured liquor densities, 5{z,),5,(t,) and A{t,)

from Equation (7.31) by using Euler’s method of integration,
A(t)= @ fuls) At Aaltak sl ) 7 (6 ) pr ot + A1)
L1 = @(u(6), At ) At A1) ¥ (1) e D)t + () (7.39)

Lﬁs(’k) = (Da(“(fk): ﬁ’t(tkml)a Iaz(tk-l)s ﬁa(‘k—l)’ Y(tkl y(tk))At + ‘53(tff—l)

It should be noted that more accurate estimates of unmeasured liquor densities
could be obtained by other numerical integration methods such as the 4™ order
Runge-Kutta method. However, a simple Euler’s method was desired to allow
ease of implementation of state estimation and to minimise the computational
load and time. The sampling time A¢ can be chosen to be very small in order to
improve the accuracy of the estimation. However, as At reduces, the
computational load for the industrial control systems would increase.

5. Execute the nqnlinear state feedback control laws in Equation (7.30) to calculate

Orilti), Orats), Opalte), Oralty) and sing,(1,) , ie.
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Onlt)= (vt 51 (6 () 55 (0 ) ¥ () 10 )
On ()= 2.Vt ) 40 (0 ) 5,0 ) 2y (0 YL ) ¥ (1)
Onlt)= W01 ) 500 50 ) 2o () Y () 54 ) (7.40)
0nalt,)= 2. () 5,0 ) 2200 ) () ¥ (o ) (0 ))
it )= W) A1) 2200 ) 2 (0 ) Y () 5 )

6. Perform saturation tests on the calculated inputs in step 5 so that their operating

ranges are not exceeded,

' U, max! uz(ti') 2 unimax'l
M!(Ik) = uf(tk) ul(mini < u!(fk) < ull'max} (741)

W min: ui(Ik) < u:l' min }

This step is required to impose limits on the outputs of the nonlinecar state
feedback control laws so that they are within their respective operating ranges.
Unlike in the case for SISO nonlinear system, wherc saturation on v will
guarantee non-violation of the manipulated input u (Kurtz and Henson, 1997), this
condition is not guaranteed for MIMO nonlinear system as demonstrated by Kam
and Tadé (1999¢). Furthermore, the validity of the technique has been

demonstrated through successful implementation on the simulator in Chapter 6.

7.6. CONCLUSIONS

Nonlinear output feedback controller for implementation on the evaporation stage of
the LBP associated with the Bayer process at Alcoa’s Wagerup Alumina refinery has
been proposed. The nonlinear output feedback controller consists of an /O
linearizing and decouopling controller, multi-loop SISO PI controllers and a
reduced-order observer. The reduced-order observer is used for the on-line
simulation of the unmeasured liquor densities from the available process
measurements of the evaporator. Implementation procedures, including the
initialisation of the reduced-order observer, initialisation of the multi-loop PI

controllers, are given.

[OIMC structure has been proposed for nonlinear process control with the desired
control performance and robustness that can be achieved using a single tuning

parameter. In the proposed control structure, nonlinear static state feedback control
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laws are designed using I/O linearization technique to input-output linearize and
decouple the nonlinear ptant. The control laws are also designed to induce BIBO /O
sub-system of the nonlinear plant. IMC structure, designed based on the BIBO /O
model, is then applied to the feedback-linearized nonlinear plant. Consequently, the
proposed approach is not restricted to open-loop stable nonlinear process with stable
zero dynamics. It was shown that ‘perfect’ control of IOIMC on uncertain nonlinear

processes could be achieved through tuning parameters of the filters.

The control performance of the nonlincar output feedback controller on the
evaporator was investigated through numerical simulation on the evaporator model
MI1. The results showed that the performance of the nonlinear output feedback
controller degraded due to the use of state estimation for state feedback to the I/O
linearizing and decoupling controller. It was also shown that the use of estimated
state feedback cause the stabilisation of the liquor temperatures and densities (ie.
internal dynamics of the evaporator) to be sluggish. However, it demonstrated good
robustness property against model uncertainties. Additionally, it was shown that the
reduced-order observer for the liquor densities exhibits good error convergence
property. The actual robustness of the nonlinear output feedback controller needs to

be examined by implementing it on the actual evaporation system on-site.

The proposed IOIMC structure was applied to the open-loop unstable uncertain
evaporator model M1. Comparative simulation studies showed that IOIMC delivers
better regulatory control performance than the MIMO GLC does. Robustness studies
of [OIMC for the evaporator model were also investigated through changing the
tuning parameters of the filters. The results indicate that, as the tuning parameters
decrease, the regulatory control performance of IOIMC improves. Additionally, low
values of tuning parameters of the filters were shown to provide good stabilization
dynamics to the liquor temperatures (ie. internal dynamics of the evaporator) in term
of fast settling time. Furthermore, they also improved the performance of the
reduced-order observer and the nominal /O model in estimating the liquor densities
(ie. unmeasured internal dynamics of the evaporator) and the controlled outputs,
respectively. It was also shown that MIMO GLC with IMC-designed PI controllers

give equivalent control performance on the evaporator as the IOIMC structure.
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Strategies for Enhancing IOIMC for the Evaporator
System

8.1. INTRODUCTION
Chapter 7 has shown that IOIMC provides good performance and robustness

properties to the industrial four-effect evaporator by using the filter tuning
parameters. It was also shown that there were significant errors between the
predicted outputs from the nominal VO model and the actual outputs of the
simulated evaporator due to model uncertainties between the evaporator and the
controller model. 1n order to improve the control performance of the nonlinear
model-based controller, the presence of model uncertainties as represented by the
output errors between the nominal 1/O model and the actual plant need to be

compensated.

Strategies for enhancing the performance of nonlinear model-based controller that
use either the output errors or model errors as secondary references have been
reported in the open literature. Parameter adaptation for enhancing the robustness of
nonlinear IMC of pH has been shown experimentally (eg. Shukla ef al., 1993; Wong
et al., 1994). Kosanovich er al. (1995) proposed a linearizing feedback adaptive
control scheme that guarantees robust nonlinear output regulatory control
performance. Hu and Rangaiah {1999a) presented an adaptive nonlinear IMC
approach to reduce the deterioration effects of model uncertainties on the closed-
loop control system. Hu and Rangaiah (1999b) presented an augmented nonlinear
IMC approach that adjusts the inputs to the nonlinear controller based on the
prediction errors.  Gain-scheduling trajectory control has been proposed for
compensating the model uncertainties in nonlinear control systems (Klatt and Engell,
1996; Klatt and Engell, 1998). In their approach, gain-scheduling controller is used
to adjust the inputs to the nonlinear systems based on the tracking errors of the

desired nominal trajectory.

In this chapter, two strategies are presented to enhance the IOIMC of the four-effect
evaporator. Section 8.2 presents the augmented IOIMC (AulOIMC). The AulOIMC
consists of IOIMC structure with additional feedback loop based on the plant/model
mismatch to improve the robustness. In Section 8.3, the adaptive IOIMC
(AdIOIMC) structure is presented. The AdIOIMC is composed of IOIMC structure
with adaptation loop for updating the parameter in the /O model, and the model-
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inverse controller. The applications of AulOIMC and AdIOIMC, and comparison of
their performance with IOIMC are presented in Section 8.4. The effects of the
tuning parameters of AAIOIMC and AulOIMC on the control of the evaporator are

also investigated in this section. Concluding remarks are given in Section 8.4.4.

8.2. AUGMENTED I/O INTERNAL MODEL CONTROL STRUCTURE

Consider a MIMO minimum-phase nonlinear process model A that is available for

nonlinear controller synthesis as shown,

x= f(x)+§gj(x)uj (8.1)
y= hi(x), i=1--m

where all the notations are defined in Chapter 2. By assuming that the nonlinear
model M in Equation (8.1) is suitable for the synthesis of the nonlinear state
feedback control laws (Kravaris and Soroush, 1990), the IOIMC structure can be
designed according to Chapter 7. The AulOIMC structure as shown in Figure 8.1
consists of an IOIMC (in an equivalent form) and an additional loop where the
process/model mismatch, &, is fed back through a gain, £, and added to the input to
the original linear internal model inverse controller G~. Note that the AulOIMC
structure in Figure 8.1 is similar to the AuIMC structure that was proposed by Hu
and Rangaiah (1999b) with the exception that the controller G, is linear and it
manipulates the input to the feedback-lincarized process. Note that if £ = 0, the

AulOIMC structure reduces to IQIMC structure in Chapter 7.

external augmented IMC structure [nput-output process
o LR el A ST £ i S
. 1

1 H
sp | H Static state

i H Nonlinear Output |
¥y e + v o u LI ! ¥

1 Ge HE: feedback process ™ map '

H B - HH controller '

[} H b

* i

v

A,

_________________________________________

Figure 8.1: Augmented /O IMC structure { AulOIMC).
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From Figure 8.1 and Assumption 7.1, it can be shown that the transfer function

relating the i controlled output v to the error ¢; for AulOIMC is given as,

G, (s)=Zaln U+£GeG) (8.2)
) 1 + kiGCIGPI

where all transfer functions are defined in Chapter 8. It can be shown that the input

to the controller e; is related to the output error (ie. y* - y, ) as shown,

-/

e,.=( L J(yfp—y[) (8.3)

By substituting Equation (8.3) into Equation (8.2), it can be shown that the

CLTFG# (s) that relates y, to y* is given as,

GU(s)=(1+ kGG, N+ k +Geq -G, ) (8.4)

Ci™mm

If G/{s) is the CLTF for IOIMC in the presence of plant/model mismatch, it can be

shown that,
GH(s)=(+G;l67 -6, (8.5)

The above CLTF is obtained by setting £=0 for Equation (8.4). Equivalent CLTF for

the IOIMC of uncertain system can also be found in Chapter 7.

Theorem 8.1: If the original IOIMC is stable, then there always exists k; > 0 such
that AulOIMC is stable.

Proof: Stability of the original IOIMC implies that G,,;, Gp; and Gg; are stable. By
substituting Equation (8.5) into Equation (8.4), it can be shown that the CLTF in

Equation (8.4) can be written as,
G (s)=G(sX1+ kGG, Ni+ kG (s))" (8.6)

If G (s)=Z(s)/ N(s), the characteristic equation of Equation (8.6) can be written as,



Strategies for Enhancing IOIMC for the Evaporator
System

N (s)+4Z(s)=0 (8.7)
Since the IOIMC is stable, the roots of N,(s) are on the left half of the s plane. The

root locus of Equation (8.7) with £, as the parameter starts from the left half of the s
plane and will crossover to the right half of the s plane at point k£, = &*. Therefore,

the AulOIMC must be stable as long as &, < £*.

Remark: The values &* cannot be determined unless the bound on the extent of
modelling error is known. In the actual system, this bound cannot be easily defined
and tuning of &; requires trial and error at implementation or during simulation study.
If ; can be selected sufficiently large without forcing the root locus to cross over to

the right hand side of the s plane, then we can have,

G¥(s)> G (s Xk GG, WG () = £.(s) (8.8)

This means that the resulting performance of AuIOIMC on the uncertain system is
similar to the performance of IOIMC on nonlinear system in the case of no
plant/model mismatch when the value of &; increases. The effect of increasing the
values of k on the closed-loop performance of AulOIMC on the evaporator will be

evaluated through simulations.

Corollary 8.1: The stability of the AwlOIMC also implies that the internal

dynamics are stable.

Proof: By l/O linearization, it produces (n-r) dimensional internal dynamical sub-
system that is driven by the system outputs and their first r-1 derivatives (Isidori,
1995). Since the nonlinear plant P represented by the model M in Equation (8.1) is
assumed to be minimum-phase, the stability of the system outputs also implies the

stability of the forced zero dynamics.

For the nominal case where the model M is the perfect description of the nonlinear
plant P, the feedback-linearized plant would exhibit the dynamics represented by the

nominal 1/0 model, ie. G, =G,_,. Also, there would be no model error, ie. 7 =y,.

Thus, Equation (8.4) reduces to,
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Gi(s)= pr(s_) =/ (8.9)
y7(s)

The above CLTF property is identical to those of noalinear IMC (Henson and
Seborg, 1991b) and IOIMC in Chapter 7 that were derived for the case of no

plant/model mismatch.

8.3. ADAPTIVE I/O INTERNAL MODEL CONTROL STRUCTURE

In AAIOIMC, the model error ¢ is fed through the parameter adaptation law (ie.
block 4 in Figure 8.2) that adjusts the parameters of the /O model G, , hence the

model inverse controtler G, as shown in Figure 8.2.

external augmented IMC structure Input-ouiput process
_________________________________ PP L ooy el ek ST
i

Static state
Gp + —p feedback »
! controller

i
Nonlinear | ¢ . Output : ¥
process ’ nap

v

‘_.1.

Qi
a

Figure 8.2: Adaptive IOIMC structure (AdIOIMC).

The nominal /O dynamics, in state-space form, for the ™_controlled output of the

evaporator given in Chapter 7 is,
Buv.+Bo¥. =, (8.10)

where all terms have been previously defined. Consider that the following /O model

15 used to capture the actual IO dynamics,

BV, +&.Bo¥ =v, (8.11)
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where & is the adaptation parameter for the /™ [/O model G, . Thus, the /" model

inverse controller s,
Ge, = /.G,y (8.12)

Note that the time constant and the gain of the VO model are B, /(d, .‘0) and

1/ (c%] ﬁo) respectively. Therefore, by updating &, , the time constant and the gain are

being updated simultaneously with the same factor.

Theorem 8.2: For the AdIOIMC structure, there exists an update law,

R

such that the i* predicted output tracks the " actual output with the following

desired first order dynamics,
vy 45 =y, (8.14)

Proof: Consider the /" I/O dynamics in Equation (8.11) and the adaptation parameter
a, is updated by Equation (8.13). By substituting Equations (8.13) to (8.11), one

can get,

B:lj;i +[%I[%](y: "5;.')_[}; JVYI_ %Jléfoj;. =V (8-15)

By further algebraic manipulation, Equation (8.15) can be shown to reduce to

Equation (8.14).

Remark: The update law in Equation (8.13) is designed for first order I/O dynamicai
system. For higher order /O systems, similar update law can be derived based on

their [/O models. Note that the external input v;, the model output ¥, and the output

y, in Equation (8.13) are the actual values, instead of their deviation variables.
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Note that  is a tuning parameter, which ensures that ¥, — y, asymptotically at an

adjustable rate set by y. It can be seen from Equation (8.14) as long as y > 0, the
tracking dynamics in Equation (8.14) is stable. Note that a small value of ¥ causes
vigorous tracking of the predicted output to the actual output (or fast error
convergence dynamics), while a large value of j causes sluggish response in the
error convergence dynamics. The above update law is similar to the parameter
estimation methodology of Tatiraju and Soroush (1998) except that it is for linear

system.

Property 8.1: The value a, converges asymptotically in the limit as the

parameter y, goes to zero.

Proof: In the limit that y, — 0, from Equation (8.14), ¥, — y, asymptotically.

Hence, @, converges asymptotically.

Remark: The update law in Equation (8.13) inherently includes a low-pass filter

whose input is the measured output y;.. While ¥y, ~> y, asymptotically in the limit
¥, = 0, a low value is not desirable if the measurement of y; is noisy. On the other
extreme if y, — o, the term (y,. ~3,) ¥, in Equation (8.13) becomes insignificant,

and Equation (8.13) reduces to,

& =[ ! lZ_J (8.16)
ﬂiﬂ Yi

Equation (8.18) is the steady state update law for the adaptation parameter &,. This

implies that, as y, — <, the update law in Equation (8.13) ignores the dynamics of
the I/O system. By substituting Equation (8.16) into Equation (8.11), one can show

that y, =0. This implies that, as 7, — o, the predicted output under the update law
will be stable. However, steady state offset between the actual and the 'O model

output would exist since the tracking dynamics (ie. 3, =0) is not forced by the actual
output. The effects of increasing y, of AJIOIMC on the four-effect evaporator are

investigated in Section 8.4.3.
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Property 8.2: The value a, converges asymptotically if y, — 0 asymptotically.

Proof: In the case that  — 0, since the tracking dynamics in Equation (8.14) is
asymptotically stable, , — y, asymptotically and thus the update law in Equation

(8.13) 1s asymptotically stable.

The effectiveness of AAIOIMC and the effects of the tuning parameters y, on the

control of the four-effect evaporator will be investigated through computer

simulations.

8.4. APPLICATIONS TO THE EVAPORATOR

The closed-loop simulations of the proposed AulOIMC and AdIOIMC structures on
the four-effect evaporator in Chapter 7 are presented in this section. In the
simulation studies, reduced-order observer was used for simulation of the

unmeasured liquor densities (ie. p,,0,,0,) from the available measurements of the

controlled outputs (1. &, Ay, b3, 4, and py), the secondary outputs (ie. Ty, T, 73 and
13) and the inputs (ie. Qpi, Op, Ors, Ops and g, ). The model M2 was used for the

designs of the nonlinear state feedback control laws and the reduced-order observer,
while model M1 was used to simulate the four-effect evaporator. Two unmeasured
disturbances were used for the closed-loop simulations. They were 2 m*/hr increases
in the liquor feed flow O, to the first effect and 15% reduction in the overall heat

transfer rate (1e. {/4’s) of all the heaters.

8.4.1. COMPARISONS OF NONLINEAR CONTROL STRATEGIES

In this section, the regulatory control performance of IOIMC, AulOIMC and
AdIOIMC on the simulated four-effect evaporator are compared. The design
parameters for the nonlinear control structures are given in Table 8.1. It should be
noted that the tuning parameter &; for AulOIMC and y, for AAIOIMC were selected
arbitrarily since the purpose of the case study was to demonstrate the advantages of
AulOIMC and AdIOIMC for enhancing the performance of IOIMC.
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Table 8.1: Design and tuning parameters for the nonlinear control structures.

QOutputs B, A, z,; (hr) k; ¥ (hr)
H, 21.8 1 1.0 5.0 50
h, 12.3 I 1.0 5.0 50
h; 10.6 1 1.0 5.0 5.0
hy 9.62 1 1.0 5.0 5.0
0 1.55 10 2.5 5.0 5.0

The closed-loop responses of the controlled outputs are given in Figure 8.3. Note
that the liquor levels are only shown for the first 10 hours to clearly indicate the
differences in the transient responses between the three nonlinear control strategies.
Furthermore, it can be shown that the liquor levels approach their set points after 10
hours. The calculated ITAE of the controlled outputs are given in Table 8.2. It can
be noted from Table 8.2 that control of all the outputs were improved by the
AulOIMC and AdIOIMC. For example, significant improvement in disturbance
rejection for the liquor density can be seen from Figure 8.3e as well as from the
significant reduction in the ITAE of the liquor density in Table 8.2. The improved
control on the liquor density provided by the AdIOIMC was superior to the
AulOIMC. However, when the liquor levels in Figure 8.3 are compared, the
performance of AJIOIMC was worse than the AulOIMC. Similar situations can also
be seen from the calculated ITAE of the outputs that are given in Table 8.2. The
observed inconsistencies in the performance between the AulOIMC and AdIOIMC
were largely due to the tuning for the gains and the parameter update laws,
respectively. Nevertheless, the important observation to be made is that both
proposed strategies with arbitrary tuning parameters improved the control of the
cvaporator.

Oscillatory responses can clearly be seen in Figure 8.3, especially for the liquor
levels of FT #1 and #2 (ie. Figures 8.3a and 8.3b). These are not significant since the
amplitudes of the oscillations are relatively small. Furthermore, the oscillations
damped out quickly. The responses of the manipulated inputs of the evaporator that

correspond to the controller outputs in Figure 8.3 are given in Figure 8.4, while the
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responses of the liquor temperatures are given in Figure 8.5. It can be seen from

Figure 84 that the three nonlinear controllers responded to the unmeasured
disturbances rapidly by making large manipulations to the inputs initially. However,
AulOIMC and AdIOIMC cause less oscillatory responses to the inputs when
compared to IOIMC. For example, in Figure 8.4, the responses of the inputs of
IOIMC were more oscillatory than input responses of AulOIMC and AdIOIMC.
This clearly is an advantage for the industrial evaporation system as energy is
associated with the manipulations of control valves for the inputs. The responses of
the liquor temperatures, as seen in Figure 8.5, are less oscillatory under the
AdIOIMC and AulOIMC than the IOIMC. This is clearly favourable in terms of the
operation of the evaporator due to less oscillatory responses in the states of the

system.
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Figure 8.3: Comparative closed-loop responses of the controlled outputs.
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Table 8.2: Calculated ITAE of the outputs of the evaporator (70 hours).

Outputs I0IMC AulOIMC AdIOIMC
hy 0.0498 0.0049 0.0187
hy 0.0534 0.0052 0.0096
hy 0.0037 0.0007 0.0009
ks 0.0128 0.0013 0.0018
01 6.1007 0.6776 0.0133
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Figure 8.4: The manipulated variables, corresponding to the output responses in

Figure 8.3.
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Figure 8.5: Responses of the liquor temperatures, corresponding to the output

responses in Figure 8.3.

The model error dynamics of the evaporator that correspond to the responses in
Figure 8.3 are given in Figure 8.6. Note that the predicted output errors are defined
as ¢ =y, —¥,. It can be seen that the AulOIMC and AdIOIMC reduced the errors of

the output predictions from the 1/0 model considerably, indicating that either the
additional augmentation loop or the parameter adaptation enhanced the performance
of the I/O model, hence the [OIMC. Furthermore, the errors of the predicted outputs
converged rapidly under the AAIOIMC and AulOIMC, especially for the liquor level
and density of FT #4. Also, the update law in Equation (8.13) provided good

convergence dynamics to each of the predicted output errors (ie. € — 0 as ¢t — ),

except for the liquor level of FT #2. Nevertheless, the oscillatory response predicted
output error of liquor level of FT #2 decayed rapidly and converged to zero as ¢ — .

The effects of the tuning parameters y, on the error convergence dynamics are

investigated in Section 8.4.3.
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Figure 8.6: The predicted output error dynamics, corresponding to the responses in

Figure 8.3.

8.4.2. ROBUSTNESS OF AulOIMC ON THE EVAPORATOR

The effects of the tuning parameter &, on AulOIMC for improving control on the
evaporator were evaluated and the resuits are presented in this section. The values of
the £’s used in the investigation were 1.0, 5.0 and 50.0. The closed-loop responses
of the controlled outputs of the evaporator are illustrated in Figure 8.7. It can be
seen that the regulatory control of the outputs was improved as the values of &; were
increased. This improved regulatory control of the outputs can be seen from the
reductions in the disturbances on and the fast settling time of the outputs as the

values of &, increase as shown in Figure 8.7. The responses of the manipulated
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inputs of the evaporator that correspond to the responses in Figure 8.7 are given
Figure 8.8. [t can be seen from Figure 8.8 that the responses of the manipulated
inputs are less oscillatory as the values of &; increase. However, large manipulations
of the inputs are required especially for the liquor flows (indicated by the large
increases and reductions in the liquor flows initially in Figure 8.8). This could be a
disadvantage for practical implementation on the evaporation system on-site due to
limitations on the dynamics associated with the variable speed pumps. On the other
hand, it appears that, at low values of &;, more work (ic. energy) need to be put into

manipulating the inputs as indicated by the oscillatory nature of the responses in

Figure 8.8.
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Figure 8.7: Closed-loop responses of the controlled outputs for various values of k;

for AulOIMC
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Figure 8.8: The manipulated inputs, corresponding to the responses of the outputs in
Figure 8.7.

The responses of the liquor temperatures of the evaporator are given in Figure 8.9.
In can be seen that, as the values of &; of AulOIMC were increased, the stabilisation
dynamics of the liquor temperatures were improved. This can be seen from the
faster rise time and diminishing overshoots in the liquor temperatures as the values
of k; increase as shown in Figure 8.9. Therefore, AulOIMC with larger values of £;
provides improved control of the outputs with fast stabilising dynamics for the

internal variables.
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Figure 8 9: Responses of the liquor temperatures, corresponding to Figure 8.7.

8.4.3. ROBUSTNESS OF AdIOIMC ON THE EVAPORATOR

The study on the effects of the tuning parameters ¥ on the performance of AdIOIMC
on the four-effect evaporator was carried out in 4 cases, namely: 1)
¥y, =05i=1---5, 2) y,=50,i=1---5, 3) " and 4) y, =5000,i=1,---5. The
closed-loop responses of the controlled outputs of the evaporator are given in Figure
8.10. The corresponding responses of the manipulated inputs are given in Figure
8.11. Note that the responses of the inputs are only shown for the first 10 hours,
instead of the full simulation time (ie. 70 hours). This is to clearly indicate the

differences in the transient responses for the various values of y, .

It can be seen from Figure 8.10 that the disturbances on the outputs and their settling

times are significantly reduced as the values of », get larger. It is also interesting to
note that the performances of cases 3 and 4 (ie. y, =500,i=1---5 and
¥, =5000,i=1,---,5) were comparable (te. no significant difference exist in the

output responses). This indicates that no further improvement in the control of the

outputs was made under the AJIOMC beyond the values of 50 for the y, of the
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parameter update laws. The above observations also suggest that the performance of
the update laws in Equation (8.13) on the evaporator approached the steady state
update law in Equation (8.16) beyond the values of 50 for the tuning parameters. It
can also be seen that the AdIOIMC with the steady state parameter update law in
Equation (8.16) performed better than IOIMC. However, the performance of
AdIOIMC with large tuning parameters was worse when compared to the cases
where small values for the tuning parameters were used. The responses of the

manipulated variables for the different values of y, were comparable as can be scen

m Figure 8.11,
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Figure 8.10: Closed-loop responses of the controlled outputs for various values of y,

for AdIOIMC.
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Figure 8.11: The manipulated inputs, corresponding to the responses in Figure 8.10.

The responses of the liquor temperatures of the evaporator are not given here since
there was no significant differences in their transient responses. It can be shown that
the liquor temperatures under the AJIOIMC with different tuning parameters were
similar. The error dynamics of the predicted outputs are given in Figure 8.12. It can
be seen that the model errors were reduced and they converged to zeroes faster as the
tuning parameters were reduced. This indicates that the tracking dynamics of the /O
model outputs to the outputs were more rigorous as the tuning parameters increase

for the evaporator. When values of y, were large, there were steady state offsets

between the I/O model outputs and the actual outputs, especially for the liquor level
of FT #1. The movements of the adaptation parameters of AJIOIMC with various

values of y, are shown in Figure 8.13. It can be seen that, as y, — 0, the adaptations
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of &, are faster as can be seen from the step responses in Figure 8.13. Note that the
ultimate responses of &, for all outputs are the same for the various values of y,

except for FT #1. For example, the ultimate responses of cases 3 and 4 are different

from cases 1 and 2.
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Figure 8.13: Responses of the adaptation parameters, corresponding to the responses

8.4.4. AulOIMC VERSUS AdIOIMC

in Figure 8.10.

The proposed AulOIMC and AdIOIMC strategies have been shown to enhance the

regulatory contro! performance of IOIMC on the evaporator. Both strategics can be

readily implemented on-site as far as simplicity and practicality are concerned since

only basic algebraic calculations are involved (as shown in Chapter 3). However,

their tuning approaches are significantly different from each other,

For AulOIMC, the gain can be increased to improve the control performance as

demonstrated from the simulation results in Section 8.4.2. However, as shown in

Theorem 8.1, there exist values for the gains beyond which the AulOIMC becomes

unstable. No theoretical method can be used to determine these uitimate gains since
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the extent of plant/model mismatch is not known a priori. In the case of the
evaporator, the gains could be increased as large as possible without causing closed-
loop instability since the feedback-linearized plant is first order (ie. each output has a
relative order of 1 as shown in Chapter 4). Also, as shown in Section 8.2, the
effectiveness of AulOIMC on uncertain processes needs to be investigated through

either simulation or implementation.

For AdIOIMC, the tuning of the parameters ¥ requires little knowledge on the nature
of the plant/model mismatch and, as long as they are positive values, their
magnitudes do not affect the closed-loop stability. In other word, tuning of
AdIOIMC is straightforward and, as shown from the simulation results, the enhanced
control performance is guaranteed for any values of . The only limitation posed on
the tuning of the parameters ¥ is the presence of noise in the measurements of the
outputs. If high levels of noise are present in the output measurements, high values
of y are required in the expense of the control performance. Consequently,
AdIOIMC is only highly beneficial to situations where the levels of measurement

noise are minimal.

Section 8.4.1 indicates that both AuIOIMC and AdIOIMC were not tuned to their
optimal settings for the evaporator. Furthermore, the tuning parameter for each of
the outputs was the same for either of the proposed strategies. In other words, one
could tune each of the parameters according to the importance of the respective
output to be controlled. For example, in case of AAIOIMC, the parameter for each of
the controlled outputs could be tuned according to the presence of the level of noise

in its measurement.

8.5. CONCLUSIONS

Two strategies have been proposed for enhancing the control performance of IOIMC
of the four-effect evaporator. The first strategy was augmented IOIMC (AulOIMC)
that is composed of IOIMC structure and additional SISO feedback loops whose
inputs are the plant/model mismatches. The additional feedback loops simply

multiply the plant/model mismatches with gains and the results used to adjust the
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errors to the model inverse controllers of IOIMC. The stability of AulOIMC is
guaranteed if the IOIMC is stable with proper tuning of the gains. It was also shown
that the performance of the AulOIMC on uncertain systems approaches the closed-
loop characteristics of IOIMC in the case of no plant/model mismatch if the gains of
the additional feedback loops are chosen to be sufficiently large. The second method
was adaptive IOIMC (AdIOIMC) that is composed of the original IOIMC structure
with parameter adaptations that are based on the plant/model mismatches. In
AdIOIMC, SISO parameter update laws are used to update the parameters of the V'O
models, hence the model inverse controllers of IOIMC. The update laws guarantee
the asymptotical tracking of the /O model outputs to the process outputs with
adjustable rates set by a set of tuning parameters. The effects of the set of tuning

parameters on the performance of the update laws were also detived.

Simulation results of AulOIMC and AdIOIMC on the evaporator were given.
Comparative studies on rejecting unmeasured disturbances on the evaporator
indicated that AulOIMC and AdIOIMC performed significantly better than IOIMC in
terms of disturbance reductions and fast settling time. Furthermore, both proposed
strategies also provided fast stabilisation dynamics for the liquor temperatures of the
evaporator than IOIMC, providing better operation of the evaporator in terms of less
oscillatory responses of the states of the process. Both strategies were shown to
reduce the plant/model mismatches between the controller and the evaporator

models.
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CHAPTER 9

CONCLUSIONS AND RECOMMENDATIONS

9.1. CONCLUSIONS

Differential geometric nonlinear controls, employing I/O linearization technique, of
multiple stage evaporator system of the liquor burning facility associated with the
Bayer process for alumina production at Alcoa Wagerup alumina refinery have been
mvestigated through computer simulation and “real-time” implementation. In

particular, the objectives as set in Chapter 1 of this thesis have been met accordingly.

Mathematical model for the evaporator system has been developed for the synthesis
of geometric nonlinear control laws that are easy for on-site control system
implementation. Initialisation equations have also been developed to avoid “bumps”
in the process inputs, which cause disturbances to the process, during nonlinear
control start-up. Furthermore, instead of variable transformation using steady state
relationship (To, 1996, To er al, 1998b), simple cascade arrangement has been
proposed for direct implementation of the geometric nonlinear control technique.
The practicality of the proposed design has been demonstrated through successful
real-time implementation on the evaporator system simulator. Also, the geometric
nonlinear control technique was shown to be computationally efficient for industrial

practice.

Numerical simulations of geometric nonlinear control techniques on the evaporator
system have been performed to assess their performance, and to compare their
advantages over the existing linear control strategy on-site. In the simulations, a
more complicated model was used for evaporator simulation while a simpler model
was used for geometric nonlinear controller designs. This allowed the investigations

of robustness properties of the geometric nonlinear control on the simulated
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evaporator system. Simulation results demonstrated that the geometric nonlinear
control schemes outperformed the existing linear control strategy in disturbance
rejections and output tracking, and are robust against parametric uncertainty and

unmodelled dynamics.

Two nonlinear control structures, adaptive I/O internal model control (AdIOIMC)
and augmented I/O internal model control (AulOIMC) structures, were proposed for
robust nonlinear control of the evaporator system on-site. Both structures enhance
the nonlinear control performance based on model error compensation methods.
The proposed nonlinear control structures are simple and computationally efficient
as, similar to the geometric nonlinear control technique, they can be implemented in
industrial control system algebraically. Numerical simulations of the proposed
nonlinear control structures on the evaporator system showed improved control
performance over the geometric nonlinear control technique that was implemented

on the simulator.

A package, consisting the procedures for nonlinear control system analyses, design
and simulation, has been developed in MAPLE (a symbolic computing platform)
environment as an educational and research tool. The analysis and design
procedures employ the differential geometry concepts that are transparent to the
users. Consequently, use of such procedures does not require detailed knowledge on
differential geometry. The symbolic package, however, has been developed for a
specific class of MIMO nonlinear control systems that are control-affine,
controllable and invertible. As such, its use is limited to the specific nonlinear
control systems. Also, it was found that MAPLE, while it is superior for analyses and
designs, it is not suitable for numerical simulations of nonlinear control systems due

to its inherent inefficiency of physical (or virtual) memory usage.

State observer, that is reduced-order nonlinear process model, has been designed for
actual plant implementation of the geometric nonlinear controller. The reduced-
order state observer is for on-line open loop simulation of the unmeasured states,
which are required by the geometric nonlinear controller, from the available process

variable measurements of the evaporator system on-site. Numerical simulation
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demonstrated the feasibility of the nonlinear output feedback controller (ie.
combination of the geometric nonlinear controller and the reduced-order state
observer) on the evaporator system. Actual plant implementation of the nonlinear
output feedback controller was not performed due to time limitations as it took more
than two years for the implementation on the “real time” evaporator system
simulator to be completed. However, the experience and knowledge obtained from
the implementation trial on the simulator is valuable to the academic and mdustry.
Furthermore, the implementation trial on the simulator has successfully
demonstrated the practicality and superiority of geometric nonlincar control
technique for industrial processes. Therefore, the ultimate task of this thesis in
bridging the widening gap between academic nonlinear control theories and

industrial process control practice has been achieved.

9.2. RECOMMENDATIONS

The objectives of this thesis have been, in parts, successfully achieved. The
remaining areas with regards to this thesis that are open for future research are

outlined below.

The MAPLE package developed for numerical simulations of geometric nonlinear
control of processes is not suitable as the memory requirements are likely to increase
exponentially, or double exponentially, with respect to the size of the problems. This
is impractical, as most industrial processes are large-scale problems. As such, the
combination of symbolic and numeric computation is recommended for hybrid
solutions of the problems. Symbolic computation is used for the analyses and
designs of geometric nonlinear control systems, while numeric computation can be
used for numeric simulation of the nonlinear control problems. MAPLE procedures
that have been developed are of limited use to a very specific class of nonlinear
control systems. It is recommended that the procedures be extended to more general

class of nonlinear control systems.

Geometric nonlinear control strategies investigated on the evaporator system in the

thesis did not include proper anti-windup scheme. Instead, a simple “clipping”
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saturation occurred), their presence in the actual plant situation cannot be overlooked.
One approach to avoiding input constraint saturation is to tune the nonlingar
controller conservatively. However, this might unnecessarily limit the performance
of the controller. As such, geometric nonlinear control with anti-windup scheme for

the evaporator system needs to be investigated for optimal controller performance.

Use of reduced-order observer, combined with the geometric nonlinear controller, for
nonlinear output feedback control of the evaporator system has been shown to
deteriorate the control performance when compared to the case of full-state feedback
control due to state estimation from uncertain model. However, its use for actual
plant implementation of the geometric nonlinear controller on the evaporator system
on-site is unavoidable since all the required process variables of the evaporator are
not measured on-line. It is recommended that the nonlinear output feedback
controller needs to be tested on the simulator prior to actual plant implementation.
This will provide confidence in the stability and performance of the nonlinear output

feedback controller the actual plant implementation.
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APPENDIX A

CALLING SEQUENCES AND VARIABLES FOR

MAPLE PROCEDURES

A.1l. MAPLE VARIABLES

aplot
dx

gain

ITAE

Ke

kmax
LL

nx

obvar

obvar0
obvarplot

pout

mx1 dimensional array of time series of the adaptation parameter &
nx1 dimensional array of the state equations

eg. dx = [dhidt,dh2dt,dh3dt,... dRho3dt,dRho4dt]

mx1 dimensional array of the tuning parameter £ of AulOIMC

mx1 dimensional array of the calculated time-weighted absolute error
of the outputs

mx | dimensional array of the proportional gains

eg. Ke =[15,15,15,15,3]

mx1 dimensional array of the integral gain

eg. Ki=1[15,15,15,15,3]

k™ loop. Is converted to time using t,=k*t,.

maximum number of loops determined by the total simulatton time
mx1 dimensional array of the lower bounds of manipulated inputs
eg. LL =[0,0,...,0]

nx1 dimensional array of the transformed state coordinate

eg. nx = [Rhol,Rho2,Rho3,T1,..., T4 h1 h2,.. Rho4]

sx1 dimensional array of the secondary variables

eg. obvar = [T1,T2,T3,T4]

sx1 dimensional array of the secondary outputs at time t;

sx1 dimensional array of time series of the secondary variables
sampling rate of simulation for plotting of simulation results, ie. pout

= 2 means that each data is saved for plotting per 2 simulation loops
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Procedures

tc

tf

ti

ts

UL

unobvar

unobvar(

unobvarplot

uvar

ul

us

uplot
vl
vplot

xvar

Xs

x0
xplot

yvar

¥s

mx1 dimensional array of the closed-loop time constant

eg. tc =[1.0,1.0,1.0,1.0,2.5]

mx1 dimensional array of the tuning parameter ¥ of AJIOIMC

mx1 dimensional array of the integral time

eg. t1 = [6.25,6.25,6.25,6.25,5.00]

simulation interval/sampling time

mx1 dimensional array of the upper bounds of manipulated variables
eg. UL = [50,50,....4.5]

(n-s-m)x1 dimensional array of the unmeasured internal variables
eg. unobvar = {Rhol,Rho2,Rho3]

(n-s-m)x1 dimensional array of estimates of the unmeasured internal
variables at time t;

(n-s-m)x1 dimensional array of time series of estimates of the
unmeasured internal variables

mx1 dimensional array of the manipulated mputs

eg. uvar = [Qpl,0p2,...,m _s4]

mx]1 dimensional array of the manipulated inputs at time t

mx1 dimensional array of the steady state values of the manipulated
inputs, eg. us = [Qpls,Qp2s,...,m_s4s]

mx1 dimensional array of time series of the mampulated inputs

mx1 dimensional array of outputs of PI controllers at time t,

mx1 dimensional array of time series of the PI outputs

nx1 dimensional array of the state variables

eg. xvar = [h1,h2 h3,... Rho3,Rho4]

nx1 dimensional array of the steady state values of the state variables
eg. xs = [hls,h2s,h3s,... ,Rho3s,Rhods]

nx] dimensional array of the state variables at time ty

nx] dimensional array of time series of the state variables

mx1 dimensional array of the outputs

eg. yvar = [h1,h2,h3,... Rho4]

mx1 dimensional array of the outputs at time tx

mx1 dimensional array of the steady state values of the outputs
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eg. ys = [h1s,h2s,h3s,... ,Rhods]

yplot mx1 dimensional array of time series of the outputs

A2, CALLING SEQUENCES

In this sectton, examples of using the MAPLE procedures for the differential
geometric analysis, design of nonlinear static state feedback control laws and the
closed-loop simulations of the four-effect evaporator are given. In Section A 2.1, the
calling sequences for the MAPLE procedures for the evaporator with incomplete state
mnformation are given. The calling sequences for the full state information case is
given mn Section A.2.2. This is to illustrate the uses of the same MAPLE procedures
for the nonlinear control studies of nonlinear systems with or without full state
information. For both sub-sections, simultaneous unmeasured disturbances were

introduced to the closed-loop system.

A.2.1. CALLING SEQUENCES WITH INCOMPLETE STATE INFORMATION

The following is an example of MAPLE worksheet that was used for the closed-loop
simulation study of the industrial four-effect evaporator. For the evaporator on-site,
the liquor temperatures were not controlled but measured on-line. The liquor

densities of flash tanks #1, #2 and #3 are not controlled and measured on-line.

> with(linalg):

> with(nlcontsys):

>#

> xvar:=[hl,h2,h3,h4,Rho_4,T1,T2,T3,T4,Rho_1,Rho_2,Rho 3]:
>x5:={1.5,2.25,2.25,2.25,1.54,66,90.6,129,135,1.3571,1.4218,1.490]:
>#

> uvar;=[Qp1,Qp2,Qp3,Qp4,m_s4]:

>us:={32.727.7,24.421.6,2.38]:

> #

> yvar=[ht,h2,h3,h4,Rho_4,T1,T2,T3,T4,Rho_1,Rho 2 Rho 3]:
>xs:=[1.5,2.25,2.25,2 25,1 54,66,90.6,129,135,1.3571,1.4218,1.490]:
>#

> yvar=[hl,h2 h3 h4, Rho 4]

>ys:=[15225225225154]

>#

> dvar:=[Qf Rho_f Tf]:

> ds:=[37.7,1.310,60]:

> #

> obvar;=[T1,T2,T3,T4}:

> unobvar:=[Rho_1,Rho 2,Rho 3]

> nx:=[Rho_1,Rho 2,Rho_3,T1,T2,T3,T4,h1,h2,h3 h4, Rho 4]:

>#

> # assign the state equations of evaporator model for static state feedback control
> # laws synthesis
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>#

> dh1dt:=Equation (4.57):

> dRho_idt:=Equation (4.58)
> Rho_v!:=Equation (4.62);
>H#

> dh2dt:=Equation {(4.65):

> dRho_Z2dt:=Equation (4.66}:
> Rho_v2:=Equation (4.70):
>H#

> dh3dt:=Equation (4.73):
>dRho 3dt:=Equation (4.74):
> Rho v3:=Equation (4.79):
>#

> dh4dt:=Equation (4.82):

> dRho_4dt:=Equation (4.83).
> Rho_v4:=Equation (4.87):
> #

> # evaporation rate equations
>#

> El:=Equation {4.60):

> E2-=Equation {4.68):

> E3:=Equation (4.76):

> E4:=Equation {4.85):

# differential equation for level of FT #1
# differential equation for density of FT #1
# vapour density in FT #1

# differential equation for level of FT #2
# differemial equation for density of FT #2
# vapour density in FT #2

# differential equation for level of FT #3
# differential equation for density of FT #3
# vapour density in FT #3

# differential equation for level of FT #4
# differential equation for density of FT #4
# vapour density in FT #4

# Evp. rate of vapour in FT #1
# Evp. rate of vapour in FT #2
# Evp. rate of vapour in FT #3
# Evp. rate of vapour in FT #4

>

> # set up the state equation array

>H#

> dx:=[dh1dt,dh2dt,dh3dt,dh4dt,dRho_4dt,dT1dt,dT2dt,dT3dt,dT4dt,dRho_1dt,dRho_2dt,dRho 3dt]:
>#

> # assign constants for the evaporator model

>#

> Aa:=18.3036: # constant for Antoine-equation for vapour-temperature relation
> Ba:=3816.44. # constant for Antoine-equation for vapour-temperature relation
> Ca;=-46.13: # constant for Antoine-equation for vapour-temperature relation
>M:=18: # water molecular weight

>R:=8314: # gas constant

> #

>V1:=24: # total volume of FT #1

> V2:=36: # total volume of FT #2

> V3:=36; # total volume of FT #3

> V4:=36 # total volume of FT #4

>#

> Cp_fi=3290: # specific heat capacity of liquor feed stream
>Cp_1:=3290: # specific heat capacity of liquor product stream from FT #1
>Cp_2:=3250: # specific heat capacity of liquor product stream from FT #2
> Cp_3:=3320: # specific heat capacity of liguor product stream from FT #3
>Cp 4:=3410: # specific heat capacity of liquor product stream from FT #4
> Cp_hf1:=3290: # specific heat capacity of liquor feed stream of HT #1

> Cp_hf2:=3250: # specific heat capacity of liquor feed stream of HT #2

>#

>H s1:=2325000: # latent heat of condensation of steam to HT #1

>H 52:=2246300: # latent heat of condensation of steam to HT #2

>H s3:=2131800: # latent heat of condensation of steam to HT #3

>H s4:=H s3: # latent heat of condensation of steam to HT #4

>#

> Al:=8: # cross sectional area of FT #1

> A2:=Al: # cross sectional area of FT #2

> A3=Al: # cross sectional area of FT #3

> A4:=Al: # cross sectional area of FT #4

>#

> Rho_wl:=1.000: # densities of saturated water

A-4
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> Rho_w2:=1.000:
> Rho_w3:=1.000:
> Rho_w4:=1.000:

> #

> m_s3:=(5.76/2.38)*m_s4: # ratio of steam rate of HT #3 to steam rate of HT #4
>#

> # assign the rate of condensation of vapour

>#

> assign{m _v1=El,m_v2=E2, m_v3=E3, m_v4=E4).
>#

> # assign boiling point elevation

> #

> assign(BPE1=11,BPE2=16, BPE3=24.6 BPE4=30.6):
>#

> # assign initial steady states for liquor temperatures
>#

> assign(T15=66,T25=90.6,T35=129,T4s=135);

> #

> # assign vapour pressure-temperature relationship (locally linearized)

>#

> assign(P1=Equation (4.63),P2=Equation (4.71),P3=Equation (4.80),P4=Equation {4.88)):
>4

= # assign liquor temperature state equations

> #

> assign(dT1dt=Equation (4.59),dT2dt=Equation {(4.67),dT3di=Equation (4.75),
> dT4di=Equation (4.84)):

>#

> # assign temperature equation coefficients

> #

> assign(CoT1=Equation (4.64),CoT2=Equation (4.72),CoT3=Equation (4.81),
> CoT4=Equation (4.89)):

>4

> # assign latent heat of vaporization

> #

> assign(H_v1=2370800,H_v2=2322500,H v3=2243600H_v4=2243600):
>#
> # assign disturbance

> #
> assign(Qf=37.7 Rho_f=1.310,Tf=60.0):
> #
> io(dx,xvar,yvar,uvar,unobvar,obvar,nx,xs);
Relative Order Matrix:
(1 1 o 1 1]
1 1 « 1 1
w 1 1 w 1
w w 1 1 1
[0 o 1 1 1
Total Relative Order:
5
Rank of Characteristic Matrix at x0, C(x0):
5
Nonlinear Controller Design Parameters:
Bio. Bu
Bao. B2t
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Bo, Bt
Bao, Bar
Bso, Bsi

Condition Number of Characteristic Matrix at x0:
149.3675098

> unassign('BPE1",'BPE2''BPE3','BPE4'):

> unassign('P1','P2",'P3' P4):

> unassign('dT_1dt','dT_2dt,'dT_3dt' 'dT_4dr).

> unassign{'CoT1",/CoT2,'CoT3" 'CoT4"):

> unassign('m_v2''m_v3''m_v4'):

> unassign{’H_v1"'H_v2''H_v3''H_v4"):

> unassign('Qf 'Rho_f,'Tf):

>#

> # re-assign model equations for nonlinear plant

> #

> # Recycle rates at nominal conditions

>#

> assign(R1=731.0,R2=3627.5,R3=3470. 5,R4=3329.0):
>#

> # Values for UA's

> #

> assign(UAl=I999780.0*0.SS,UA2=965389A5*0.85,UA3=822464.0*0.85,UA4=572079.0*O.85):
> #

> # assign density dependent boiling point elevation

>#

> assign(BPE [=Equation (4.8),BPE2=Equation (4. 18),BPE3=Equation (4.31),
> BPE4=Equation (4.43)):

>#

> # assign vapour pressure-temperature relationship (nonlineear)

>#

> assign(P1=Equatiion (4.7),P2=Equation {4.21),P3=Equation (4.35),P4=Equation {4.45)):
>#
> # assign temperature state equations

> #

> assign(dT1dt=Equation (4.3),dT2dt=Equation (4.13),dT3dt=Equation {4.26),
> dT4dt=Equation (4.40)):

>#

> # assign temperature equation coefficient

>#

> assign(CoT 1=Equation (4.9),CoT2=Equation (4.22),CoT3=Equation (4.36),CoT4=Equation (4.46)):
>#
> # assign density equation coefficient

>#

> assign(CoRho1=Equation (4.10), CoRho2=Equation (4.23),CoRho3=Equation (4.37),
> CoRho4=Equation (4.47)):

>#

> # assign vapour condensation rates

>#

> assign(m_v1=El,m_v2=Equation (4.7),m_v3=Equation (4.7),m_v4=Equation {(4.7)):
>4
> # assign temperature-dependent latent heat of vaporization

>#
> assign(H_v1=(-2.5428*(T1-BPE1)+2511.3)*1000,H_v2=(-2.5428*(T2-BPE2)+2511 3)*1000,
> H_v3=(-2.5428*(T3-BPE3)+2511.3)*1000,H_v4=(-2 5428*(T4-BPE4)+2511.3)*1000):
> #

> # specify the design parameters
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>#

beta:=array(1..5,0..1,[{(us[1}/ys[ 1), 1], [(us[2Vys[2]), 1 L[ (us[3Vys[3]), 1], [(us[4]/ys{4]), 11, [(us[5}/ys[5])
101

! #]])

= UL:=array(1..5,[50.0,50.0,50.0,50.0,4.5}):

> LL:=array(1..5,[0.0,0.0,0.0,0.0,0.0]):

> Kc:=array(1..5,[15,15,15,15.3]):

> Ki=array(1..5,[15,15,15,15,3]):

> ti=array(1..5,{6.25,6.25,6.25,6.25,5.0)):

> t5.:=0.02:

> kmax:=2000:

> pout:=2:

>#

> # assign disturbance

>

> assign{Qf=39.7 Rho_f=1.310, TF=60.0):

> #
>mimoglcloop(dx,xvar,yvar,uvar,unobvarr,obvar,xs,ys,us,UL,LL,KC,Ki,ti,ts,kmax,pout,sﬂ,bte,obseqn

Integral Time Weighted Absolute Error:
[.8215698428, 3431095150, .0208256078, 06609384313, 7.467232682]
> print{yplot]{5]):
0.015

0.01 |

0.005 |

‘ :
-6.005 3 20 24 28 32 36 40

-0.01

-0.015

- S

-0.02

R

-0.025 _

Time

> print(uplot[51):
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0 4 3 12 16 20 24 28 32 36 40

Not that the assign command before and the wnassign command after the procedure
io are used to specify different models for the nonlinear static state feedback control
laws synthesis and simulation of the nonlinear plant. In the above example, the
equations for model M2 were specified before procedure /o (ie. specifying the state
equation array “dx’) for nonlinear controller design and the equations were removed
from array “dx’ after procedure jo. The equations for model M1 were then specified
for *dx’ that 1s used for the simulation of the evaporators’ states in procedure
mimoglcioop.  This allows maximum flexibility in using different models for

robustness studies of the differential geometric control method.

A.2.2. CALLING SEQUENCES WITH COMPLETE STATE INFORMATION

Calling sequences for nonlinear control studies of the evaporator model with full on-
line state information can be performed in similar way as in Section A.2.1, with
slight modifications to arrays ‘unobvar’ and ‘obvar’. The definitions of the arrays
are:

> obvar:=[T1,T2,T3,T4, Rho_I Rho 2 Rho 3]:

> unobvar=(]: # empty array
>nx=[T1,T2,T3,T4, Rho_1.Rho_2 Rho 3,h1,h2,h3,h4,Rho 4]:

The sequences and results for procedures io and mimogicloop are,

> io{dx,xvar, yvar,uvar,unobvar,obvar, nx, xs);

Relative Order Matrix:
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w 1 1
o | 1
1 1
1 1
1

8 8
8._.-..-‘;—-

o0
|

11

8
8

Total Relative Order:
5
Rank of Characteristic Matrix at x0, C(x0):
5

Nonlinear Controller Design Parameters:

BIO‘ B[l
Bzo, B'Z!
BSOs B3l
Pao. Py
BSOs BSI

Condition Number of Characteristic Matrix at x0:

149.3675098

>mimoglcloop(dx,xvar,yvar,uvar,unobvar,obvar,xs,ys,us,UL,LL, K¢ Ki ti ts kmax, pout, sfl bte,obseqn)

Integral fime Weighted Absolute Error:
[.BS13148975, 2511923165, 0125171464, 0091463962, 0924525799]

> print{yplot[5]).

4 8 12 16 20 24 28 32 36 40

Time

> print(uplot[3]):
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045 -
04 -
035 -
3 -
025

02 4

0.15 -
0.1
0.05 4

0

Time
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APPENDIX B

STATE SPACE MODELS OF THE FIVE-EFFECT
EVAPORATOR

B.1. STATE-SPACE MODEL M2

The standard state space form of the evaporator model M2 is,

] [AW] [eul) gta) 0 g0 0 0 g{x)]

h, 0 galx) gxlx) 0 g, (x) © 0 g,(x)

A, 0 0 g}:(x) g}a(x) 0 0 0 gs'f(x)

h, 0 0 0 g.ix) gu(x) 0O 0 g,(x)

h, f(x) 0 0 0 g,(x) g.fx) 0 0 [[Qn]

1 f(x) 0 0 0 ga(x) Zes(x) gea(x) 0 Opa
J A 0 0 0 g?s(x) gu(x) 0 0 g'f’.’(x) s
@ I \= fs(x) +| gulx) gulx) 0 gm(x) 0 0 gs‘.'(x) Oy

1, 0 ga(x) gn(x) 0O gi(x) O 0 Zo(x) || Ors

T 0 0 gnlx) gnlx) 0O 0 0 golx) || s

T, 0 0 0 gu()gux) 0 0 gux)m]

Al [f0)] |ga() gx) 0 gulx) 0 0 gal)

P 0 galx) gn(x) 0 glx) 0 0 gu,l(x)

A 0 0 golx) gulx) 0 0 0 gyx)

] LAs)] Lo 0 0 gulx) gslx) 0 U

The entries of vector f are,

f,=01250, -1735x10°Q, p, 7, ,
f, =—0255,

~ 0268 x 10 +0164 x 10" 7, 1203 + 57;)

L =0 25(
fe=-03 (=3+h)(-0421x 10" +0225x10°7, )
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{(-» 0125 x 10° +0173x 10" p, T, J0,{~ 0170 x 10" +0376 x 10“‘)J

(2621+107;)
(—3+h,X—0_250 % 107 + 0649 x 1097;)

|

fo=-2165%107°

=

Mo

(0.694 <10°p, 1, (p, —1)- 05 x 10" p, [

NS

1, =0250x10"Q,

o1
hS

£, =0255
The entries of matrix G are,

g, =-0187x10°aT, 0125, g, =-0206x10"0,7,, g, =0180x10"pT,, g, =—0385

g, =0125-0177x107 pT;, g, =—0125-0211x10"°,T,, g,, =0184x107 p,7,,

£y, =—0393

g, =0125-0181x107 p,T,, g.. =—0I25+0185x 10" 07}, g,; = —0.287
g, =—0185x107 pT, +0125, g, =0190x10" p,7, —0.125, g, =—0119
2., =—0973x107 p,T, +0.649, g, =0984x 107 p,T, — 0.649

3334(~ 2818 + 28687, )~ 0.973x 107 p,T, +0.649)

0150 % 107 p,T, +

2406 + 7,
8oy = ’
[_6-2_10____ 2165(- 2618+ 2868, )](4 62-154h)
2406 +1, (2406+T,) T

2 3334(—2818+28687, - 0984 x 107 p,7, +0.649
0.152><10“‘cl5]?“5+J'J 4( 5X : Pils *1 )

2406+ 7,
8os =
( 6210 2165(-2818+ 2-8687;)](4 62— 1544,)
2406+ 7, (2406+T,) T
i
8o =
[H 6210 _2.165(——281.8+2.868T5)J(462_154h )
2406+T, (2406+17,)" ' 5
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0148 x10 *pTy(p, ~ 1)~ [;;4_]]
X fe _(}94 ) 24 ~F’4T4(p4_1)

B 2 g =—0190x107 R0 )

. =0125
g?.\ h_‘ h4

(~3396+0.7527; (- 0187 %10 g7, —0.125)
1628 (-3396+07521,)
2621+7, (2621+7)

g =1732
[ J(.’M —8h )(2621+1;)

(-3396+0.7521;)p, T,

1628 (—3396+0.7527;)
165 —

g =—0358x107 .
e T2 L (24 -8k (262147,
2621+7, (262147) ]( X )

gy, =0312x107° {-3396+0.7527, )p, 1, ’
84 T

(-3396+07527;)

1628
1628 6 24-8h {2621+,
[262.]4-?} MO ey J( Npez1+T)

(—3396+0.7527;)

{ 1628 2165 (_ﬁg_@-i)z5?;)J(24 —8h, )(262.1 + Tx)
2621+1, (2621+7)

(~1058+15847,%0125-0177x 107 pT;)

8oy =1732
-~ ~ — 5. I
[3'4’0— .65K 10 “5842T2~)J(36—8h2)(257.1+7"2)
2571+7, (2571+7,)
~1058 +13847, (- 0.125-0211x10"° p, 7,
= 1732 ( +15847, Y- 0125-0211x 10 p,7,)

3430 (-1058+15847, )}
[257'1”,2—2. 57121y ](36 8h, X257.1+T,)

(~1058 +1584T,)p,7,,

Zoy = 0318107 ’
{ﬂ ~2165 (-1038+ 1.5811@)](36 -8, X2571+T,)
2571+ 75 (2571+7,)
(~1058+15847,)
g,y = —6805
{3-‘!&9 s\ T1058+ ]’58_4T_))(36 -8h,)(2571+17,)
257147, (2571+73)
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Evaporator
~4104+4.0947,§0.125-0181x 10 " p, .

o 1732 (-4104+4.0947, f0.125 ,OISIXI p7;) ,
[8—865_2,165(—410-4+4-09jf;_)J(36_8h3)(2485+T})
2485+ T, (2485+7,)

~ 4104 +4.0947, X - 0. 185 %107 .7,

o 1732 (~4104+ N-0125+0185x 107 .7,
8865 (s (THIOAHA0NE) ) Noags i)
248547, (248.5 + T)

(—4104+4.0947;)

Eur = -4979

(&5_ 15104 ff-_e‘z:'?"s)](gﬁ _sn)2485+7)
2485+17, (2485+7,)

(-4349+4.0947,}0125-0185x 107 p,T;)

&y =1732

[3.865;} 2165 (— 434.9 + 4.09‘:T4 )J (36 —8h, X2425 + ]4)
242547, (2425+7,)
g =1732 (—4349+4.0947, - 0125+ 0190 x 10,7} ,
[ 8g6s _,, (-4349+ 4.09;1}"4)] (368, 2425+ 7,)
2425+7, (2425+7,)
(- 4349 +4.0947,)
&y = —2057
[ B85 oo (24349420947, )J(% —8h, )2425+T,)
2425+, (2425+7,)

3

g -1 T,(p -1
S = 0187 x 10_6&“&%—)’ gz = 0206 x 10-6%.)

(o —1 082, ~ 308
Lalis ),gm=o.1253082“’1 3.082

2y = —0180x 10
124 hl hl

2 P _
0142 x 10 PITI(Pz - 1)_101( IJ 6 psz(pz _1)

A -
2 2, = 0211 x 107" ——r—,
h2 gljy x h—?

£ = 0125

i = 0184107 M’ B = 0393("2’%_‘1)
2



Appendix B: State Space Models of Five-effect
Evaporator

0145x10 *p,7,(p, —1)—p2[‘-'33- —1)

ol -1
g, = 0125 i . g14;=—0.185x10"’&(p—’—),
hS i hS
2.300( o, ~1
L = 0_1253_0('03_)
. -y pﬁ
0150x10 g7 (o —1 —p[———lJ i
) 4( ’ ) o, 3 !9575()05 _l)
Zyss = 0.649 Y s B5s =—0984 <10 B —

5 5

The characteristic matrix of evaporator model M2 at the nominal operating

conditions can be shown to be,

0125 -0266x10* 0 0.038 0 0  -0385

0.109 ~0125 0 0038 0 0 —0393

0 0.102 ~0.089 0 0 0 -0287

Clx,)=| 0 0 0.089 ~0.086 0 0 -0119
0 0 0 0.447 ~0.455 0 0
0 0 0 17163 —16981 -2749 0

0 0 0576x107 -0947x10% O 0 0.029 |

It can be seen shown the above matrix has full rank.

B.2. STATE-SPACE MODEL M1

Evaporator model M1 is control-nonaffine and can not be rearranged into the state
space form as done for evaporator M2 in Section B.1. Therefore, evaporator model

M1 are given in the general state space model,
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A [ filxou) ]
h, fz(x,u)
bt | filxow)
h4 j:l(xsu)
Aot | fil(x,u)
L] | filxu)
e f,(x,u)
7= Aew)
T, fu(xau)
[ Srolx,u)
7, fn(xs“)
j;z(x,u)
p| | Ailx,u)
2 ﬂ4(xsu)
P _fis(x’u)_

where
[ a J a; J
K T 3 > a, — .
R BT T 5200a )M T 32904,
fi= <0, — 0n 0125/ 765x 10 , : 4
g g (254287, +2611x10° p, +0218x 10"}

f=

f=

3290(0, 0,7, ~ QnaT )|/ (- 254287, +2611x10° 3 +0218x10)

aga [a & ]a - i ]
U 3250a,) 7 32504,

+
(~25428T, +2611x10° o, +0218x 107)

1 1
-S-QPI - EQ}Q - 0-125 0464 x 1010

oy
Cl'5 ag — ag _— . ——en as — i ———
32500,/ ° 3250a.)

3290047, —32500,,p.T,

0.266 x 10" ; -
(-254287, +2611x10° p, +0218x107)

/{-25428T, +2611x10° p, +0.218x 107)

1 1 0516 x 10" m_, + 32500, 0.7, —33200,.21,
_sz __Q)Pq _ 0'125 x mS4 QP._;F".' 2 QP.!?D_‘ 3
8 L -254287, +2611x10"p, +0218 x 10
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o1 1 2132 x10° i, +32500,. 0.7, — 3410 T
Fi=—0ps —=0p, —0125 M me': ; QP-U?-I- 1
8 —254287,+2611x10°p, +0218x10

[Q o 9.039 x 10° —34500,., 2.7, +3410Q,,4p41;]
154057 =5 254287, +2611x10° p, +0218 x 107

0.44a, /.
£ = 3.473[010 [[(Qm — Qs —1541,) i +ifi) /(462-154h,)-

al(]
1920“[*1—— 38164 ngMf” , an( 38164 2_1}
i (a,,, - 46.1) iy (am - 46.1) i
Sy = g On = 0n =870~ 1) -0 p(&—l]
17 g h_' fd Py 1 4 P33 2,

230a,,
Jo=347 a, ————jﬁtﬁ———370a“[—l-— 3816 2]8]ﬁ
(24 —8h )alz a, (012 - 46.1) tyy

3816 i
/ a3 2
(a,-461) an

-~ . a3 a,“
/= 3-47[014([(@11 ~0p, ~81,) - 3290[5:1 (az - (% - 329001)514 - 329%]] /

(—254287, +2.611x10° p, +0218 x 10’)+%] /(36-8h, )~
3

370a [_L_ 3816 Jgfu N a [ 3816 LJ
. 5 2 3 -
' ay, (au - 46.1) a, 1 (aN — 46.1)2 ay

S a a
fo= 3-47[‘716[[(9112 —Op _st)_ 2064[‘15 [aﬁ _(ae - 325605)03 - 3258%J] /

(-254287, +2611x10° p, +0218x107) +M} /(36-8h,)-

al6

1 3816 |8 3816 1
3.700'[7[_ - ZJ 'f‘l‘l ’/ al'l[__‘umu;Z_A]
4 [a,—461)" ) % (a,-461)" g
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fo =347 ay| [ {0~ 05, -81,) 1184 a,| a —[a— ki ja L J/
11 . 18 P3 £4 - 5 9 b 325005 3 3250(15

23a., 1,
(—2542.8]’;+2.611x105p4+0.213x107)+$ij/(36~8h4)—
2

1 3816 |81, 3816 1
30a,| —————= |1 ||/|9pl ———————=——
Ay (a,—461) ) 9 (ay —461)"

-1 )
Sz = a[(gf — O _8-}‘1)(‘0' B ])_prf[,ﬂﬂf_ ]J

i ) ,
fio= @((Qm —Or: —sz)(P: _l)_QHﬂ[[; —1]]

1

Y,

R N
f14_8h_~,[(QP2 Ops 813)(;)3 l) szpz[p IJJ

1 ‘ 5
) 154, [(QH Qs — 154, )(p5 B 1) ~Qrips {% B J]

1

S

where

@ =731+0,p,
a,=1,-1027p, +1288

a, =024x10"7, +32900,p,7,

T 670.8)

-

a=e

a, =36215+0,.p
a,=T,-1027p, +1288
a, =012x10°T, +32900,, 7,

{608}

as

ag = e’
a,=1,—-1027p, +1288
a,, =4019+7, -102.7p;

3816 '

18.3-
app—46.1;

a,=e

a, =4019+T —1027p,
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a,, =4019+1, -102.7p,

. 3816 Y
L apy -6l

a, =4019+7, - 1027p,

I T
3

S
e g -46.1
a,,=¢

a,, =4019+T7, —=102.7p,

3816

LT g
a, =€
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APPENDIX C

IMPLEMENTATION OF MIMO GLOBALLY
LINEARIZING CONTROL ON EVAPORATION
SIMULATOR

C.1. IMPLEMTATION SCHEMATICS

Implementation designs for the MIMO globally linearizing structure within the LCN

for the evaporation section of the simulator are given in the following figures.

Flash Tank Levels

Flash Tank Temperatures

Flash Tank Densities

PY "

LCFTI1A
FT 11 Level C
CDS: FL_Dens|
PY = DATAACQ
CTL = PID
¥ A |
FYFTIINL
SP via COC | Noo-linear kevel contrel somverter
h PV = Dutancq
e
) CL: FIFTUINL @ Cat_Aig(1)
F2FTLINL @ CH_Alg2)
8 e -1
SP via COC
FT 11 Transfer Flow W agecup 43E non-linear control SAMA|

MY Flash Tank 11 Level Cantrol scction

Designed by Graham Le Page
Version 1.0
22198

Figure C.1: Implementation of nonlinear control for FT #11 level.
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Flash Tank Levels Flash Tank Temporaturss
7S
FT
13
s¢
&
v
\ Y .

LCFT13A

@; FLvt
FT 13 Lewel Gt

PV = DATAACQ

Flash Tank Densities

CTL = PID i
—

\ 1
FYFTI3NL

3P via COC _ | Non-l inear level control ooxverier
Lo

¥V = Dumacg

CDS: Lvl_Rng CTL = CL

- Ci.: FIFTI3NL @ Ca_Algl)
CDS: MAX_MV t F2ETLINL @ CU_Alg(D)
5% Pty e

SP via COC

FT 13 Transter Flow
(= MV)

Wagerup 43E aon-linear control SAMA

Plash Tank 11 Level Conwol section
Designed by Graham Le Page
Version 1.0
20198

Figure C.2: Implementation of nonlinear control for F'I #13 level.

Flash Tank Levels Flash Tank Tem

SP
&

13

Y
LCFTI4A

FT 14 Lovel C2l

CDS: Ft_Lvl

M Tl

PV = DATAACG
£TL = PID

\ y \ i
FYFT14NL
SP via COC | Nea-lingar leval control cormrerter
= PV = Datancy
CDS: Ly _Rng CTL={L
: CL: FIFTINL @ Cd_Alg(l)
CDS: MAX MV F2FTL4RL @ CU_Alg)
[ i r et
SP via COC

i FT 14 Transfer Flow
i (= MV)

[Wagerip 4EE non-linear control SAMA,

Manipulasted Varisble Flows

| HEE®

Flash Tank 14 Level Cokeof section
Designed by Graham Le Page
Wersion 1.0
W

Figure C.3: Implementation of nonlinear control for FT #14 level.
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Flash Tank Levels Flash Tank Temperatures
P
i & .
1 PY
i Y
DCLTCA CDS: Ft_Lvl
F¥ 14 Density C1l
PV = DATAACQ
CTL =MD
\
FYLTCNL
SF via COC . Non-lincar density conirol copverter
o PY = Dataacq
e
- CL: FILTCNL @ CH_Asg(l)
F2LTCNI, @ Ct_Alg(2)
OO Package = P_ALENLC

SP via COC

Stear {0 Heaters MWagerup 4BE non-linear contral SAMA

=MV Fiash Tank 14 Density Control sestion
Designed by Graham Lz Page

Version [0
1R

Figure C.4: Implementation of nonlinear control for ¥T #14 density.

It can be noted that each of the outputs i1s controlled by its respective input in
cascade arrangement. For example, in Figure C.4, the nonlinear transtormation point
FYLTCNL recetves set point from the PID controller DCLTCA and then send a set
point to the flow controller FCSH134 that manipulates the valve based on the
difference between the set point and actual flows. In other word, the nonlinear
control implementation design is analog to three levels of cascade control for each of
the outputs. Unlike its linear three levels of cascade control, the second level
controller (ie. the nonlinear transformation point) is multivariable and nonlinear.
The above design was considered as simple and easy to “follow” by the plant

personnel who were involved in the exercise.

The definitions of points in the LCN are:

FCEVFD =FT #11 liquor feed flow controller (default)

FCLTP11 =FT #11 liquor product flow controller (default)
FCLTP12 = FT #12 hquor product flow controller (default)
FCLTPI13 = FT #13 liquor product flow controller (default)
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FCLTP14 = FT #14 liquor product flow controller (default)
LCFTI11 =FT #11 level controller (default)
LCFTI12 =FT #12 level controller (default)
LCFT13 =FT #12 level controller (default)
LCFT14 =FT #14 level controller (detfault)
DCLTC = FT #14 density controller (default)
LCFT11A = FT #11 level controller (AM)
LCFTI2A =FT #12 level controller (AM)
LCFTI3A =T #13 level controller (AM)
LCFT14A = FT #14 level controller (AM)
DCLTCA = FT #14 denstty controller (AM)

FYFTTINL = nonlinear transformation for output of LCFT11A (AM)
FYFT12NL = nonlinear transformation for output of LCFT12A (AM)
FYFTI3NL = nonlinear transformation for output of LCFT13A (AM)
FYFT14NL = nonlinear transformation for output of LCFT14A (AM)
FYLTCNL = nontinear transformation for output of DCLTCA (AM)

The default points are points that are visible on the evaporator overview page of the
LCN while the AM points are built-in that are not visible by default. However, the
information of the AM points can be visualised on the LCN screen if desired. ¥or
example, one can call up the point LCFT11A to change the tuning parameters. The
purpose of having the default PID controllers and PID controllers in the AM is that
one can switch between linear and nonlinear control strategies easily. When in
nonlinear control mode, all outputs from the simulator bypass the default points and

are directed to the AM where the control calculations are performed.

C.2. NONLINEAR CONTROL AT START-UP

When the nonlinear controller was first switched on, the tuning parameters for the PI
controllers in the AM were set the same as those of the default PI settings. The
settings are given in Table C.1. Note that the gains have different signs as those in
Chapter 5. This was because the controller error of the industrial PI controller was

defined as the process variable minus its set point (ie. PV-SP) instead of SP-PV.
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Table C.1: Tuning parameters for the Pl controllers of GLC.

Output Kp; (%/%) 7; (minute)
hy -5.0 75
f12 -5.0 75
5 -5.0 75
hy -5.0 75
Ps -1.0 25

Table C.2 summarises the actions that were performed since the nonlinear controller

was first started up.

Table C.2: Summary of actions during the first 24 hours.

Description of actions Time
FCEVED: SP =377 — 32.7 tonvhr 1:13
DCLTCA: K-=-1.0 — -10.0 %/%, 7, =25 — 1 minute 1:38
DCLTCA: K- =-10.0 > -1.0 %/%, = | — 25 minute 1:40
FCSH134: “CAS” — “AUTO”, set SP = 8 ton/hr 1:43
DCLTCA: K- =-1.0 > -4.0 %/%, ; = 25 — 60 minute 1:51
FCSH134: “AUTO” — “CAS”, set DCLTCA’s 7; = 25 minute 2:05
DCLTCA: 7p=0 — 6.25 minute 2:41
DCLTCA: Kr=-4.0 — -1.0 %/%, 77 = 25 ~» 40 minute 3:00
DCLTCA: =40 — 25 minute 3:26
DCLTCA: 7 =6.25 — 5.00 minute 4:57
DCLTCA: K- =-1.0 5 -2.5%/%, ;=25 5 60, 1,=5.0— 0 5:12
DCLTCA: K- =-2.5 - -0.5 %/%, z; = 60 — 90 minute 19:31
All flow controllers: “CAS” — “AUTO”, SP = initial conditions 19:40
Liquor flow controllers: “AUTO” — “CAS” 20:37
FCSH134: SP = 10.9 — 15.0 ton/hr 21:00
Level controllers: K- =-5.0 = -2.5 %/% 26:08
FCSH134: “AUTO” — “CAS” 26:15
FCEVED: SP = 37.7 — 32.7 ton/hr 27:15
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Initial conditions of the flow controllers refer to the flows of the steam and liquor at
steady states. When the flow controllers are in “CAS”, they receive their SP from
the nonlinear transformation points (eg. FYFT11NL). While in “AUTO”, their SP
can be changed manually. Note that FCEVFD is always in “AUTQO™ since its set
point can be changed to introduce disturbance into the system. It should be noted
that the time given in Table C.2 are rough estimates of the actual time when the
actions were performed. The steam and liquor flows of the evaporator at the steady

states are given in Table C.3.

Table C.3: Flows of evaporator at steady state conditions.

Flows Steady State Flows
FCEVED 37.7 kl/hr
FCLTPI1 30.7 kl/hr
FCLTPI12 25.2 kl/hr
FCLTPI3 22.0 kl/hr
FCLTP14 19.6 kl/hr
FCSH134 10.9 ton/hr

The responses of the controlled outputs and the manipulated inputs are shown in
Figures C.5 and C.6, respectively. It can be seen that, during initialisation, the flow
controllers caused the flows to deviate substantially from their initial conditions.
This was probably due to model mismatches between the evaporator and model M2
that was used for the design of back-transformation equations. It can also been seen
that sustained oscillations in the controlled outputs and the inputs occurred after
2:46. This indicates that the Pl controllers (ie. LCFT11A, LCFT12A, LCFT13A,
LCFT14A, DCLTCA) needed to be de-tuned to achieve convergence of the outputs.

Note that the responses have ultimate periods of about one cycle per 6 hours.

De-tuning of the density controller (ie. DCLTCA) was performed at 19:31 and was
followed by switching all the flow controllers to “AUTO” and setting the SP to their
initial conditions at 19:40 (see Table C.2). This caused the feed to the first stage to

rise (1e. 32.7 — 37.7 ton/hr) while the liquor flows from the flash tanks dropped (see
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Figure C.6). As a result, the levels in the flash tanks rose sharply as can be seen from
Figure C.5 and were still on the rise before the liquor flow controllers (ie. FCLTP11,
FCLTP12, FCLTP13, FCLTP14) were switched to “CAS”. As can be seen from
Figure C.35, the levels return to their SP after the flow controllers were put into
“CAS”. Also, it is clear that the levels responded to the changes in the liquor flows
significantly faster than the density to the steam flow. For example, the increase in
the steam flow at 19:40 did not cause the liquor density to increase for a while. The
responses of the outputs and inputs after de-tuning the PI controllers are not shown
here due to inability to capture the data from the simulator after it was left running
for 48 hours. However, it can be shown that the de-tuned PI controllers provide

convergence of the outputs. The de-tuned PI controllers are shown in Table C.4.
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Figure C.5: Responses of the controlled outputs of the evaporator.
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Response of ligour Oow from FT #11 Response of liquor flow from KT #12
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Figure C.6: The manipulated inputs corresponding to the responses in Figure C.5.

Table C.4: Parameters of the de-tuned PI controliers.

Controller K¢ (%/%) 7 (minute)
LCFTHIA -2.5 75
LCFTI2A 2.5 75
LCFTI3A 2.5 75
LCFT14A 2.5 75
DCLTCA -0.5 90
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APPENDIX D

TRANSFORMED EVAPORATOR MODEL M2 FOR
I/O LINEARIZING CONTROLLER SYNTHESIS

The trasformed model M2 for the formulation of the IO linearizing controller for

on-site implementation on the evaporation system is given as,

-p!L ﬁlt‘i(Pnhl)_ (;'ll(pl—‘Tl’hl) 1 ‘Glz(php:?}';?hl)— [ ]
P2 0 G?I(pl'p;‘:r;‘h:) G::(P:J:-h:) 0
s 0 ¢ Gaz(P:sPa:I;eha) G'\3(p‘! T. h)
P Fx(rhl) Gﬂ(pl.';r;?h'[) GJ:(PrT;’Y;eh!) 0
7. 0 Golo 1.7 1) ol Toohs) 0
d|T. 0 0 Gy T T b Gl 70,
= T = 0 + 0 O+ % £ OM ; 3) O + G,(;E‘Y_,T.f?)
h, £ Gﬁl(plvr) GS:(P:-T:) 0
h. 0 Gm(P| . T1) Gy, (p__ T) 0
A, 0 0 Grolps. ) Gulp,-T)
h, 0 0 0 Gm( [)
LA 0 0 ] | | Golon ko),
|—Gl-l(pt‘-1;?ht’p1) (Glj(pnhl)w1
G:J(P:fﬂhzgpa) G:ﬁ(pl’h:)
0 G}s(p:shs)
Gu(T]-.?l-.hl,P;) G;s(Tlvhx)
G_‘,,(Tz,T,,h:,pJ) Gss(T:-h:)
0 Uos(Toos) | (D.1)
T GuTanee) [ Gufron) [
Gm(T P4) Gy
GulT..0.) Gos
0 Gos
GIH(T;’p*) Gm :
L Gl:J(ErhuPJ) | Gl:s(h4sp4)J

where

41985 ~ 5659
= AT

]

(~0170x 107 +0376 x 10°7;)(2621+ 107

= 0909 (-3+#)(~0260x10" +0.6497)

iy
|

F,= 4198



Appendix D: Transformed Evaporator Model M2 for /O
Linearizing Controller Synthesis
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It can be shown that the characteristic matrix of Equation (D.1) is invertible

indicating that the transformed model can be used for the synthesis of /O decoupling

and linearizing controller. The relative order matrix is given as,
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1 1 11
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ww | 11
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(D.2)

The charactenistic matrix of the transformed model M2, that is required for the

synthesis of I/O decoupling and linearizing controller is given as,
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The rank of the characteristic matrix at the nominal values of the state variables (ie.
rank{C(x,}}) is 5 which indicates that the characteristic matrix is non-singular. From
the result, the non-singularity of the characteristic matrix is assumed for all x (ie.

rank[[C(x)]=5 V x).
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