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Abstract— In the present study, three-dimensional simulation 

using Computational Fluid Dynamics (CFD, FLUENT 6.3.26) 

and experiments were conducted on a transparent cold-flow gas-

solid bubbling Compartmented Fluidized Bed Gasifier (CFBG) 

model with identical diameter as the pilot-scaled CFBG. Using 

Eulerian-Eulerian granular model with closure laws according to 

the kinetic theory of granular flow that based on modified drag 

model simulations were conducted to model the hydrodynamics 

of CFBG in terms of gas-solid flow pattern, bed expansion ratio, 

bed pressure drop and bubble diameter. The model was resolved 

by Semi-Implicit Method for Pressure-Linked Equation 

(SIMPLE) algorithm in CFD. Different inerts like river sand, 

quartz sand and alumina were used to examine the 

hydrodynamics behaviors both in single component and binary 

system where biomass, palm shell, was mixed with river sand.  

The modeling predictions compared reasonably well with 

experimental bed expansion ratio measurements and qualitative 

gas-solid flow patterns. Pressure drops predicted by the 

simulations were in relatively close agreement with experimental 

measurements. Furthermore, the simulated bubble diameters 

showed similarities with the Darton et al bubble size equation.  

 

Keywords- CFD; fluidized  bed; single component; binary 

system; hydrodynamics  

I.  INTRODUCTION 

Fluidized bed reactors are widely utilized in industry 

applications including pharmaceutical, food, chemical, 

petrochemical, mining and etc due to its effectiveness of heat 

and mass transfer between gas and solid phases [1]. Biomass, 

such as palm shell, is abundantly available in Malaysia since 

Malaysia oil palm is ranked number one fruit crops in year 

2007 [2]. As such, it captured the attention of researchers to 

study the potential of these indigenous resources for 

renewable energy. Therefore, palm shell is selected as 

feedstock in current study. Understanding the hydrodynamics 

of a single component and binary mixture fluidized bed is 

essential for selecting the correct operating parameters for the 

appropriate fluidization regime due to its highly complex 

behavior. Previous works have been done in compartmented 

reactors of laboratory scale at different geometry and 

configuration of internals either in cold or hot conditions [3-

6]. The study is then extended to pilot scale reactor at cold 

condition [7-10].  

Computational fluid dynamics (CFD) with the advent of 

increased computational capabilities offers a new approach to 

understanding and modeling the complex phenomena in gas-

solid environs. Due to reasonable computing time the Eulerian 

-Eulerian model is the preferred choice for simulating 

macroscopic hydrodynamics. The Eulerian-Eulerian model 

treats each phase as continuous and interpenetrating 

continuum. The solid particles are generally considered having 

identical diameter and density. The integral balances of 

continuity, momentum and energy for both phases are solved 

in this model.  

Intensive studies [11-20] have been carried out to first 

validate the CFD multiphase code before its practical 

application. The bubbles motion and properties has been 

examined in 2D and 3D simulations [12, 13]. Paola et al’s 

work [14] reported that the 2D and 3D simulation shows 

similar voidage profile and consistent formation, shape and 

size of bubbles for uniform shape of reactor. Several authors 

[11-16] carried out the modeling using Geldart A and Geldart 

B particles incorporated with different drag laws. The 

computational analyses of binary mixture fluidized bed were 

also the subject of study in recent years. Gidaspow et al. [21] 

extended the kinetic theory of dense gases to binary granular 

mixture with unequal granular temperature between the 

particle phases. The hydrodynamics of binary mixture with 

different sizes in a riser were studied by Mathiesen et al [22] 

using a CFD model. Huilin et al. [23] gave an extension to 

binary mixtures of particles using kinetic theory of dense 

gases, and simulated flow behavior of particles of binary 

mixture in the bubbling fluidized bed [24].  

 In this study, the Eulerian-eulerian CFD model has been 

applied to study the hydrodynamics of CFBG in terms of gas-

solid flow pattern, bed expansion ratio, bed pressure drop and 

bubble diameter. Different inerts like river sand, quartz sand 

and alumina were used to examine the hydrodynamics 

behaviors both in single component and binary system where 

biomass, palm shell, was mixed with river sand.  Model 

predictions were validated with experimentally determined 

data except the predicted bubble diameters were compared 

with Darton et al equation [25].   

II. METHODOLODY 

A. Experimental Setup 

The schematic experimental set up is shown in Fig. 1. The 

CFBG as illustrated in Fig. 2 is made of the mild steel as the 

body structure and Perspex material as the cover to ease the 

visual observation during the experiment. The CFBG of the 

overall diameter of 0.66m and a height of 1.8m, partitioned 

into two compartments, the combustor and the gasifier, in a 

ratio of 65:35 respectively. Perforated plate distributor with 

orifice diameter of 3mm is used to uniformly distribute the 

fluidizing agent, ambient air at free area of 0.27% and 0.32% 

in triangular pitch arrangement for gasifier and combustor 

accordingly. The air is regulated in the range of 1 – 2 Umf to 

maintain the bubbling mode of fluidization. Pressure drop are 

measured using water manometers at three locations to 

indicate the total pressure drop, across distributor and bed 

respectively. The inert particle used is the Geldart B particles, 

river sand, of 272 microns in mean size diameter and 2620 

kg/m
3
 in density. Biomass material used in the present work is 

palm shell of 1200 kg/m
3
 in density. Different weight percent 

of palm shell (2%, 10% and 15%) with various palm shell 

sizes (2-2.36mm, 2.36-4.27mm and 4.75-9.5mm) were 

studied. The details of the experiment procedures have been 

reported elsewhere [7, 9, 10].   

Authors would like to thank the Ministry of Science, Technology and 

Innovation and Malaysia Palm Oil Board for the financial support. 
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Figure 1. Experimental setup - 1: compressor; 2: dryer; 3: pressure regulator; 

4: rotameter; 5: plenum; 6: perforated distributor; 7: combustor; 8: gasifier; 9: 

manometer 

 

Figure 2. Isometric view of CFBG   
B. Computational Model     

The simulation of fluidized bed is performed by using the 

CFD commercial package, FLUENT 6.3.26 in 3D due to the 

complex geometry of CFBG. A multi-fluid Eulerian-Eulerian 

model, which considers the conservation of mass and 

momentum for the gas and fluid phases, is applied. The kinetic 

theory of granular flow is used to describe the solids phase 

stress. The governing equations can be summarized as below: 

Mass conservation equations of gas (g) and solid (s) phases: 
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Momentum conservation equations of gas and solid phases: 
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Fluctuation energy conservation of solid particles: 
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Where α is the volume fraction, ρ is the density, kg/m
3
; v is 

the velocity,m/s; τ is the stress tensor,Pa; g is the gravitational 

force, m/s
2
; Kgs  is the gas/solid momentum exchange 

coefficient, Θ  is the granular temperature, m
2
/s

2
; I is the 

stress tensor, skΘ is the diffusion coefficient for granular 

energy, kg/sm; Θγ
is the collision dissipation energy, kg/s

3
m. 

Subscripts g and s are gas phase and solid phase respectively. 
 

TABLE I.  MOMENTUM EXCHANGE COEFFICIENTS 

 

Syamlal-O’brien drag function 
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Where f is the drag function, CD is the drag coefficient, Re is 

the Reynold Number, υr,s is the terminal velocity the solid 

phase, m/s; ds is the diameter of particles,m; µ is the shear 

viscosity in kg/sm, subscript l is for the l
th

 fluid phase, s is for 

the s
th

 solid phase.  

 

The constitutive equations as recommended in FLUENT 

user guide [26] are needed to close the governing relations. 

The momentum exchange coefficient can be calculated by 

specifying drag functions as shown in TABLE I. Despite of 

rigorous mathematical modeling the drag laws used in the 

model continue to be semi-empirical in nature. Therefore, it is 

crucial to use a drag law that correctly predicts the incipient 

fluidization conditions.  

The governing equations are solved by finite volume 

method. First-order discretization schemes for the convection 

terms are used. A time step of 0.001s with maximum number 

of 10 iterations per time step is chosen. This iteration is 

adequate to achieve convergence. The relative error between 

two successive iterations is specified by using a convergence 

criterion of 10
-3

 for each scaled residual component. The 

phase-coupled SIMPLE algorithm is applied for the pressure-

velocity coupling. TABLE II gives a summary of the flow 

parameters to be used in the simulation of 3D fluidized bed. 

TABLE II.  SIMULATION MODEL PARAMETERS 

Description  Value Unit 

Height of reactor 1.50 m 

Air density, ρg 1.2 kg/m3 
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Restitution coefficient 0.9 - 

Initial volume fraction (river sand) 0.45 - 

Initial volume fraction (palm shell) 0.2 - 

Superficial velocity, U 0.02 - 0.2 m/s 

Grid interval spacing 0.2 cm 

Inlet boundary conditions Velocity - 

Outlet boundary conditions Pressure - 

Time steps 0.001 s 

Maximum number of iterations 10 - 

Convergence criteria 10-3  - 

 

Bubble properties are determined from void fraction of 

solids image produced by FLUENT. The diameter of this 

bubble is calculated as if its shape is assumed circular and 

centers of all bubble in the bed are recorded. For the 

simulations comparing the model parameters a void fraction 

cutoff of 0.3 was used. Average bubble diameters are 

calculated by averaging the bubble at binned heights above 

distributor.  

The CFD predicted bubble diameter is compared with the 

Darton’s bubble model. The Darton bubble model is a 

generally accepted semi-empirical model for bubble growth. 

The model is based upon the preferred paths of bubbles where 

the distance traveled by two neighbouring bubbles before 

coalescence is proportional to their lateral separation. The 

proposed equation is: 

                2.08.04.0 /)4()(54.0 gAhUUD omfob +−=                     (9) 

where Db is the bubble diameter, m; Uo is the superficial 

velocity, m/s; Umf is the minimum fluidization velocity, m/s; h 

is the height of the bubble above the distributor, m; Ao is the  

‘catchment area’ which characterizes  the distributor, m
2
 and g 

is the gravitational force, m/s
2
; 0.54 is the only experimentally 

determined constant.  

III. RESULTS AND DISCUSSIONS 

A. Single Component System Hydrodynamcis Characteristics 

 
Figure 3. Comparison of CFD Results with Experimental Results at Static Bed 

at Combustor Side. Height of 0.34 m 

 

 
Figure 4. Comparison of CFD Results with Experimental Results at Static Bed 

at Combustor Side. Height of 0.45 m  

The simulations are first performed to examine the bed 

expansion from onset of fluidization of the combustor side. 

Figures 3 and 4 show the comparison of CFD results for bed 

expansion ratio study with the experimental results at 

combustor side with river sand as the fluidization medium at 

static bed heights of 0.34m, and 0.45m. The superficial gas 

velocities are in the range of 1 – 1.9 Umf. The bed of solids 

becomes more loosen (higher porosity) with increasing 

superficial gas velocity, thus contributing to steadily 

increasing bed height for all studies. In all cases, the CFD 

results show comparatively good agreement with the 

experimental results for respective static bed heights. Slight 

discrepancies are observed in the figures, i.e. underestimation 

of 5.4% to overestimation of 5.8%. Nevertheless, these gaps 

are in the acceptable error range. Overall the CFD well 

predicted the bed heights at the combustor side. 

Figure 5 and 6 shows the comparison of CFD results for 

bed expansion ratio study with the experimental results at 

gasifier side. The superficial gas velocities are in the range of 

1 – 2.8 Umf. CFD results demonstrated consistent increase in 

bed height in both figures and predicted the bed expansion 

ratio reasonably well as compared to the experimental results. 

The discrepancies are relatively greater than the results 

computed at combustor side. The greatest underestimation is 

found at 9.9% and overestimation is found at 6.0%. However,  

 
Figure 5. Comparison of CFD Results with Experimental Results at Static Bed 

at Gasifier Side. Height of 0.34 m 
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Figure 6. Comparison of CFD Results with Experimental Results at Static Bed 

at Gasifier Side. Height of 0.40 m 

this is still within the acceptable error range for CFD 

estimation. 

CFD initially predicted a lower bed height than the initial 

static bed height when the bed first fluidized at gasifier side 

However, this is not observed in combustor side. An 

underestimation of bed height by around 3% - 16.1% is 

achieved at gasifier side. This is maybe due to the definition of 

distributor to CFD. In experiment, a free area of 0.27% 

perforated plate distributor is used; however this setting is not 

defined in standard CFD. Also, geometrical effect may 

contribute to the CFD simulation results.  The arrangement of 

solids inside the bed is different as in combustor. Though 

same static bed height and initial voidage (as in combustor) is 

set for the initial condition in CFD but because of the 

geometrical effect, which in other word, the effective diameter 

of the column, on solid arrangement, thus the initial solid 

packing is affected. The wall effect, which has a strong 

relationship with the effective diameter, may lead to different 

solid arrangement as compared to combustor side [7]. Werther 

[27] and other researchers showed that the wall effect becomes 

progressively more significant as the bed diameter decreases. 

Hence, the bed height drops slightly during onset of 

fluidization due to latter voidage compared to initial static bed 

height.  

Figure 7 and 8 shows the comparison of CFD results with 

Darton’s correlation for bubble diameter estimation at static 

bed heights of 0.34 m and 0.45 m at combustor side. By 

increasing the gas superficial velocities, the bubbles in a 

fluidized bed typically increase in size. There are no physical 

data from experiment in this regards, therefore Darton’s 

correlation is chosen to validate the CFD results. Also, 

Darton’s correlation does not take into considerations the  

 
Figure 7. Comparison of CFD Results with Darton’s Correlation at Static Bed 

Height of 0.34m 

 
Figure 8. Comparison of CFD Results with Darton’s Correlation at Static Bed 

Height of 0.45 m 

effect of coalescence, breaking up and wall effects, the effect 

of bubbles touching the wall. From the Figures, CFD predicted 

the same increasing trends with increasing velocity but 

however it is discernible that smaller bubbles are predicted as 

compared to Darton’s correlation. CFD results are more close 

to the experimental data at static bed height of 0.34 m. 

 

 
Figure 9. Comparison of CFD Results with Darton’s Correlation at Static Bed 

Height of 0.34m 

 
Figure 10. Comparison of CFD Results with Darton’s Correlation at Static 

Bed Height of 0.40m 

Figure 9 and 10 shows the comparison of CFD results 

with Darton’s correlation for bubble diameter estimation at 

various static bed heights, i.e. 0.34 m, and 0.40 m, at gasifier 

side. Similar results as in combustor are observed here for the 

bubble diameter estimation by CFD; smaller bubbles are 

obtained compared to Darton’s correlation. The largest 

discrepancy of under-prediction is found to be 41.5%. At tall 

bed, the bubble diameter is larger than the bubble diameter at 

low bed at maximum gas velocity.  
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Figure 11. Comparison of experimental and simulated bed pressure drop 

(combustor, river sand at static bed height of 0.40 m) 

Comparisons of the time-averaged bed pressure drop 

against superficial gas velocity from incipient fluidization 

onwards for gasifier and combustor sides with different inert 

used are plotted in Figure 11. From the figure, CFD 

underestimates the pressure drops. These discrepancies may 

be attributed to the dominant interparticle frictional forces, 

which are not considered by the multi-fluid model for 

simulating gas-solid phases. However, CFD predict results 

closer to experimental measurements in combustor side 

manifesting the effect of the chamber geometry (from 

experimental study [7] it follows that the effective diameter 

plays an important role in affecting the fluidization quality 

among the other competing factors, i.e. bed height, distributor 

free area and etc). The drag model employed does not take 

into account the effects of complex geometry.  

B. Binary Mixture  System Hydrodynamcis Characteristics 

 
Figure 12. Comparison of CFD Results with Experimental Results at Static 

Bed Height of 0.445m (10 wt% palm shell, size of 3.32 mm) 

Figures 12 - 16 show the comparison of CFD results for bed 

expansion ratio study with the experimental results in binary 

system at gasifier side where different sizes and weight 

percents of palm shell (2.36-4.27mm at 10 wt%, 2.36-4.27mm 

at 2 wt%, 2.36-4.27mm at15 wt%, 2-2.36mm at 10 wt% and 

4.75-9.5mm at 10 wt%) and river sand is used at various static 

bed heights, i.e. 0.35m, 0.38m, 0.388m, 0.41m and 0.445m.  

The CFD predicts the same steadily increasing trend as the 

experimental ones with increasing gas velocities. However, all 

CFD simulated results underestimate parameters. Maximum 

error of 23.1% is found in setting of 2.36-4.27mm at 15 wt% 

at static bed height of 0.388m (Fig 12). 

 

 
Figure 13. Comparison of CFD Results with Experimental Results at Static 

Bed Height of 0.35 m (2 wt% palm shell, size of 3.32 mm) 

 
Figure 14. Comparison of CFD Results with Experimental Results at Static 

Bed Height of 0.388 m (15 wt% palm shell, size of 3.32mm) 

 
Figure 15. Comparison of CFD Results with Experimental Results at Static 

Bed Height of 0.38 m (10 wt% palm shell, size of 2.18 mm) 

 
Figure 16. Comparison of CFD Results with Experimental Results at Static 

Bed Height of 0.41 m (10 wt% palm shell, 7.13 mm) 

This discrepancy maybe due to the standard correlations 

used in CFD software. The correlation is developed based on 

the single component bed.  Thus, the inter-particle drag force 

between the two different components is considered 

differently in standard Syamlal O’Brien’s drag law as 

compared to actual situation. Therefore it is far-fetched for 

standard equations to simulate the binary system accurately. 
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However, the results obtained are still within the acceptable 

error range.  

 

Figure 17. Comparison of Experimental and Simulated Effect of Palm Shell 

wt% on Overall Mixing Index (M) for dps = 3.315mm in Gasifier at Static 

Bed Height of 0.35m 

Figure 17 shows the comparison of experimental 

determined effect of palm shell wt% on overall mixing index 

(M) [10] with CFD simulated results for palm shell size of 

3.315mm in gasifier at static bed height of 0.35m. CFD 

predicted well-matched trends however lower values with the 

experimental results. Closer CFD results with the 

experimental results are obtained at 2Umf and above. 

Generally, increasing superficial gas velocity will improve 

mixing in segregated systems of mixtures with difference 

densities/ sizes [28]. Shen et al. [29] reported that wake 

exchange coefficient, which indicates vertical and lateral solid 

mixing intensity, reduces with the increase in Umf. This 

corresponds to M decrease. On the contrary, in Figure, M 

increases with increasing Umf. This is likely due to the increase 

in bed voidage that leads to greater bed expansion, allowing 

effective vertical and lateral solid mixing. Good mixing is 

attainable at 1.5Umf for palm shell ranged from 2-15 wt% and 

no significant changes of M from 1.5Umf onwards. Thus, palm 

shell wt% has no significant effect on M.  

 

 
Figure 18. Comparison of Experimental and Simulated Effect of Static Bed 

Height on Overall Mixing Index (M) of 10 wt% Palm Shell with dps = 

3.315mm in Gasifier 

Figure 18 shows the comparison of experimental ly 

determined effect of bed height on overall mixing index (M) 

with CFD simulated results for 10 wt% palm shell size of 

3.315mm in gasifier. The CFD mixing at bed height of 0.445m 

is in good agreement with the experimental results, however, 

large error is observed for bed height of 0.330m at lower 

superficial gas velocity. The error is gradually reduced with 

increasing gas velocity. For experimental results, M of about 

0.9 is achieved at 1.25Umf for deep bed, whereas at shallow 

bed, the same degree of mixing is only achievable at higher 

velocity (1.5Umf). The same trend can be seen for CFD 

simulated results. Steady M of about 0.85 is attained at 1.5Umf 

for deep bed, but same M is only attainable at 2Umf. With 

increasing bed height, the bed pressure drop increases 

resulting in stable bubbling that uniformly mixes the fluidized 

bed. Conversely, in shallow bed, where the total bed pressure 

drop is reduced, the situation is self aggravating and the local 

preferential channeling formes. This contributes to non-

uniformity bubbling at the expense of the rest of the bed [30]. 

However, increasing superficial gas velocity will improve the 

mixing in shallow bed.  

 

IV. CONCLUSION  

The hydrodynamics of CFBG with single component and 

binary system have been studied experimentally and 

computationally. The modeling predictions compared 

reasonably well with experimental bed expansion ratio 

measurements and qualitative gas-solid flow patterns. Pressure 

drops predicted by the simulations are in relatively close 

agreement with experimental measurements. Furthermore, the 

simulated bubble diameters show similarities with the Darton 

et al bubble size equation. Further experimental and modeling 

efforts are required in a comparable time and space resolutions 

for the validation of CFD models for gas-solid fluidized bed 

reactors.   
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