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“Twenty years from now you will be more disappointed by the things that you

didnt do than by the ones you did do, so throw off the bowlines, sail away from

safe harbor, catch the trade winds in your sails. Explore, Dream, Discover.”

- Mark Twain
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Abstract

Over the last 100 years, rapid growth in global population coupled with industri-

alization have not only led to the depletion of all non-renewable energy sources,

but with their uses, have also dangerously increased the levels of atmospheric

greenhouse gas emissions resulting in the global warming phenomenon. The en-

ergy security crisis and global warming are now the two largest factors critically

affecting political and socioeconomic stability across the world. In view of these

challenges, Hydrogen Economy has emerged as a promising solution that is ar-

guably able to alleviate both issues simultaneously as with it, the world will be

able to enjoy a pollutant free and renewable energy source. The Water-Gas Shift

Reaction (WGSR) is one of many methods which has been explored to achieve

this Hydrogen Economy. Unfortunately, one of the key challenges in WGSR is

its low performance (Hydrogen yield) in conventional reactors, which stems from

the reaction being thermodynamically restricted by the nature of its chemical

equilibrium. To reduce the thermodynamic restriction, extensive researches have

been conducted to develop new technologies such as the proprietary membrane

reactor (MR).

Although there have been several technological breakthroughs in membrane

reactor to reduce WGSR thermodynamic restriction, system engineering studies

related to optimal operations and robustness of the system are currently very

limited. In particular, there is still a lack of research in the incorporation of

process uncertainties and dynamic controllability into the process optimization

especially for the Water-Gas Shift Reaction in Membrane Reactor (WGSR-MR)

system. Since the effects of process uncertainties and daily operation fluctuations

are known to be significant, there is a need for the development of robust control

strategy for running the WGSR-MR system. The challenge in developing a robust

controller for the WGSR-MR system is that, it must address a large transport

delay (deadtime) in the process induced by the length of the reactor bed. The

thermodynamic limitation and long deadtime problems have led to four important
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research questions in this study: (1) how to design a practical WGSR-MR process

system with good economic and controllability properties, (2) how to improve the

system engineerings practicality of process optimization in the WGSR-MR, (3)

how to quantify effects of process uncertainties on the WGSR-MR, and (4) how to

improve control performance of the nonlinear WGSR-MR with a long deadtime?

In this study, the overall goal is to design, optimize and control a novel WGSR-

MR system via process engineering approach. The WGSR-MR system consists

of several interlinked units such as a membrane reactor, compressors and heat

exchangers. To perform these tasks, a rigorous fundamental model of the WGSR-

MR system was constructed and validated using literature data. In designing the

WGSR-MR system, four candidates of process flowsheets were identified. Based

on a detailed economic evaluation, the most economical flowsheet was selected.

The chosen WGSR-MR system design was further refined via a Multi-Objective

Optimization (MOO) procedure as to obtain practical values for the specified

sets of design and operating parameters. The salient feature of the adopted

MOO procedure is the simultaneous optimization of two conflicting performance

criteria: the steady-state economic as represented by net present value (NPV)

and dynamic controllability quantified in term of v-gap (control relevant) metric.

Up to date, most studies on process optimization have only considered the steady-

state performance criteria. For this reason, the optimized design may show a high

economic potential but is difficult or even impossible to control in practice, i.e.,

good steady-state performance but with poor dynamic controllability property.

The proposed simultaneous optimization of both the steady-state and dynamic

controllability criteria shall be able to avoid such an impractical design.

One of the findings in this study showed that the proposed MOO procedure

even under process uncertainties can ensure an optimal system with a positive

NPV which at the same time has a good dynamic controllability property. These

process uncertainties considered the fluctuations in future prices of hydrogen and

electricity where Markov Chain Monte Carlo (MCMC) technique was used to

identify their values. Another finding in this study supported that a triple-loop

parallel cascade PID control strategy can be effectively used to control the tem-

peratures along the WGSR-MR system. Compared to this triple-loop cascade

control strategy, a single-loop PID control strategy demonstrated very sluggish

disturbance rejection performance as well as poor closed-loop robustness. These

poor closed-loop performance and robustness was expected from the knowledge

that the WGSR-MR system has a large deadtime associated with its long mem-

brane tubes. This suggested that the single-loop PID control was unable to
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overcome the long deadtime, thus, the strategy should not be used to control the

WGSR-MR system in practice.

The main contributions of the study include: (1) rigorous comparisons of sev-

eral different modelling approaches, (2) a new intensified process design of WGSR-

MR system with good economic and dynamic controllability performances, (3)

a new simultaneous optimization methodology to address trade-off between the

steady-state economic and dynamic controllability performances, and (4) a new

complete design procedure for triple-loop parallel cascade PID control strategy.

Significantly, the first and third contributions should enable one to design an

optimal and practical WGSR-MR system in the face of process uncertainties

addressing the aforementioned questions 1 to 3. Meanwhile, the fourth contribu-

tion should provide engineers with a practical way to controlling the WGSR-MR

system temperature where the effective control will allow the achievements of im-

proved safety and profitability. Poor temperature control in the WGSR-MR will

lead to poor yield of hydrogen production as well as can cause rapid degradations

of catalyst and membrane tubes due to hot spot temperature zone. Additionally,

the presence of hot spot temperature zone can cause runaway reaction which has

been responsible for several reactor explosions. In future works, the developed

optimization methodology and parallel cascade control design procedure will be

adapted in designing other process systems.
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Chapter 1

Introduction

1.1 Background

Hydrogen (H2) has received increased research attention because of its appealing

potential as a clean energy carrier. Consequently, this has led to the conception

of a hydrogen economy. Kumar et al. (2008) stated that there are several ways

to produce hydrogen, but the most popular route is via the Water-Gas Shift

Reaction (WGSR).

Conventionally, the WGSR has been conducted in a two-stage packed bed

tubular reactor. In the first stage of an industrial-scale process unit, a high

temperature water-gas shift (HT-WGS) packed bed reactor is used to exploit fast

reaction kinetics but the chemical reaction equilibrium always limits the extent

of conversion. Hence, the conversion in the HT-WGS stage is often fairly small

and uneconomical on its own. To improve the overall conversion, the outlet

stream of the HT-WGS reactor is cooled and fed to a low temperature water-

gas shift (LT-WGS) packed bed reactor. At this stage, the low temperature is

beneficial to exploit the chemical equilibrium, henceforth leading to a higher CO

conversion overall (Georgis et al., 2014). However, the conventional two-stage

WGSR process is largely dependent on the inlet temperature of the HT-WGS

reactor, which often suffers from daily fluctuations. Furthermore, the hydrogen

produced through this conventional approach still requires further purification in

order to meet the required high purity grade of 99% (Grashoff et al., 1983). As

a result of an extra separation process required, this leads to large, extra capital

and production costs in hydrogen production.

In recent years, a promising new process design has been introduced to pro-

duce high purity hydrogen at a commercial scale. This new process design in-
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volves integrating reaction-separation processes into a single unit. To achieve this

process intensification goal, the WGSR shall be conducted in a membrane reac-

tor with a hydrogen-selective membrane. With regard to this membrane-assisted

process design, Chein et al. (2013) disclosed that the use of a membrane reactor

can potentially reduce the costs of H2 production while even enabling CO2 cap-

ture simultaneously. This simultaneous H2 production and CO2 capture could

increase the overall energy efficiency by 30%. Although there have been several

technological breakthroughs in a membrane reactor to reduce the limitations im-

posed by WGSRs thermodynamic nature, system engineering studies related to

the optimization and control of the new process design are currently still very

limited. Most research conducted has mainly focused on a single objective op-

timization, such as in (Lima et al., 2012; Koc et al., 2012, 2014) and open-loop

temperature control (Bequette and Mahapatra, 2010; Georgis et al., 2012, 2014).

It should be noted that for a practical approach, more than one objectives have to

be considered simultaneously in process optimization. On top of that, a system

containing the WGSR tends to not only vary nonlinearly with operating condi-

tions, but also to have a long transport delay due to the longer tubes used in the

membrane reactor. In order to ensure practicality of the integrated system design

for the WGSR, more emphasis should be made in dealing with the challenging

problems in complex optimization and dynamics arising from the system.

The goal of this PhD study is to gain deeper insights into the complexity of

the WGSR membrane reactor and challenges when it comes to design and oper-

ation of a WGSR membrane reactor process system. To achieve this goal, a new

optimization method combining multiple objectives is proposed. In addition, a

new cascade control design is developed in order to effectively control the pro-

cess (hence improving operation) which is dominated by nonlinearity and long

transport time-delay.

The rest of this chapter is structured as follows. Section 1.1 introduces the

motivation behind this study, thus identifying the few main objectives of this

dissertation. Section 1.2 presents the novelty, contributions (academic and prac-

tical), as well as the significance and benefits of this study socially and envi-

ronmentally. Lastly, section 1.3 describes the flow and interconnections of the

chapters that form this entire dissertation.
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1.2 Motivation and Objectives

Most of the WGSR membrane reactor systems are relatively challenging to design,

optimize, and control due to process variability and complexity of the membrane

reactor model. Due to complicated catalytic reaction steps coupled with the

transport phenomena inside the reactors involved, the dynamic behaviours of the

system can prevent effective control based on the traditional single-loop feedback

control structure. Until now, a limited number of studies has been conducted on

process optimization and control of a WGSR membrane reactor. On top of that,

most of the previous process optimization and control studies of WGSR process

were developed based on a single stand-alone membrane reactor unit. In other

words, other units such as compressors and heat exchangers which are part of

the system in practice have often been ignored. However, it is important to note

that the stand-alone unit performance and behaviour can deviate significantly

from that of the process implemented industrially. In the stand-alone unit, it is

difficult to estimate the interaction effects of other equipment on the membrane

reactor unit. Hence, this in turn will affect the engineers ability to assess the real

dynamics and controllability of the system. Obviously, the lack in the system

engineering approach to study the membrane reactor system as a whole represents

important research gaps, which can be explained accordingly:

a) No research has been published on the design of WGSR membrane reactor

systems integrated with other equipment and with the inclusion of multiple

mass-energy recycles.

b) Limited number of studies addressing the single objective optimization of

the WGSR membrane reactor design. There has been no work reported

on multi-objective optimization of the WGSR membrane reactor system in

which both steady-state economic and dynamic controllability performances

are taken into account.

c) No work has been published on multi-objective optimization under market

uncertainties for the WGSR membrane reactor system.

d) Limited research has been published regarding the control design of the

WGSR membrane reactor. Most of the reported control studies are related

to single-input single-output control design based on the conventional single-

loop feedback structure.
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To address the aforementioned research gaps, it is important to have a fun-

damental mathematical model of the whole membrane reactor-assisted water-gas

shift reaction (WGSR-MR) process system. The model shall enable one to eval-

uate the economic potential of the reactor system overall. A reliable model for

the WGSR-MR process is a prerequisite for obtaining satisfactory results in any

optimization and control study. The following model features are adopted in the

process optimization and control study:

a) A one-dimensional heterogeneous reactor model with the incorporation of

macrokinetic reaction (rate law) model to represent the WGSR-MR process

system.

b) A shell and tube type of reactor where the catalyst pellets (Fe-Cr-O2) are

packed inside the shell side. The tube walls are made of porous membrane

(Pd-Ag) which is hydrogen selective. The membrane reactor is sub-divided

into 10 segments of equal volume. Each segment is represented by a set

of ordinary differential equations (ODEs). This division converts a set of

partial differential equations (PDEs) into a relatively simpler ODEs. The

conversion of PDEs into ODEs shall reduce computation time and complex-

ity of the model simulation while maintaining the accuracy of the model

prediction.

c) All physical properties such as gas density, viscosity and thermal conduc-

tivity are taken to be non-constant and are functions of the state variables.

In order to address the above mentioned four research gaps, the proposed study

embarks on the following objectives:

a) To develop new industrially practical WGSR-MR process system that has

the ability to process a production of 5.08 Mtonnes annually while incorpo-

rates other equipment and mass-heat recycle streams.

b) To determine the optimal operating conditions of the industrial-scale WGSR-

MR system using multi-objective optimization. To ensure the optimal result

is practical, the optimization considers both economic (based on net present

value) and dynamic (based on v-gap metric) performances.

c) To evaluate the effect of external process uncertainties (i.e., market price

and electricity cost) in the multi-objective optimization on the optimal per-

formances of WGSR-MR system.
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d) To develop some new control strategies based on the integration of parallel

cascade control and multi-scale control (MSC) schemes.

1.3 Novelty, Contribution and Significance

Although there has been a number of literature reports on the WGSR membrane

reactor process, the modelling, optimization, and control study of the process

has not been thoroughly addressed at the system engineering level. Most of the

reported work addresses the development of materials of construction for the

membrane and catalysts. In regards to the optimization aspect, most of the

limited research so far has focused on maximizing the production yield, which

ignores the economic performance of the membrane reactor as a whole. Further-

more, the control design for the process which addresses the systems non-linearity

and long transport delay has been very little mentioned in previous studies. It is

worth noting that, the notable feature of this PhD study is the adoption of two

conflicting objectives (economic and controllability) in the optimization process.

In this case, a simultaneous optimization of the economic and dynamic control-

lability performances has the ability to recognize an optimal trade-off between

these two objectives in the early design stage. Traditionally, a control system

is designed only after the details of process design (superstructure) are decided.

Once the process design is fixed, there is very little room left for improving the

control performance of the system. This can lead to either high cost of imple-

mentation of control system involved or redesigning of the process if the current

design is not controllable. It is also worth mentioning that, in this PhD study a

new cascade control structure and design methodology that unifies the multi-scale

control (MSC) schemes is developed. The control system is designed to address

the current problem in dealing with some specific complex dynamic behaviours

(e.g., long time-delay) in the WGSR membrane reactor system.

This research study presents its novelty in three sections: (1) process design,

(2) process optimization, and (3) process control of the WGSR membrane reactor

system. Firstly, in process design, a new process system is developed involving

a series of other equipment and a stand-alone membrane reactor. Secondly, in

process optimization, a new technique of multi-objective optimization with the

incorporation of uncertainties is used to optimize the WGSR membrane reactor

system for practicality. Thirdly, in process control, this study presents a novel

parallel cascade control scheme that unifies multi-scale control theory which has
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the ability to address process systems that exhibit non-linearity and long time-

delays.

The major contributions of this research can be viewed in two aspects which

are in terms of the theoretical (academic) and industrial contributions. The

academic or theoretical contributions of this research are:

a) Development of new process flowsheets which incorporates membrane re-

actor and other equipment (i.e., heater, cooler, air compressor and heat

exchanger) using a well-known chemical engineering process design proce-

dure. These process flowsheets are simple, easy to understand and also can

serve as a guideline for further WGSR process flowsheet development in the

near future.

b) Development of a new multi-objective optimization methodology with the

salient feature of finding an optimal trade-off between two conflicting per-

formance criteria: the steady-state economic represented by net present

value (NPV) and dynamic controllability quantified in terms of v-gap con-

trol relevant metric. This contributes to the knowledge of unifying more

practical objective functions into process optimization.

c) Development of multi-objective optimization with the incorporation of ex-

ternal uncertainties, in order to determine the effect of uncertainties on

the optimal conditions of the WGSR membrane reactor system. The ad-

dition of process uncertainties will have the ability to measure the effect

of uncertainties towards the optimal conditions of the system in the near

future.

d) Development of a new control strategy based on the parallel cascade control

and advanced multi-scale control schemes which use a combination of 3

conventional PID controllers. The proposed triple-loop parallel cascade

multi scale control scheme has the ability to minimize the adverse effects of

long time-delay and nonlinearity on the closed-loop performance.

As for practical contributions, this research provides a set of knowledge, in-

sights, and methods in modelling, optimization and control of the WGSR mem-

brane reactor system. The analysis of the WGSR kinetics and reactor model

comparison in this research study shall provide a guideline for finding a suit-

able pair (between kinetics model and reactor model) of WGSR kinetic-reactor

models.
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This study is significant for three reasons. Firstly, this study proposes new

process flowsheets for the WGSR membrane reactor system. The proposed flow-

sheets include a membrane reactor and other equipment such as heater, cooler,

air compressor, and heat exchanger. The proposed flowsheets can be readily used

as a guideline in identifying the interaction of a stand-alone membrane unit with

other equipment. The flowsheets presented can be implemented in a small-scale

industry for hydrogen production.

Secondly, this PhD study proposes a new research direction in WGSR mem-

brane reactor, as an intensified approach, i.e., combination of steady-state econ-

omy with dynamic controllability. This new research focus can contribute to the

realization of a hydrogen economy. Moreover, with the incorporation of process

uncertainties in the multi-objective optimization, the developed system is more

reliable when encountering future uncertainties.

Lastly, the performance of the WGSR membrane reactor system can be im-

proved by employing a systematic approach to its control system design. The

key significance in this study is the development of an effective control system

design of the WGSR membrane reactor process, which can overcome the non-

linear dynamic behaviours and also long transport delay. The development of

this new control strategy can assist not only the WGSR processes, but also other

process plants which have long transport delays, such as in heat exchangers, large

bioreactors and distillation columns.

1.4 Dissertation Structure

Figure 1.1 shows the overview of the dissertation structure. This dissertation is

outlined as follows:

Chapter 1 defines the background, motivation and objectives of this research.

Also, it describes the significance and contributions towards addressing current

issues and knowledge gaps relevant to this PhD study.

Chapter 2 covers the literature review on the background relevant to this

PhD study. The first part covers an overview of the water-gas shift reaction

process. The second part includes a critical review of the process optimization

(i.e., single objective and multi-objective optimization). This is followed by the

literature review of process control in WGSR membrane reactor. Lastly, this

review aims to identify the existing achievements and also the research gaps

relevant to this study.
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Chapter 3 presents detailed fundamentals of the water-gas shift reaction

membrane reactor. This chapter covers the fundamental knowledge, such as re-

action mechanisms, reaction kinetics, available catalysts and membranes used in

WGSR. Additionally, the detailed description of the membrane reactor mathe-

matical model (i.e., one-dimensional, two-dimensional, three-dimensional, hetero-

geneous, and homogeneous) of the membrane reactor is provided in this chapter.

Chapter 4 analyzes the comparison of kinetic and reactor models used in

WGSR. A conventional packed-bed tubular reactor model is used in the compar-

ison. The simulation of all the kinetic-reactor under different combinations of

reactor models and kinetic models are performed and evaluated against existing

literature data. At the end of this chapter, a set of the most suitable combination

of kinetic-reactor models is recommended.

Chapter 5 provides fundamental mathematical modelling of the WGSR-

MR system. Here, a one-dimensional heterogeneous packed-bed tubular reactor

mathematical modelling is presented. To develop a reliable and robust membrane

reactor model, non-ideal gas properties are incorporated into the mathematical

model. The mathematical model is validated using experimental data from liter-

ature which has a prediction accuracy of 10

Chapter 6 discusses the development of a few new process flowsheets of

WGSR-MR system. The procedure of developing the flowsheets is based on the

chemical engineering design handbook. The developed process flowsheets are

analyzed for their detailed economic potential. The process flowsheet with the

highest net present value (NPV) is chosen for the next design stage, i.e., in the

parametric study. This chapter also provides the effects of parameters (i.e., reten-

tate temperature, retentate pressure, permeate temperature, permeate pressure,

concentration ratio, reactor length, reactor diameter, membrane tube diameter,

and catalyst pellet size) on the NPV of the WGSR membrane reactor system.

The parametric study is performed in order to identify the critical parameters for

process optimization.

Chapter 7 incorporates the critical parameters identified in the previous

chapter in multi-objective optimization study. This chapter also explores three

different types of optimization techniques. One is based on a single-objective

optimization which solely considers the economic optimization using the NPV

criterion. The second type of optimization is a multi-objective optimization which

simultaneously considers both economic and dynamic controllability performance

criteria. While, the third is a multi-objective optimization with the incorporation

of process uncertainties.

8



Chapter 8 proposes a new triple-loop parallel cascade control strategy where

its design methodology is based on the multi-scale control scheme. The proposed

control strategy is implemented into the optimized WGSR-MR flowsheet obtained

in Chapter 7. This control scheme is to deal with the long transport delay problem

faced by the WGSR membrane reactor system.

Chapter 9 concludes this PhD study and suggests future research opportu-

nity related to the current study.
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Figure 1.1: Dissertation structure overview.
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Chapter 2

State of the art of WGSR-MR

2.1 Overview

This chapter introduces the background of the study of water-gas shift reaction

in a membrane reactor. In this chapter, a detailed literature review will be made

on existing works with the objective of establishing the knowledge in this area

and thereby discussing the gaps in which this study will attempt to address.

2.2 Background

2.2.1 Hydrogen as a future energy carrier

Recently, hydrogen has received increased attention worldwide because of its

potential as an energy carrier; thereby introducing the concept of a hydrogen

economy (Kothari et al., 2008). Hydrogen is among the popular energy carriers

due to its abundant supply as it can be retrieved from multiple renewable energy

sources i.e. biomass, wastes, solar, wind, hydro or geothermal, and non-renewable

sources, i.e. fossil fuels (Pen et al., 1996; Turner, 1999; Haryanto et al., 2005).

Since 2011, the world production of hydrogen has reached up to 30 trillion

standard cubic feet (SCF) (Tosti et al., 2003). Interestingly, 90% of this pro-

duction is generated from fossil fuels, mainly through steam reforming of natural

gas or coal gasification followed by water-gas shift reactions (Sigfusson, 2007).

Even with this much of supply, hydrogen only accounts for 2% of the global pri-

mary energy use (Ockwig and Nenoff, 2007), which means currently there are

still lacking in the balance of supply and demand. Figure 2.1 − adapted from

Bala Suresh and Yamaguchi (2015) shows the breakdown of the world consump-

11



tion of hydrogen and these amounts are expected to rise by 5-6% in the next five

years, due to demand in the manufacturing of methanol and ammonia as well

as petroleum refinery operations (hydrotreating and hydrocracking) (Bala Suresh

and Yamaguchi, 2015) see Figure 2.2 − adapted from Mendes et al. (2012).

The demand for hydrogen plus the search for an alternate energy source has

motivated worldwide efforts toward improving efficiency of H2 production, whilst

minimizing costs (Tanksale et al., 2010).

Figure 2.1: Worldwide demand of hydrogen 2014.

Figure 2.2: Market share of the currently produced hydrogen.

2.2.2 Water-Gas shift reaction

Water-Gas Shift Reaction (WGSR) has been one of the most common processes

for hydrogen production. This process involves high-temperature reactions be-
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tween CO−H2 mixture and steam. The chemical reaction of WGSR is shown in

Equation 2.1 (Mendes et al., 2010).

CO + H2O 
 CO2 + H2 ∆Hrx = −41.1 kJ/mol (2.1)

Lund and Mond discovered the Water-Gas Shift Reaction (WGSR) in the

early years of 1890s, (Mond and Langer, 1888). This reaction, however has several

disadvantages. Firstly, it has an equilibrium limitation due to the nature of the

reaction (i.e., reversible reaction). In essence, this reaction is more favourable at

low temperature due to the nature of its exothermic reaction. However, in order

to increase the rate of production, higher temperature is desirable to enable faster

collisions among the reactants and achieve the activation energy required.

This two conflicting factors often complicate the design of a reactor for the

WGSR. Traditionally, this reaction is conducted in a single-staged reactor whereby

the reaction is conducted adiabatically. Usually, iron oxide-chromium oxide cat-

alyst is used in the reactor. The composition of the effluent from this reactor

normally consists of carbon monoxide (CO) at 2 to 4%, which approaches an

equilibrium value (Lloyd et al., 1996). However, commercially the CO composi-

tion of the effluent can be further decreased by conducting the WGSR in a two

adiabatic stage rather than one. The first one is at high temperature shift reactor

followed by inter-stage cooling before entering a lower temperature shift reactor.

The purpose of installing the inter-cooling stage is to maintain the inlet feed

temperature entering the low temperature shift reactor, which is important, as

high temperatures in this second reactor will damage the activities of its catalyst

(Lloyd et al., 1996).

Figure 2.3: Conventional reactor design for WGSR.

Typically, with the reaction temperature of roughly around 400 - 4500C, an

outlet stream with a CO concentration between 1% and 5% can be obtained.
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However, this largely depends on the performance of the high-temperature shift

reactor, as well as the type of feedstock. The outlet stream is then cooled through

an inter-staged cooling system, which is usually water. (Vielstich et al., 2003) −
see Figure 2.3 − adapted from Mendes et al. (2010). The stream is then cooled to

about 2000C. Once the stream is cooled, it is then fed to a low-temperature shift

reactor. One of the main problems arising from the low-temperature shift reactor

is the volume of the reactor. Even though the WGSR thermodynamic favours

lower temperatures, the reaction kinetics are often too low, resulting in a large

volume of catalyst being needed to approach the high CO equilibrium conversion

(Lee, 2006). This implies that if WGSR is conducted at lower temperatures, the

volume of the reactor required will be much larger.

The hydrogen produced through WGSR then still requires further purification

in order to meet the requirement purity grades of 99% (Grashoff et al., 1983).

Purification of hydrogen can be done in several processes such as pressure swing

adsorption (PSA), cryogenic distillation (CD) or even by membrane separation. It

is mentioned in the work of Cheng et al. (2002), that membrane based processes

are one of the most promising technologies for the production of high-purity

hydrogen due to its high selectivity, permeability, and conversion.

International Union of Pure and Applied Chemistry (IUPAC) defines a mem-

brane reactor (MR) as a device for simultaneously carrying out a reaction and

separation in the same physical device (Koros et al., 1996). A membrane plays

an important role not only as a separator, but also in the reaction itself − see

Figure 2.4 − adapted from Lu et al. (2007). A membrane can selectively remove

a product from a reversible reaction and therefore shift the equilibrium-limited

reaction. This resulted in increase in reaction conversion; conversion higher than

traditional reactor (TR). This has sparked a keen interest among researchers on

membrane reactors (MR). They are summarized in the next few review articles

(Saracco and Specchia, 1994; McLeary et al., 2006; Lu et al., 2007). Brief history

of membrane reactor is reported somewhere else (Basile et al., 2008). Some other

significant advantages of using membrane reactor with respect to the traditional

shift reactor are outlined as follows:

• Increase in conversion for an equilibrium-limited reactions.

• Achieve better results than conventional reactor at the same operating con-

ditions.

• Decrease in capital costs as reaction and separation are combined in one
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single unit.

• Increase in hydrogen yield and purity.

Figure 2.4: Membrane that involves in both reaction and separation process.

Process plant integrating reaction and separation units to conduct WGSR

has been a promising economical hydrogen production technique. Subject to the

operating conditions (such as operating pressure and temperature), the hydrogen

production using a membrane reactor can become economically attractive as it

can improve overall production efficiency up to 30% as compared to a traditional

shift reactor (Collot, 2003). It is clear that new technologies such as the integra-

tion of membrane reactors in the process plants should be pursued in order to

obtain a viable transitional step towards the hydrogen economy.

One of the objectives of this study is to develop an effective design and control

strategy for a water-gas shift membrane reactor system. The study of process

optimization and control toward water-gas shift membrane reactor is still fairly

limited. A series of literature reviews on process optimization and control related

to WGSR has been identified and research gaps are summarized at the end of

this chapter. This study aims to fill the identified research gaps.

2.3 Literature Reviews

2.3.1 Process optimization related to WGSR

A fundamental of optimization is introduced briefly in this section. There are

two types of optimization problems, (1) continuous and (2) discrete variables

(Biegler and Grossmann, 2004). The difference between these two variables are

that continuous variables are usually made up of derivative variables while discrete
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variables generally are restricted to take 0-1 values only. Regardless of any of these

variables, both of their optimization formulation are represented in the similar

general algebraic form as shown in Equation 2.2.

min or max J = f(x, y)

subject to h(x, y) = 0

g(x, y) ≤ 0

x ∈ X, y ∈ {0, 1}m

(2.2)

where function f is the objective function of the optimization such as cost or

yield, function h are usually the models of the system (i.e., material and heat

balances) and function g are known to be the constraints and the specification

of the systems. As mentioned earlier, there are two types of variables, here in

Equation 2.2, variable x refers to continuous state variables while variable y is a

discrete variable with a value of 0 or 1.

There are sub-categories below these two major optimization problems. In

continuous optimization, there are linear programming (LP) and non-linear pro-

gramming (NLP) that fall under this optimization problem. An important dis-

tinction of NLP is whether the problem is convex and non-convex. A convex

problem gives only one global optima while a non-convex problem may give mul-

tiple local optima. As for discrete optimization problem, it is classified into

mixed-integer programming problem which consists of mixed-integer linear pro-

gramming (MILP) and MINLP formulations. The reason is that the discrete

variable takes the value of 0 or 1 which results in mixed-integer formulation. If

there are no 0-1 variables, the MILP is reduced to LP or NLP depending on the

linearity of the functions.

NLP and MINLP problems tend to focus more on process design. This is

because design problems rely more on process development and model’s prediction

which requires explicit handling of performance equations resulted in non-linearity

of the models. There are numerous number of applications in process design that

used NLP or MINLP to formulate their optimization formulation. The same goes

to WGSR membrane reactor process design. Following are some of the reviews

regarding the application of LP and NLP optimization of WGSR-MR for different

types of process plants.

In the work of Emun et al. (2010), the authors conducted an optimization

study on WGSR in an Integrated-Gas Combined Cycle (IGCC) process. The

goal of the work was to optimize the IGCC flowsheet using an old established
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method of process integration coupled with a pinch analysis methodology. The

pinch analysis methodology was useful in terms of optimizing the heat exchange

network that is available in the whole process plant in order to save the plant

operating cost. This optimization methodology, however, only targeting on the

pipeline of the plant without altering any process operating conditions. Hence,

this methodology is only applicable to the whole process plant flowsheet and does

not take into account the details of equipment optimization.

An improvement on optimization of WGSR-MR was made in the work of Lang

et al. (2011). They simulated several main units of the IGCC plant via CFD sim-

ulation and then converted the simulation into a reduced order model (ROM)

using the principal component analysis (PCA). With this ROM framework, they

managed to derive several units in the IGCC plant which are known to be highly

non-linear into an equation-oriented simulation environment. The ROM is then

used in an optimization algorithm. However, using PCA to generate ROM from

CFD simulation might not be able to generate sufficient accurate model for op-

timization. The reason for this is that a ROM is created from linearized data

obtained from the CFD simulation based on which the ROM is developed on a

layer by layer of assumptions. Nonetheless, this ROM method could be quite

effective when it is used in a direct simulation program that starts from scratch,

for example, modelling of reactor in the MATLAB software.

In the work of Bhattacharyya et al. (2010), the author has proposed a more

systematic methodology known as three-phase optimization. It is a top-down ap-

proach optimization. The first design phase is called the global design decisions

which are made up by main objectives and aim of the flowsheet optimization.

The first design phase is then narrowed down in the second design phase, known

as local design decisions whereby major unit objectives and target are identified.

Lastly, the third and final phase is the optimization of the operating condition.

Upon achieving an optimal operating conditions which satisfies all the main cri-

teria set in design phases one and two, the flowsheet is then recognized as an

optimum flowsheet. The limitation of this approach is that the capital costs of

the equipment are not included in the optimization calculation. Consequently,

the optimal operating conditions do not guarantee the lowest capital cost as some

optimal operating conditions may be located in harsh conditions whereby special

fabrication and materials are needed for the equipment to function safely and

smoothly.

The work of Lima et al. (2012) was the first to introduce optimization of

membrane reactor incorporated in an IGCC plant. They investigated the idea
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of a H2-selective zeolite membrane for the WGSR in the IGCC plant. They dis-

covered that a counter-current sweep gas flow lead to higher production yield

than a concurrent flow. With the same model used above, they formulated a

novel optimization problem to systematically determine the optimal length of

the MR design. The optimization problem is solved with the objective of maxi-

mizing reactor performance (reaction conversion) while minimizing the amount of

membrane surface area subjected to specific operating conditions and constraint

such as pressure drop across the MR. The optimization formulation was then

solved using Matlab Optimization Toolbox function fmincon. Note that, fmincon

algorithm uses sequential quadratic programming method (SQL) in MATLAB

software. Lima et al. (2012) successfully identified an optimum membrane area

within the specific operating conditions and MR constraint. However, in this

work, only one design parameter (i.e., membrane surface area) is included in the

process optimization. It is interesting to point out that the robustness of the op-

timization can be improved with an introduction of more than one specific design

and operating parameters in the optimization formulation.

In Koc et al. (2012) work, the researchers tried to identify the possibility of

positive economic assessment of the MR system in IGCC plants. The authors in-

cluded safety and economic feasibility in their assessment and they discover that

by the implementation of MR in an IGCC plant, positive NPV of USD$ 0.71

billion and $ 0.44 billion for the cases without and with CO2 capture can be gen-

erated over the plant lifetime of 20 years. Note that, the economic evaluation of

this paper is based on commercial size membrane reactor and commercial syngas

flow rate. It is worth highlighting that this paper presented an interesting eco-

nomic assessment while provided valuable data and specification of a commercial

sized membrane reactor.

In a separate work, Koc et al. (2012) continued their study on the economic

performance of IGCC plant. In Koc et al. (2014) extended work, by studying

the IGCC economic performance under uncertainty. In this work, the researchers

used Monte-Carlo technique to generate the possible values for all uncertainties

mentioned in the paper. In addition to this, this paper also produced a compar-

ison of economic performance for different scenarios, such as IGCC-MR without

CO2 capture, IGCC-PBR (with traditional packed bed reactors), IGCC-MR and

other technology options. It was concluded that from an environmental perfor-

mance standpoint, the new MR technology option allows significant reduction of

air pollutants and greenhouse gas emission in a cost-effective manner. It is worth

mentioning that Koc et al. (2014) provided quite a significant insight into the
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influences of calculation of operating and capital costs under several uncertainty

scenarios, which can also provide general guidelines in economic performance

calculation that can be used in future work for an optimization of IGCC-MR

flowsheet.

In the progress of membrane reactor assisted WGSR, the focus on optimiza-

tion so far has been mainly on the use of optimization based on one objective

function at a time which is also known as single objective optimization (SOO).

This was shown in the works of Lang et al. (2011),Bhattacharyya et al. (2010),

and Lima et al. (2012), where in all these works the optimization formulation was

only focusing on one objective (maximum reactant conversion). Bear in mind that

for practical approach more than one objective has to be considered simultane-

ously. Some examples of these objectives include capital and operating costs,

payback period, net present value, recovery of product, conversion of reactant,

energy saving, process safety, robustness, etc. In order to achieve optimal results

which are practical in industrial environments, one must combine more than one

objective into the optimization formulation. This optimal approach is known as

multi-objective optimization (MOO). Often, conflicts among the objectives arise

due to multiple objectives in a single optimal formulation. The reason is that

while achieving the optimum for one objective requires compromise on the other

objectives. For an example, an increase in process operation safety resulted in

increase in operational costs due to the additional cost of implementing extra

process control safety equipment and thereby caused reduced in overall profit

margin.

2.3.2 Multi-objective optimization in process plants

Multi-objective optimization (MOO) often results in more than one optimal so-

lution as it has usually been tied to a non-convex problems except when the

objectives are not conflicting with each other. Therefore, MOO requires specific

methods that can effectively solve the optimization formulation. Till date, there

are lots of methods have been developed in solving MOO problems. In general,

MOO solving methods can be classified into two categories; (1) preference based

methods and (2) generating methods (Rangaiah, 2009).

To current author’s knowledge, there has been no literature reported of MOO

problem formulation in a membrane reactor assisted in WGSR. Therefore, in

this section, only selected work closely related to membrane reactor or hydrogen

production plants is discussed.
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Preference-based Methods

This method is sub-divided into two smaller groups, namely priori method and

interactive method. In priori method, decision maker (DM) is first included at the

very beginning of the objective formulation. Example of a priori method includes

goal programming and lexicographic ordering. As for interactive method, the

preference of DM is included in solving the problem after the first iteration. At

the end of the iteration, this method is able to produce one or more Pareto-

optimal solutions. Example of the interactive method includes NIMBUS and a

trade-off method (Rangaiah, 2009).

In the work of Chakraborty and Linninger (2002), the authors proposed a new

methodology for plant-wide waste management that consists of two stage synthe-

sis algorithm followed by rigorous optimization. In this work, goal programming

method is used to find all Pareto-optimal solutions that gave best process eco-

nomics with minimum environmental impact. In an extension work Chakraborty

and Linninger (2003), the authors used the same methodology as in previous

work with the addition of uncertainties. A linear mathematical model was used

to estimate the uncertain parameter variation that affects plant cost and envi-

ronmental impact. In this work, Chakraborty and Linninger (2003) suggested a

practical approach to open-ended flowsheet problems that deal with uncertainty.

In the most recent work Nixon (2016), non-linear goal programming to op-

timize the design parameters of an anaerobic digestion (AD) system was used.

The objectives of the optimization were to minimize the cost of electricity while

maximizes the energy potential and mass reduction. The author demonstrated

that this optimization is a promising option for AD design.

This preference based methods are suitable for optimization problems where

DM understood well each of the objective functions and able to identify the

interdependency of the multiple objectives or the range of the feasible objective

values. This method requires a lot of experience and great knowledge from the

decision makers.

Generating Methods

The solutions generated from this method usually end up with one or more Pareto-

optimal solutions. If there is more than one Pareto-optimal solutions, then an

introduction to the role of decision maker (DM) is made. The DM role is en-

trusted with the task to choose one of the Pareto-optimal solutions based on

conditions that are not included in the MOO problem formulation. There are
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three sub-categories in this generating method: (1) no-preference methods (i.e.,

global criterion), (2) posteriori methods using multi-objective approach (i.e., sim-

ulated annealing, genetic algorithm), and (3) posteriori methods using scalariza-

tion approach (i.e., ε-constraint method, weighted method) (Sharma and Ranga-

iah, 2013).

Yu et al. (2007) performed MOO for methane steam reforming in a porous

ceramic membrane reactor. They applied non-dominated sorting genetic algo-

rithm (NSGA) in solving the optimization problems. The authors formulated

two MOO optimization problems, (1) maximization of hydrogen production rate

and recovery, and (2) maximization of hydrogen rate while minimize the sweep

gas flow rate or membrane surface area. The Pareto-optimal solutions obtained

served as the guidance for future decision makers.

In the work of Quddus et al. (2010), the same MOO formulation presented in

Yu et al. (2007) was used to study in the optimization of a porous ceramic mem-

brane reactor for an oxidation coupling methane. Quddus et al. (2010) modified

the algorithm of NSGA with an addition of jumping genes into the algorithm. In

this work, the researchers discovered a significant improvement in performances

in terms of selectivity and yields when two objectives optimization problems were

optimized instantaneous.

Cheng et al. (2008), developed a triple-objective optimization for catalytic

membrane reactors. The authors too used NSGA technique to optimize the

multi-objective optimization formulation for alcohol synthesis and for hydrogen

generation. The results presented in this work showed two distinctive features.

An optimal solution of randomly scattered and an optimal solution of a straight

linear line. The researchers discovered that for both systems, the membrane

area and membrane thickness plays an important role in the optimal solutions.

Cheng and his co-workers believed that MOO provides more information on the

correlation between different objective functions and optimal solutions.

Montazer-Rahmati and Binaee (2010), too employed NSGA technique to per-

form multi-objective optimization in simultaneous maximization of steam flow

rate and hydrogen production rate of an existing hydrogen plant. The hydrogen

plant consists of steam reformer, shift converters, absorber and a methanator. For

the design configuration considered in this study, several sets of Pareto-optimal

operating conditions were obtained.

Recently, Shahhosseini et al. (2016) proposed the application of elitist non-

dominated sorting genetic algorithm (NSGA-II) in simultaneous maximization of

methane conversion, and hydrogen and carbon monoxide selectivity. The Pareto
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optimal obtained was further selected using decision making methods such as

LINMAP, TOPSIS, Shannon’s entropy and Fuzzy Bellman-Zadeh.

All the above-mentioned works are in the category of posteriori methods using

multi-objective approach. The approaches in this category are highly complex

as compared to the category of posteriori methods using scalarization approach.

There are two major approaches in the classical scalarization method, namely the

ε-constraint method and weighted sum method.

In the work of Salcedo et al. (2012), an ε-constraint method is used to solve

a multi-objective mixed-integer nonlinear programming model (MINLP). The

MOO considered simultaneous minimization of environmental impact and cost

of the desalination plants. With environmental performance quantified using life

cycle assessment and the cost performance calculated by operational costs. The

results obtained by the authors showed that the optimal approach is able to lead

a significant environmental savings at a small increment in cost.

In the work of Vlysidis et al. (2011), a MOO problem was formulated to max-

imize the profit while minimizes the environmental impact of the overall process.

The MOO was solved using the ε-constraint method of optimizing the cycle time

of the batch fermentation and the water flow rate. These two parameters were

chosen as they have a significant effect on the economics of the biorefinery pro-

cess. This method is often preferred to solve MOO when the constraint on one

of the objective function is identified.

The ε-constraints method creates a single objective model in which only one

of the objective function is optimized while the other remaining functions become

the constraints of the model (Donoso and Fabregat, 2016). The method has an

advantage of solving non-convex MOO problems. The drawback of this method

is that one must understand the MOO formulation well and that the values of

the ε-constraints.

The weighted sum method is first introduced by Zadeh (1963). Since the

beginning, this method has been mentioned prominently in literature. The reason

of this is because this method provides the simplest approach in solving MOO

problems. This method can effectively scalarized a MOO problem formulation in

forming a SOO by multiplying each objective with a user supplied weight.

In the work of Aslan (2008), weighted sum method was used to solve for a

multi-objective optimization in a multi-gravity separator. The problem was for-

mulated to maximize the concentration grade and recovery of the separator. Two

equal weights have been assigned to each objective as it was assumed to be equally

important. The optimization results showed considerable improvement in both
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the quality characteristics. The results obtained from the multi-objective opti-

mization showed better grade and recovery compared to the initial (unoptimized)

value of the grade and recovery.

Mitsos et al. (2008), developed an integer linear program formulation for an

automatic method to reduce the kinetic model. In this work, the researchers

incorporated the weighted sum methodology into the linear program formula-

tion to estimate the parameters for the reduced kinetic models. In this study,

an equal weight percentage was given to the parameters according to their im-

portance. Based on the multi-objective optimization developments, the reduced

kinetic models have the same prediction accuracy as the initial (unreduced) ki-

netic models with significant reduction in computational time.

Albrecht et al. (2010) addressed the challenges faced in designing batch pro-

cesses using multi-objective optimization. The work presented a modified version

of the multi-stage framework for a continuous assessment of the batch process

design. Three main objectives are used in the MOO formulation (i.e., cost, cumu-

lative energy demand and hazard). Although, there was more than two objectives

function, the weight percentage was divided equally among the objectives. This

modified framework has been successfully implemented in a production process

for 4-(2-methoxyethyl) -phenol.

Yunqiang et al. (2011), presented a novel approach for modelling and opti-

mization for a hydrogen network in refineries. In this multi-objective optimiza-

tion, the authors used weighted sum methodology for the MOO formulation of

minimizing operating and investment cost simultaneously. The proposed method

took into account constraints such as pressure, purity, payback period and so on.

The applicability of the approach was tested in a real case study.

Although the weighted sum method has been widely used in solving MOO

problems, researchers were more focused on the distribution of the weightage be-

tween each objectives especially for optimization of more than two objectives.

Yoon and Hwang (1995) developed a rating method to identify the percentage of

weight for each objective. The most important objective was given a more signif-

icant percentage of weight compared to a less important objective. Saaty (2003)

developed an eigenvalue method for determining weights using a pairwise com-

parison between objective functions. The author is able to obtain a comparison

matrix in the formed of eigenvalues which is then used as the weights.

Due to many literatures concerning the weight distribution, Marler and Arora

(2010) proposed a method that can identify the fundamental of the weighted sum

preferences. They too introduced a set of guidelines in choosing and developing
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the percentage of the weights specifically for more than two objectives function.

To date, this method is still widely used in process application. Mohseni-Bonab

et al. (2015) used weighted sum method in combination with Monte Carlo simu-

lation to optimize the reactor power dispatch considering load uncertainties. This

method was also seen in the work of Majidi et al. (2017), where it was used to

solve minimization of CO2 emission and total cost of the hybrid system.

2.3.3 Integrated design and control optimization

In multi-objective optimization, one can choose multiple objective functions as

to achieve optimum values that is able to satisfy all the objectives. However, one

requires deep understanding of the interaction among each objective in order to

determine a suitable combination objectives to form a multi-objective function

optimization (Kookos and Perkins, 2001). As such, in process plant industries, the

common perception is that process design is dominated by steady-state economic

performances (e.g., profit, total annual costs and net present value). However,

many researchers have recognized the conflicts and competitions between eco-

nomic and controllability of chemical processes (Seferlis and Georgiadis, 2004).

Unfortunately, in most cases there is always a trade-off between economic prof-

itability with process controllability. Therefore, it is important to find the optimal

balance between these two aspects, especially in process plant design stage. Tra-

ditionally, control system is designed only after the details of process design are

decided. Once the process design is fixed, there is little room left for improving

the control performance and this has always led to either high cost of implementa-

tion of control systems or redesigning of the process. Recognizing the interaction

between process design and control, an integrated approach in which the combi-

nation of these two objectives into a multi-objective optimization is very much

desired.

Some of the researchers such as the authors of Luyben (1994) had employed

a multi-objective function for incorporating economic objectives (i.e., capital and

operating costs) and controllability measures (i.e., relative gain array (RGA)).

They used generalized benders decomposition (GBD) algorithm Geoffrion (1972)

to solve the MINLP objective formulation. The trend was then followed by

Chacon-Mondragon and Himmelblau (1996), as they proposed a bi-objective op-

timization which includes costs and flexibility of the process. Similarly, Alham-

madi and Romagnoli (2004) proposed an optimization framework whereby the

combination of economic, controllability and environmental measures to form a
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single multi-objective function. The combination of economic and controllabil-

ity in a single optimization is recognized as a more practical method compared

to other integration of process design and control, but simultaneous optimiza-

tion of economic and controllability posed a tough challenge and high complexity

(Sharifzadeh, 2013). Therefore, systematic approach to solve this optimization is

highly encouraged.

Even though multi-objective optimization is able to generate optimum values,

these optimizations are still subjected to uncertainty. A large number of problems,

including production planning, finance and engineering design require decisions be

made in the presence of uncertainty. There are lots of uncertainties, for instance,

prices of fuels, the cost of electricity and demand for chemical products (Ahmed

and Garcia, 2003; Li et al., 2012). With the presence of uncertainties, process

optimization becomes even more challenging. As such Beale (1955), Bellman

and Kalaba (1965), and Dantzig (1955) had focused their research in developing

algorithms to solve optimization that involves uncertainties.

2.3.4 Optimization with uncertainties

Two types of uncertainties:

a) Endogenous uncertainty − sources of uncertainty can be either related to

the process or the final product such as the process operating conditions or

the properties of the intermediates being processed, and

b) Exogenous uncertainty− externally given by the environment, such as prod-

uct demand or raw material and finished product prices and availabilities

(Mart́ın and Mart́ınez, 2015).

Uncertainty can negatively or positively impact the proper operation and

market success in any new or modified product. It can also have a significant

impact on how easy or difficult to incorporate modifications in future generations

of existing products. Figure 2.5 − adapted from Goel and Grossmann (2006)

shows the different types of sources within these two categories of uncertainty.

The demand and supply of hydrogen fluctuate as time. The fluctuation caused

changes in economic situation (Gebreslassie et al., 2012; Michalek et al., 2011;

Guillén-Gosálbez and Grossmann, 2009). Hence, hydrogen production process

industries are usually susceptible to exogenous uncertainties.

There are two types of modelling uncertainties:
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Figure 2.5: Different sources of uncertainties.

a) Deterministic model − assumes a certainty in all aspects. Examples of

deterministic models are linear programming model, and economic order

quantity model.

b) Stochastic or probabilistic model − calculate the likelihood of the uncertain

parameters. Some more common stochastic models are queueing models,

Monte Carlo, and Markov chains (Maybeck, 1982).

Note that most models really should be stochastic or probabilistic rather than

deterministic, as a stochastic model generates more reliable data compared to the

deterministic model (Lazo et al., 2003).

Stochastic programming models are large-scale optimization problems that

are used to facilitate decision-making under uncertainty. Optimization algorithms

for such problems require the evaluation of the expected future costs of current

decisions, often referred to as the recourse function. In practice, this calculation

is computationally difficult as it requires the evaluation of a multidimensional

integral whose integrand is an optimization problem (Parpas et al., 2015). Many

algorithms approximate the value of the recourse function using quadrature rules

(Pennanen and Koivu, 2005) or Monte Carlo (MC) methods (Shapiro et al.,

2014; Birge and Louveaux, 2011). MC methods are particularly appealing for

this purpose because they are easy to implement and remain computationally
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tractable when the recourse function depends on multiple random variables.

Koc et al. (2012) is the first to propose the element of uncertainties in a

hydrogen production process plant that incorporate a membrane reactor. The

authors extended their work with the inclusion of more uncertainties (Koc et al.,

2014). In both the works, the authors used Monte Carlo algorithm to simulate the

element of uncertainties. It was observed in these papers that, even with a large

number of uncertainties presented, MC algorithm was capable of calculating the

likelihood for each uncertain parameter. This suggested that the MC algorithm

is effective as it is able to handle large amount of process uncertainties.

MC algorithm consists of numerous probabilistic models to generate several

sets of probability data. These sets of data are then used to generate the expected

outcomes. For instance a simpler probabilistic model is known to be Markov

Chain. A Markov Chain is commonly used to obtain a desired probability distri-

bution. This model is well known as it is capable of modelling time dependent

random variable. The combination of this model and Monte Carlo simulation

formed a special technique, namely Markov Chain Monte Carlo (MCMC).

MCMC method has been widely used since its establishment. The introduc-

tion of this method can be found in the work of Metropolis et al. (1953), Geman

and Geman (1984), Gelfand and Smith (1990) and Hastings (1970). This method

has become well known as a powerful computational tool for analysis of complex

statistical problems. Even though this method has the ability to predict numbers

or values based on probabilistic simulation, a number of uncertainties faced in

every design of a process plant are immeasurable. One is not able to detect all

the uncertainties during the design stage of a process plant being exogenous or

endogenous. Thus, there is a need of implementing process control in a process

plant. Process control can ensure a safe operation of the process plants, even the

process plants are subjected to uncertainties, due to its robustness in handling

perturbations as well as plants uncertainties.

2.3.5 Control strategy in membrane reactor technology

To date, there has been a very little study conducted at the direction of control

strategy development for membrane reactors. Several works had been conducted

on the development of control strategies for a whole IGCC process plant. For

an example, Bequette and Mahapatra (2010) used ASPENTECH software to

perform steady-state and dynamic simulations of an IGCC power plant. Further-

more, few techniques were used to assess the steady-state and dynamic operability
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of the power plant such as linear system analysis under various plant operating

conditions. A model predictive control (MPC) strategy was developed to im-

prove the dynamic operation of the power plant. Due to high maintenance cost

of implementation of MPC, this control strategy is not as popular as other control

strategies, for example, fuzzy logic control and Linear-quadratic-Gaussian control

(Camacho and Alba, 2013).

Lima et al. (2013) developed a nonlinear model predictive control for the same

process plant used by Bequette and Mahapatra (2010). They have successfully

developed a centralized nonlinear MPC strategy using a collocation based algo-

rithm to control power generation according to the demand. This strategy has

been successfully implemented to address several scenarios that consider power

load transitions (setpoint tracking) and variability in slurry feed compositions

(disturbance rejection). The closed-loop simulation results showed that power

control can be attained without violating process constraints. Nevertheless, Lima

et al. (2013) did not evaluate the closed loop performance in terms of robustness

against uncertainty which is important as the IGCC-MR model is subject to un-

certainty (e.g., parametric errors and structural mismatch) that will affect the

control performance.

As mentioned before, due to the exothermic nature of WGSR and this re-

action is usually conducted in a non-isothermal packed bed membrane reactor,

the temperature will rise along the membrane reactor. Without a proper control

strategy, the hot spot temperature might reach the catalyst deactivation temper-

ature and cause reduction in the yield of hydrogen. Georgis et al. (2012) proposed

to use three different controller outputs to control the hot spot temperature of an

exothermic tubular packed bed reactor. Because all the three different controller

outputs failed to regulate the temperature profiles, Georgis and his co-workers

incorporated nonlinear controller into the control system. It showed that the

controller can suppress perturbation due to the modelling errors. However, it

can be observed that the controller was unable to reduce large spikes, which was

caused by the proportional-integral (PI) controller. Bear in mind that, a high

spike in controller output has been one of the reasons causing malfunction of the

controller unit.

Georgis et al. (2014) intended to further improve the control strategy. The

authors used multiple cooling zone to first regulate the reactor temperature and

proposed a control strategy using the flow rate of the cooling fluid. The same

nonlinear controller as in the previous paper Georgis et al. (2012) was used, this

time a better temperature control can be achieved by implementing the cooling
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zone. But the paper did not address the limitation of the spike induced by the

controller. Furthermore, complex reactions such as the WGSR, a single-loop

controller is hardly effective for controlling the reactor hotspot temperature due

to the presence of significant transport delay because of the reactor length.

2.3.6 Cascade control strategy in process plants

In the presence of a large transport delay due to reactor length, a cascade con-

trol strategy employing a secondary measurement located somewhere along the

reactor is recommended to improve the disturbance rejection performance. In

other words, the secondary controller is used to reject incoming disturbances in

advance before the main controlled variable is seriously upset i.e., the hot spot

or effluent temperature. It should be noted that, the secondary controller (known

as the slave controller) has to react faster to the disturbance than the primary

(master) controller. The benefits of the cascade control strategy are reported in

many process control textbooks, e.g., see (Seborg et al., 2006; Ogunnaike and

Ray, 1994). This control strategy has been implemented and tested on packed

bed reactor and the results showed that with the implementation of this control

strategy, the performance of the reactor can be significantly improved Saw et al.

(2015).

Cascade control is one of the widely used advanced control strategies in the

process industries. As a cascade control has the ability to control complex and

highly nonlinear process systems (Luyben, 1989). Note that, the higher the non-

linearity of the processes corresponds to the unpredictability of the process re-

sponses. Cascade control effectively reduces the effect of possible disturbances as

well as improving the dynamic performance of the closed loop system. A general

cascade system consists of two control loops, one loop (secondary, inner or slave)

nested in the other (primary, outer or master) loop (Santosh and Chidambaram,

2016).

There are two types of cascade control known as series cascade and parallel

cascade. In series cascade control structure, the manipulated variable affects

one controlled variable, which then affects a second controlled variable. While

in parallel cascade control, the manipulated variable affects both the controlled

variables (Luyben and Luyben, 1997). It should be noted that they are two

different control strategies and therefore cannot be directly compared as to which

one is the more effective. Each cascade system should be compared only with its

non-cascade equivalent. However, one can say parallel cascade has an advantage
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of requiring minimum process data to formulate the controller tuning.

To formulate series cascade control tunings, one required to run at least twice

the process simulation. Example:

a) First process simulation − to obtain a slave controller tuning,

b) Based on the results obtained from the first tuning, a second process simu-

lation is run − to obtain the master controller tuning.

An addition of the inner loops for the series cascade control systems results

in an addition run of process simulations. On the other hand, a parallel cascade

controller tuning is able to form multiple process transfer functions with one time

process simulation data. For a clear comparison, a series and parallel cascade in

terms of block diagram are shown in Figure 2.6 - 2.7 respectively.

Figure 2.6: Series cascade control - two loops.

Figure 2.7: Parallel cascade control - two loops.

Parallel cascade was first introduced in the work of Luyben (1973). In parallel

cascade control, the secondary loop plays an important role in both disturbance

rejection and reduction of the nonlinearity possessed in the manipulated vari-

able (Seborg et al., 2010). Generally, a parallel cascade control is used when the

innermost loop can effectively reduce the disturbance before entering the outer-

most loop. Furthermore, the parallel cascade control is also appropriate when

the outermost loop has a long process delay. Despite clear benefits of the parallel

cascade control and its wide-spread use in process industries, the design on the

parallel cascade control systems has attracted relatively little research.
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Yu (1988) analyzed and designed a conventional controller for a parallel cas-

cade control structure. Yu designed a perfect disturbance-rejection controller for

the secondary loop while the primary controller served as the servo controller.

From this work, it was discovered there was an interaction between the primary

and secondary loops and hence, Yu proposed a new measurement γ to improve the

parallel cascade control. To address the interaction problem, the author Bram-

billa and Semino (1992) introduced a nonlinear filter in the cascade control. The

nonlinear filter is able to partially separate the dynamics of the loops. In addi-

tion, the nonlinear filter has a stabilizing effect on the cascade structure which

results in reducing the tuning difficulties. Brambilla et al. (1994), then proposed

some non-dimensional parameters to address the choices which are required to

design parallel cascade controllers for multi-component distillation columns with

dual control.

Chidambaram (1993) extended the application of parallel cascade control to

a continuous stirred tank bioreactor. The parallel cascade control strategy is

then expanded to a process applications by ”reverse engineering” the functions

of the baroreceptor reflex–the biological control system that regulates arterial

blood pressure (Pottmann et al., 1996). A parallel control structure for process

applications is then developed by re-parameterizing the controllers in the bio-

logically derived architecture. The results from this work showed the superior

performance and failure tolerance that can be achieved with the parallel con-

trol strategy compared to cascade control and single-input, single-output control

techniques.

Parallel cascade control has shown impressive results in terms of disturbance

rejection and this has encouraged researchers to focus in the area of developing a

better controller tuning for the parallel cascade control. Lee et al. (2006) proposed

an analytical method to tune the PID controllers for a parallel cascade control.

The analytical tuning rules were derived from an internal model control (IMC)

procedure and this proposed method took into the consideration of the interaction

between the primary and secondary control loops. Rao et al. (2009) applied

parallel cascade control onto a process with delay. They incorporated a delay

compensator in the primary loop while the secondary loop controller was designed

using IMC method. Significant improvement in the closed loop performances was

obtained with the delay compensator over that of a conventional parallel cascade

control system.

Yin et al. (2011) proposed a modified IMC tuning in cascade control. The

controller tuning took into account both set-point tracking and disturbance re-
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jection. As in a conventional cascade system, set-point tracking response and

load disturbance response in the secondary loop possessed great influenced in the

primary controller loop. With the implementation of two degrees of freedoms, the

performance of the controllers is adjustable. In the work of Padhan and Majhi

(2012a), a modified Smith predictor was used to address the process time delay.

They found out that the proposed scheme produced better results compared to

existing conventional parallel cascade control methods.

Padhan and Majhi (2012b) then proposed a new parallel cascade control

scheme for unstable processes with time delay. They designed the secondary

loop using an IMC tuning approach while the primary loop was designed based

on a PID controller with lead/lag filter. The results presented by the authors

showed improvement in the disturbance rejection performances. Raja and Ali

(2015) developed a better version of cascade control for time delayed integrat-

ing process models. The proposed parallel cascade control structure has three

controllers: a stabilizing (P) controller, a primary (PI) controller and secondary

(PID) controller. They obtained a better performance in disturbance rejection

compared to the previous work (Padhan and Majhi, 2012b).

Santosh and Chidambaram (2016) introduce a simple method to design par-

allel cascade controllers for open loop unstable processes. The tuning consider a

proportional (P) controller for the innermost loop while a proportional-integral

(PI) controller for the outermost loop. The results showed improvement for

both servo and regulatory problems in comparison to Padhan and Majhi (2012a)

work. Raja and Ali (2017) proposed a modified parallel cascade control struc-

ture (PCCS) with Smith predictor for open loop unstable and integrating process

models. They used RouthHurwitz stability criterion and internal model con-

trol approach in their tuning approach. The results yields improved and robust

closed-loop performance in first and second order integrating models plus time

delay.

However, most of the literature focused on developing a parallel cascade con-

trol for stable/unstable first order plus dead time (FOPDT) model. Nandong

and Zang (2014c) proposed a novel scheme named Multi-Scale Control (MSC)

scheme. They incorporated this scheme into the tuning a PID controller and

they discovered that this newly tuned formula was applicable for both FOPDT

and even second order plus zero (SOPZ) model. The numerical study showed

improved performance over an IMC approach for a parallel cascade process.

The basic idea of the MSC is to decompose a complex plant P into a sum

of its basic modes, which are first- or second-order systems with real coefficients.
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Through this decomposition, it is easier to design several sub-controllers where

each is based on a specific mode than to design an overall controller directly.

Additionally, the conventional controller design approach can be very difficult to

apply especially towards a high-order system with complicated dynamics. The

plant decomposition is represented as follows:

P (s) = m0 +m1 +m2 + ...+mn (2.3)

where mi, i = 0, 1, 2,..., n indicates the basic modes. The outermost mode is the

slowest mode in the system and is represented by m0, meanwhile mi, i = 1, 2,...,

n are known as the inner layer modes. The modes are arranged in the order of

increasing speed of responses towards a manipulated variable changes.

The sub-controllers for all the individual plant decomposition are capable of

enhancing the cooperation among the different modes. In this case, a two-layer

MSC scheme assuming the plant system of the primary loop can be decomposed

into a sum of two modes only. In Figure 8.1, K1 denotes the sub-controllers for

the innermost loop W , while the controller K0 controls the outermost loop P .

Figure 2.8: Block diagram of a two-layer MSC scheme.

In Figure 8.1, the closed-loop inner layer transfer function is expressed as

follows:

G1(s) =
K1(s)

1 +K1(s)W1(s)
(2.4)

where, the overall multi-scale controller is:

Kmsc(s) = K0(s)G1(s) (2.5)

The MSC scheme gives better performance when dealing with complicated

process plants, especially process plants that is in high order. This is because

MSC strategy is able to decompose a high order process plant into a low order
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transfer function (i.e., not more than second order). This indirectly results in

easier controller design and thus, a better performance and robustness of the

controller tuning.

2.3.7 Research gaps

The following research gaps can be identified from the literature review:

a) System engineering study (optimal operations and robustness) remains in-

adequate in the water-gas shift reaction process with the incorporation of

membrane reactor.

b) There is a lack of research in the consideration of process uncertainties into

process optimization, especially in the scope of membrane technology − due

to relatively new technology.

c) There is the need for robust controller tuning strategy in addressing large

transport delay processes − specifically in WGSR-MR due to the length of

the reactor.

In the first research gap, there have been a few researchers started to focus on

the optimization of the WGSR membrane reactor. However, to date only single

objective optimization (SOO) (i.e., maximization of conversion or yield) of the

membrane reactor has been performed. It has been discussed that SOO approach

lacks of practicality. Hence, the need of multi-objective optimization (MOO).

In addition, in a design stage of a process plant, it is very likely for the WGSR-

MR design to have process uncertainties (i.e., exogenous or/and endogenous).

With these uncertainties, there will be a caused-effect towards the optimization.

Thus, care needs to be taken during process optimization. However, it is impos-

sible to address all uncertainties for a process plant. Hence, there is the need of

process control implementation to ensure the safety of the process plant. A good

control scheme is crucial for safe and reliable operation of any chemical process.

Most of the researchers focused on open-loop control of the membrane reactor.

Single-input single-output (SISO) controller is still inadequate to effectively con-

trol a large transport delay process.

In this work:

a) To address the practicality of the optimal approach. A multi-objective

optimization that incorporates two objectives function:
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i) steady-state economic performance − net present value (NPV)

ii) dynamic controllability − v-gap metric

The reason of adopting these two objectives function is that, if the optimiza-

tion is done without incorporating the controllability, there is a possibility

of that the design will be difficult to control and operate. A MOO formu-

lation using the weighted sum method can be employed to optimize these

two objectives function simultaneously. This is because of the computation-

ally effective and easy implementation of this method. Equal percentage

of weight is assigned denoting that the equal importance of the two perfor-

mance criteria.

b) To integrate uncertainties in the process optimization. Here, only exogenous

uncertainties are taken into account:

i) hydrogen selling cost

ii) electricity cost

Electricity is being considered due to large usage in the whole process.

Changes in the cost of electricity might pose a large threat in the opera-

tional expenditure. Since the late 80s, the electricity industry has sustained

important adjustments worldwide (Dyner et al., 2003). As for the hydro-

gen selling cost, it is included due to the fluctuation of market demand.

According to U.S. Department of Energy’s standard model for small-scale

distributed hydrogen production, the price of hydrogen differs due to vari-

ous different productions of hydrogen (Steward et al., 2009). Markov Chain

Monte Carlo (MCMC) algorithm is employed to generate the future proba-

bility values of these two uncertainties. As this method is relatively simple,

computationally effective and commonly used in simulating a small number

of uncertainties.

c) To develop a robust control strategy for large transport delay process specif-

ically in WGSR-MR. To address large transport delay, cascade control is

commonly employed. There are two categories of cascade control:

i) series cascade control

ii) parallel cascade control
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Note that, to date only two/double-loop cascade control has been developed

to address this problem. However, the robustness of the control strategy

based on a double-loop cascade control towards a large processing delay is

still ineffective. Therefore, this study aims to develop an effective methodol-

ogy using parallel cascade control. It should be noted that, an effective and

robust control for the optimized reactor system (as an overall) is a crucial

factor to ensure a safe and reliable operation of the system.

2.4 Summary

In summary:

• To date, only single objective optimization (SOO) approach has been ap-

plied in the optimization of membrane reactor performance (i.e., maximized

reactant conversion or hydrogen production yield). The idea of single ob-

jective optimization is impractical in reality.

• Uncertainties are bound to exist at any stages of process development. To

date, there is still lack of works related to the incorporation of uncertainties

into process optimization especially in WGSR-MR.

• In control related to WGSR-MR, only single-input single-output (SISO)

controller strategy has been implemented to address the temperature con-

trol of the membrane reactor. WGSR-MR is subjected to large trans-

port delay due to the length of the membrane reactor. Currently, only

a two/double-loop cascade control has been developed to address this prob-

lem. However, this strategy is still ineffective.

• To address the impracticality of previous optimization approach, a multi-

objective optimization (MOO) is adopted to optimize the WGSR-MR. Two

objectives can be simultaneously considered in the optimization problem

formulation. There are steady-state economic (represented by net present

value) and dynamic controllability (represented by v-gap metric). This is a

novel optimization approach as there has been no work mentioned about the

MOO approach in the optimization of WGSR-MR. The main characteristic

of this approach is to find the trade-off in economic performance without

sacrificing the dynamic performance of the WGSR-MR.
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• To address the uncertainties, Markov Chain Monte Carlo algorithm can be

used to calculate the likelihood values of the uncertainties.

• To address the problems related to the control of large transport delay, a

triple-loop parallel cascade control can be developed. Triple-loop parallel

cascade control can be more robust and effective compared to double-loop

parallel cascade control. As the addition of an inner loop, effectively sup-

pressed the disturbance before it significantly upset the primary/master

controller loop. Furthermore, the development of a triple-loop parallel cas-

cade control has yet been explored.

• To achieve the aforementioned goals successfully, a fundamental knowledge

of water-gas shift reaction membrane reactor is required. These knowl-

edge aids in the modelling, optimization and control of this process system.

Thus, an in-depth fundamental of WGSR-MR will be presented in the next

chapter.
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Chapter 3

Fundamentals of WGSR-MR

3.1 Overview

Fundamental knowledge of water-gas shift reaction membrane reactor (WGSR-

MR) served as a foundation in this present study. This chapter presents an in-

depth understanding of water-gas shift reaction and membrane-assisted reactors.

The features of water-gas shift reaction to be presented in the chapter include:

a) Reaction mechanisms of WGSR − Langmuir-Hinshelwood and Regenera-

tive mechanisms.

b) Reaction kinetics of WGSR − microkinetic and macrokinetic mechanisms.

c) Present catalysts in WGSR − low-temperature and high-temperature cat-

alysts.

d) Present membranes in WGSR − microporous and dense metal membranes.

The core detailed of membrane-assisted reactors presented are:

a) Types of membrane-assisted reactors − packed-bed and multi-tube mem-

brane reactors.

b) Fundamental state models − one-dimensional, two-dimensional, and three-

dimensional state models.

c) Reactor models − heterogeneous and homogeneous reactor models.

The information about this chapter can serve as future references and a guide-

line to be used in the later section of the present study.
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3.2 Reaction Mechanisms of WGSR

There are seven consecutive steps describing the rate of reaction for all hetero-

geneous reactions that involved a catalyst (Froment and Bischoff, 1979). These

rates of reaction may include the effects of transport process rates as well as in-

trinsic reaction rates. A mechanism of an irreversible reaction from a reactant to

form a product is illustrated in Figure 3.1 − adapted from Froment and Bischoff

(1979).

Figure 3.1: Steps involved in reactions on solid catalyst.

In the mechanisms presented in Figure 3.1, there is a total of seven reaction

steps (Bond, 1987):

1. The diffusion of reactants from the bulk fluid onto catalyst surface.

2. The diffusion of the reactant from catalyst surface to the active site of the

catalyst pore.

3. Adsorption of reactant on the active site of the catalyst pore.

4. The reactant will undergo chemical changes.

5. Product is formed and desorption of the product from the active catalyst

pore.

6. Diffusion of the product to the catalyst surface.

7. Diffusion of product from catalyst surface to bulk fluid.
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Although there are only four species (i.e., CO, H2O, CO2 and H2) in WGSR,

researchers are yet to come to a full agreement concerning the reaction mech-

anism (Mendes et al., 2010). The two most commonly discussed mechanisms

are Langmuir-Hinshelwood (LH) and Regenerative (Redox) mechanisms. Few

researchers such as Rhodes and his co-workers Rhodes et al. (1995) suggested

that low-temperature WGSR favours Langmuir-Hinshelwood mechanism while

high-temperature WGSR favours Redox mechanism.

An example of a LH mechanism for WGSR is expressed in Equations 3.1 to

3.5. This mechanism considers steps that involved:

a) The adsorption of reactants (i.e., CO and H2O) onto the catalyst surface

to form intermediate.

b) Instantaneous chemical reaction of reactants to products, and the desorp-

tion of the products.

Note that, the slowest step is the rate determining step (Equation 3.3) (Ayas-

tuy et al., 2005).

CO(g) + Z 
 CO(ads) − Z (3.1)

H2O(g) + Z 
 H2O(ads) − Z (3.2)

CO(ads) − Z +H2O(ads) − Z 
 CO2(ads) − Z +H2(ads) − Z (3.3)

CO2(ads) − Z 
 CO2(g) + Z (3.4)

H2(ads) − Z 
 H2(g) + Z (3.5)

The equation rate for this LH mechanism is given as follows:

− rCO =
k
(
PCOPH2O −

PCO2
PH2

Kp

)
(1 +KCOPCO +KH2OPH2O +KCO2PCO2 +KH2PH2)2 (3.6)

where k is the rate of forward reaction, Kp is the equilibrium constant, Ki is the

equilibrium adsorption constant for species i and Pi is the corresponding partial

pressure.
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As long as there is a cyclic reduction-oxidation reactions occurs on the catalyst

surface, it is considered as Redox mechanism (Rhodes et al., 1995). In this

mechanism, water (H2O) is reduced on the catalyst surface to produce hydrogen

while the carbon monoxide (CO) is oxidized (Choi and Stenger, 2003). This

mechanism is represented by Equations 3.7 - 3.8

H2O + s
 H2 +O.s (3.7)

CO +O.s
 CO2 + s (3.8)

If the rate determining steps is Equation 3.8, then the rate equation derived

from this model is Ayastuy et al. (2005):

− rCO =
k
(
PH2O −

PCO2
PH2

PCOKp

)
1 +

KCO2
PCO2

PCO

(3.9)

All the parameters from each equation can be obtained using the rate data of

CO obtained experimentally. Hence, for simplification, an empirical Power-Law

(PL) rate equation (Equation 3.10) is used.

3.3 Reaction Kinetics of WGSR

The kinetic models are often developed as to provide the simplest way to represent

a chemical reaction for engineers to design an appropriate size of the reactor

involved. Fundamentally, the kinetic expressions (models) can be relegated into

two main categories:

a) Microkinetic models − based on the detailed information about all the

elementary (intermediate) steps that comprise an entire chemical reaction.

This model explores the detailed mechanisms that occur during the course

of a reaction.

b) Macrokinetic models − predicated on authentic experimental data and are

customarily represented in terms of Arrhenius or Power-law expression.

A study by Fishtik and Datta (2002) showed that the elementary steps com-

prising the WGSR conducted on the Cu (111) catalyst and ascertained that there

is a total of 13 elementary steps involved. From these 13 elementary steps, a to-

tal of 17 possible reaction routes has been proposed for the WGSR. Interestingly,
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there are only three reaction routes that are deemed to govern the entire reac-

tion and this finding led them to the identification of three ascendant elementary

steps in the reaction. This study was then further elongated by Callaghan et al.

(2003); they discovered that there is a total of 70 possible reaction routes predi-

cated based on their newly integrated fourth elementary steps onto the previously

mentioned 13 elementary steps. Interestingly, they too managed to stream down

these four steps into three elementary steps based on the highest likelihood of

a reaction to occur. However, these three elementary steps are different from

those previously proposed steps by Fishtik and Datta (2002). Callaghan et al.

(2003) had established a latest rate of reaction based on their findings. As both

microkinetic studies proposed different rates of reaction on the same Cu (111)

catalyst, this has led to the perplexity and questions of the precision of the rate

of reaction by these different microkinetic models.

Macrokinetic models provide more facile and computationally lighter way to

predict the rate of a reaction without the detailed erudition of the complex ele-

mentary steps involved. Most of the simulation and control studies of WGSR are

typically used on this type of model. Apart from the power law type of kinetic ex-

pression, other complicated kinetic expressions have additionally been developed

to represent the WGSR kinetic. For example, Podolski and Kim (1974) made

a comprehensive study of the existing power law models and concluded through

their experimental data that it is paramount to produce a more extensive model

− addition temperature and pressure dependent variables. In Newsome (1980),

the author developed a model that is capable of prognosticating the reaction rate

in the presence of H2S (hydrogen sulfide) gas. While in Park et al. (2009), the

authors carried out a high-temperature reaction on diverse catalyst compositions

and derived two rate equations. As for Keiski et al. (1996), they provided an

expression for the high-temperature shift reaction for some specific types of cat-

alyst. Note that, most of the available catalysts have macrokinetic models to

represent their own rate of reaction. However, one of the disadvantages of the

macrokinetic models is that they are restricted to specific categorical catalysts

under limited operating conditions.

Both of these macrokinetic and microkinetic models are widely used in pro-

cess simulation to represent the kinetics of the WGSR. However, presently there

has been no rigorous comparison being done between microkinetic and macroe-

conomic models based on the same type of catalyst pellet. This comparison can

establish a better understanding on which model has better accuracy in terms of

predicting the trajectory of the catalyst behaviour. In the present study, the pre-
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cision of these both kinetic models is compared and analyzed in the next chapter.

This is to provide a basic knowledge for a better decision making in choosing a

suitable model for the modelling of WGSR-MR in this study.

3.4 Catalysts in WGSR

Catalyst development in WGSR can be distinctively divided into two categories:

(1) high temperature and (2) low temperature catalyst. Note that WGSR ther-

modynamically favours lower temperature, but kinetically favours higher tem-

perature. For a lower temperature WGSR which is roughly around 200-350oC,

the most suitable type of catalyst is copper-based catalysts. Copper-based cat-

alysts are much durable at lower temperature and has better catalytic activity

comparable to others. The copper-based catalysts are able to achieve exit CO

concentration of 0.1 to 0.3%. Hence, copper-based catalysts are normally known

as Low Temperature (LT) shift catalysts. Meanwhile, the Iron-based catalysts are

known as High Temperature (HT) shift catalysts due to its operating temperature

in the range of 400 - 500oC.

Both high-temperature and low-temperature catalysts are available commer-

cially. Different compositions of the catalyst yield different characteristics of the

specific catalysts. Therefore, active research is still carried out to develop better

catalysts i.e., better conversion, high stability and sustainability of the catalysts

for WGSR.

3.4.1 High-temperature shift catalysts

High-temperature (HT) catalyst are commonly known as ferrochrome (Fe) cata-

lysts because most of HT catalysts are iron-based catalysts (Rhodes et al., 1995).

The earliest industrial available heterogeneous catalysts for WGSR are the Fe-

based catalysts. The Fe-based catalysts are usually accompanied by Cr oxide

(Cr2O3). This is because Cr2O3 is a structural promoter, it has the ability to pre-

vent the occurrences of sintering and loss of Fe oxide surface area. Thus, leading

to the improvement in the catalysts stability and activity of Fe catalysts (Rase,

2000). However, the addition of Cr oxide (Cr2O3) will cause environmental and

health problems due to Cr hexavalent characteristic (Smith et al., 2010).

The different catalyst promoter will contribute to interesting effect on the

chemical and structural properties of the catalysts. This has sparked up the

interest among researchers to research on the catalyst promoter for iron-based
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catalysts. Among the other researchers, Topsøe and Boudart (1973) and Gonza-

lez et al. (1986) suggested that with the addition of other cations as the metal

promoters might improve the catalyst activity. As metal promoted catalysts

formed a new metal lattice of that had different electronic properties compared

to the unpromoted catalysts (Mendes et al., 2010). In the work of Topsøe and

Boudart (1973) and Gonzalez et al. (1986), it was found that Cu as the metal

promoters into Fe-Cr catalyst had the ability to increase in selectivity and cat-

alytic activity. Increment in catalytic activity results in a reduction of energy

costs. Hence this discovery has led in lowering the operating costs for WGSR.

Rhodes et al. (2002) studied the metal promotion for FeCr catalysts. They

tested few metal promoters such as copper (Cu), mercury (Hg), silver (Ag),

boron (B), barium (Ba) and lead (Pb) onto FeCr catalysts. They observed that

through the addition of the few metals (i.e. Hg, Ag, or Ba) coupled with Cu

metal showed higher catalytic activity at temperatures of 350 and 440oC. More

recently, Natesakhawat et al. (2006) studied the effect of adding another metal

promoter such as manganese-oxide (MnO), copper-oxide (CuO), cobalt-oxide

(CoO) and zinc-oxide (ZnO) on the Fe-Cr catalysts. They uncovered that Co-

and Cu oxides showed an optimistic increase in the catalytic activity.

Costa et al. (2002) used thorium (Th) instead of Cr in a Cu-doped Fe-

based catalysts for the HT WGS reactor. Thorium possessed the attribute in

an increasing surface area which resulted in high activity and this made thorium

a potentially promising catalyst to replace the conventional FeCr. However,

the activity rates are still lower than Cr metal promoters. Various studies have

shown that the promotion by Cu, Co and Th on the Fe catalyst is promising.

Due to potential environmental and health problems of Cr metal as mentioned

above, plenty of efforts are being made in the development of new Cr-free metal

promoters. Unfortunately, the replacement of chromium promoters by other less

toxic component, so far, has not been commercially successful.

3.4.2 Low-temperature shift catalysts

Cu-based catalysts are conventionally categorized as low-temperature (LT) shift

catalysts. Several Cu formulations have been utilized in the LT-WGSR (Lloyd

et al., 1996). Extensive research has been conducted on LT catalysts as in the

case of HT catalyst where most of the works are on the amendment of reduced

sintering, catalytic activity, and stability of the LT catalysts. As for the thermal

stability, however, is still poor compared to that of HT catalyst. One of the
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other drawbacks is that Cu were vulnerable to thermal sintering. This is due

to surface migration resulted in a reduction in catalysts lifespan. Researchers

had made major advances in achieving enhanced stability in the Cu catalysts

exhaustive the prelude of additive components that act as structural spacers and

hence decrementing the aggregation of Cu crystallites. Even so, the operating

temperature of Cu-based catalysts are still restricted to below 300oC (Twigg and

Spencer, 2001).

The most widely used metal promoters for LT WGS catalyst are aluminium

oxide (AlO), copper oxide (CuO), and zinc oxide (ZnO). Apart from being

structural promoters, ZnO and AlO are additionally known for their chemical

promoters, albeit this point remains controversial. Yurieva and Minyukova (1985)

and Kanai et al. (1994) observed an increment in the catalytic activity when ZnO

is integrated to the Cu-predicated catalyst. This is because ZnO has high syner-

getic effects that accountable for better covalence between the different oxidation

states of Cu in the metal lattice. Through the work of Ginés et al. (1995), the

WGS catalyst activity is ameliorated by incorporating Al2O3 into the binary

Cu/ZnO to become ternary Cu/ZnO/Al2O3 mixture. It revealed that the alu-

mina is a factor contributing to the formation of hydrotalcite phase, which leads

to an improvement in catalyst performance.

In order to further enhance the catalytic activity of Cu-based catalyst, a re-

duction treatment at temperatures between 180 and 260oC has to be performed.

This reduction treatment is customarily performed before the startup of the LT-

WGS reactor (Lee, 2006). During this process, temperature controller of the

catalyst bed has to be employed due to the possibility of catalyst degeneration

and exothermic nature of the reaction(s) involved. To contravene the temperature

complication, several researchers such as Gottschalk and Hutchings (1989),Yeragi

et al. (2006), and Tanaka et al. (2003) used Cu-Mn oxide as it exhibits excel-

lent activity and heat stability as compared to the conventional Cu-predicated

materials.

3.4.3 Recent advancement of WGSR catalysts

Even though Fe-Cr catalyst formulations have the advantages in term of being

cheap and stable, there is a major drawback of these catalysts which is the fact

that this catalyst formulation have the potential of causing health and environ-

mental issues. As for Cu-based formulations, although these catalysts can only

be operated within a limited temperature range due to sintering issue. They are
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susceptible to poisoning, although they still possessed good activity with even

below temperature of 200oC (Twigg and Spencer, 2001). However, one of the dis-

advantages of Cu-based materials are the need for activation before the operation

and this process usually takes long time. Hence, many researchers have focused

on introducing a new catalyst formulation which has higher catalytic activity,

stability towards poisoning, improved stability, fast startup or even better with

no requirement for exceptional pre-treatments (Ghenciu, 2002).

Presently, a sulfur-tolerant Co-predicated catalyst has been found by few

researchers (Farrauto et al., 2003; Hutchings et al., 1992; Lund, 1996). Co-

predicated catalyst has low activity at a temperature between 200 and 300oC

which makes it quite useless for LT application (Farrauto et al., 2003). However,

this catalyst material shows better catalytic activity than the standard commer-

cial FeCr-oxide HT WGS catalyst (Hutchings et al., 1992). However, there is

still one major disadvantage of this catalyst utility as it caused an increment in

by-product methane production while decreasing the production of H2.

Recently, two advance materials, Au- and Pt-based catalysts have gained

much attention of the researchers as they are described to have surmounted many

limitations. The Au- and Pt-based catalysts are observed to have high catalytic

activity and stability due to its nano-sized. This characteristic has made these

two materials favourable candidates as a metal promoter to other catalysts. De-

spite the poor chemisorption ability toward reactant molecules such as O2 and

H2 and its low catalytic behaviour of Au, the authors of Haruta et al. (1989) still

researched on Au catalyst. They, however, observed opposite trend as above-

mentioned, they observed high catalytic activity for the CO oxidation reaction

utilizing catalysts containing Au particles more minuscule than 5 nm, deposited

on different metal oxides (e.g. TiO2, α-Fe2O3, Co3O4). Due to the more minute

particle size of Au, the metallic character is reduced. Hence the mobility of sur-

face atoms reduced, resulting in more atoms come into contact with the support

(Bond and Thompson, 1999). As for Pt-based catalyst, detected activity, and

stability are higher compared to Au-predicated materials. Lund (1996) observed

higher durability, activity, and absence of methanation activity over a range of

temperatures 200-500oC. Furthermore, the authors of Jacobs et al. (2003) too

observed that this catalyst was highly durable with no activity decay for more

than 800 hours over a wide range of temperatures at high space velocities.

Even though Au and Pt based catalysts show promising catalytic activity,

the cost of purchasing these catalysts is high. Table 3.1 − adapted from Babita

et al. (2011) illustrates the comparative performance between reported catalysts
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for the WGSR in a concise manner. As the main purpose of this research work

is not to develop new types of catalysts for the WGSR. Thus, a commercial

industrial catalyst is used in this present study. Fe-based catalyst is considered

due to its cheaper price compared to Au and Pt based catalysts. Although the

performance of Fe-based catalyst is not on par with Au and Pt-based catalysts,

this problem can be solved by doping the ternary material onto Fe-Cr-based shift

catalyst. The effect in the doping of ternary material has been proven by Qi and

Flytzani-Stephanopoulos (2004).

Nevertheless, in this study, the PL rate of reaction is use because the design

and optimization of an industrial reactor requires high computational effort which

can be facilitated by the used of this simpler rate equation (San Shwe et al.,

2009). In addition, the main purpose of this research work is not to determine

the mechanism of WGSR, therefore PL rate of reaction is used for practical design

and simulation study. Together with the chosen Fe-Cr-based shift catalyst, the

power law of this catalyst is as follows:

− rCO = kP a
COP

b
H2O

P c
CO2

P d
H2

(1− β) (3.10)

The parameters a, b, c, d, and the kinetic rate constants for this power-law

kinetics are as follows (San Shwe et al., 2009), for temperature range 450oC - 600
oC.

a = 0.9± 0.041

b = 0.31± 0.056

c = −0.156± 0.078

d = −0.05± 0.006

(3.11)

k = 100.659±0.0125 exp

(
−88± 2.18

RT

)
(3.12)

3.5 Membranes in WGSR

Membranes can be arranged into four classes:

a) Polymeric membranes.

b) Porous membranes.

c) Dense metal membranes.
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d) Proton conducting membranes.

The determination of types of membrane to be utilized as a part of membrane

reactor relies on upon a couple of criteria, for example, partition selectivity, film

lifetime, physical and substance organizations at certain working conditions and

in particular, the cost.

3.5.1 Microporous membranes

Microporous membrane refers to a type of membrane with pore diameters smaller

than 2 nm. There are two types of microporous membrane which are crystalline

(zeolites and metal-organic framework (MOF)) and amorphous (silica and car-

bon). Zeolites are microporous crystalline aluminosilicates with uniform molec-

ular pore size (Gallucci et al., 2013). This well-defined pore size contributes to

the unique properties and chemical stability of zeolite. Extensive studies are still

ongoing in order to further improve zeolites membrane, especially in terms of

hydrogen permeation and selectivity. Lai and Gavalas (2000) developed a ZSM-5

zeolite membrane which gave H2 permeance of 1.2 × 10-7 mol m-2 s-1 Pa-1. Mean-

while Welk et al. (2004) used the same membrane and observed that the H2 purity

increased from 76% to more than 98% in a single pass module. Recently, Zhang

et al. (2012) developed a MFI zeolite membrane and has noted a H2 permeance

of 2.82 × 10-7 mol m-2 s-1 Pa-1.

As for the structure of metal-organic framework (MOF), it is a microporous

crystalline hybrid materials that consist of cationic oxide/metal cation clusters

that are linked by organic molecules. Due to the interesting tailorability of pore

size combined with tunable sorption behaviour, MOF type of membrane said to

have the possibilities to solve the industrial problems related to long-term sta-

bility, regeneration and ease of maintenance (Gascon and Kapteijn, 2010). MOF

membranes are less energy intensive to synthesize and are mechanically less stiff

and brittle compared to zeolites catalysts (Tan and Cheetham, 2011; Shah et al.,

2012). Furthermore, a subfamily of MOF membranes called the zeolitic imidazo-

late frameworks (ZIFs) are expected to be promising candidates for gas separa-

tion, thanks to their high thermal and chemical stabilities in combination with

their small pores (Shah et al., 2012). However, some studies showed otherwise.

Li et al. (2010) conducted test on ZIF-7 membrane and obtained permeance of

4.55 × 10-8 mol m-2 s-1 Pa-1 which is lower than the zeolite membrane permeance.

Nevertheless, it was discovered by McCarthy et al. (2010) that ZIF-8 membrane

showed H2 permeance of 1.73 × 10-7 mol m-2 s-1 Pa-1.
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One of the most important representatives of amorphous microporous mem-

branes is silica membrane, as it is easily prepared as super or even ultra microp-

orous thin layers compared to other metal oxides. Even so, silica membrane has a

huge disadvantage on preparation of the membranes. The preparation of a silica

membrane requires substantial capital investment and well controlled conditions

and this has made their industrial applications become less attractive. On the

other hand, carbon membranes show a bright future for hydrogen separation due

to their excellent separation and resistance against thermal and chemical degra-

dations (Koros and Mahajan, 2000; Ismail and David, 2001). Owing to their

small pores, carbon molecular sieve (CMS) membranes possess high selectivity

for gas mixture separation especially those that contain small gas species. Ac-

cording to Hosseini and Chung (2009), they reported that the carbon membranes

H2 permeability is 7.98 - 23.94 × 10-6 cm3 cm cm-2 s-1 Pa-1. Similarly, Grainger

and Hägg (2007) reported that a CMS permeability to be 1.47 × 10-4 cm3 cm

cm-2 s-1 Pa-1. Because of its high permeability, Media and Process Technology,

Inc has been commercializing CSM composite membranes (Sedigh et al. (2000);

Abdollahi et al. (2010)).

Bear in mind that, different types of membrane materials exhibit distinct

characteristic, operating conditions, disadvantages and installation costs. Table

3.2 − adapted from Gallucci et al. (2013) shows a comparison of membrane

types for hydrogen separation. It can be seen that some membranes offer better

characteristics than the others, especially carbon type of membranes; however,

each has its own limitations.

3.5.2 Dense metal membranes

Dense metal membranes are commonly used to obtain high purity hydrogen.

The standard mechanism of hydrogen permeation through the dense metal mem-

branes is illustrated in Figure 3.2 − adapted from Yun and Oyama (2011). This

mechanism is known to follow a solution diffusion mechanism. As such, the gas

which is at the high pressure side of the membrane dissolved and diffused through

the membrane towards the low pressure side. The separation, however, is based

on the differences in the diffusion rates of the mixture components in the mem-

brane and the sorption characteristics (Rautenbach and Albrecht, 1989). The

solution diffusion model can also be expressed mathematically in terms of Henrys

law (solubility) and Ficks law (diffusion) which then leads to the flux (J) of the

permeating species (Baker, 2001):
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J =
Df .Sg.∆p

δ
=
Pemem.∆p

δ
(3.13)

where Df is the diffusion coefficient of the species in the membrane (kinetic

term), Sg is the gas solubility (a thermodynamic term), ∆p is the pressure differ-

ence between the high and low pressure side, δ is the membrane thickness, and

Pemem is the so-called membrane permeability coefficient.

Figure 3.2: Schematic diagram of hydrogen permeation mechanism.

In the early of the 1970s, palladium (Pd) and Pd alloy were one of the early

types of dense metal materials for hydrogen production (Holleck, 1970; Grashoff

et al., 1983; Buxbaum, 1993). However, pure Pd membranes are not famous due

to its association with the hydrogen embrittlement phenomenon. Severe lattice

strains are observed, which in this case cause the Pd membrane becoming brittle

when the operating temperature is below 300oC and a pressure of below 2MPa

(Hsieh, 1991).

Another main problem is that these membranes are susceptible to experiencing

the Pd surface poisoning which can become significant especially for thin metal

membranes, byH2O (Li et al., 2000), carbon monoxide (Amandusson et al., 2000),

sulfur compounds (Edlund and Pledger, 1994), chlorine, carbon, etc. To avert the

surface poisoning and hydrogen embrittlement as well as to reducing membrane

cost, Pd can be grinded into fine grains that can be used in nanometer sized

(Pacheco Tanaka et al., 2006) or it can be alloyed with other metallic elements

such as Ag, Cu, Fe, Ni and Pt (Bryden and Ying, 2002; Uemiya et al., 2007;

Qiao et al., 2010).

Interestingly, it has been discovered that there is a group of metals tradi-

tionally known as refractory metals such as vanadium (V ), niobium (Nb) and

tantalum (Ta), which at lower temperatures, have higher permeability compared
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to palladium. Furthermore, these metals have better tolerance towards high tem-

perature and are much cheaper. However, by using only these pure metals to

produce membrane would only result in poor quality of membrane (high embrit-

tlement). Nevertheless, by alloying these metals onto palladium forming metal-

metal matrix membranes, the surface barriers are removed (non-embrittlement)

and hydrogen permeation follows the trend shown in Figure 3.3 − adapted from

Basile et al. (2008).

Figure 3.3: Hydrogen permeability through several metals alloy.

In this study, a Pd − Ag membrane is used to simulate the WGSR due to

the fact that this membrane has high affinity in separating and strong capability

in producing pure hydrogen (Mendes et al., 2010). Through application of the

Sieverts law, the hydrogen flux of this membrane is expressed as Mendes et al.

(2010):

JH2 =
Pemem
δ

[(
pretentateH2

)n − (ppermeateH2

)n]
(3.14)

where pretentateH2
stands for retentate hydrogen partial pressure, ppermeateH2

for perme-

ate hydrogen partial pressure, δ stands for membrane thickness and n = 0.5. The

relation of the permeability with the temperature is described by the Arrhenius

law, as shown in Equation 3.15:

Pe = Pe0exp

(
−Ea
RT

)
(3.15)
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where Ea represents the activation energy and Pe0 represents the pre-exponential

factor. The hydrogen flux through the membrane increases when the thickness

decreases. The same tendency is obtained with the increase in temperature,

because the process is thermally activated.

3.6 Membrane-Assisted Reactors for WGSR

The author Gryaznov et al. (1970) was the first to propose the application of

membrane reactors for dehydrogenation reactions. He discovered the removal of

hydrogen using a thick membrane on a reversible reaction. Through the removal

of the hydrogen, he too discovered the shift of the equilibrium reaction towards

the product. With this discovery, researchers then worked towards developing

different types of membrane reactors for hydrogen production. There are several

types of membrane geometries such as tubular (i.e., capillaries, tubes and hollow

fibers), planar, spiral wound, and plate and frame. The most commonly used

geometries for gas separation are tubular and planer. Tubular membranes are

usually used for medium to large-industrial scale while planar membranes are

often used in laboratory studies. Tubular membranes are the most preferred

option due to their larger surface area to volume ratio which induced in higher

permeation.

3.6.1 Packed-bed membrane reactor (PBMR)

The packed-bed membrane reactor configuration is the first and the most stud-

ied configurations for hydrogen production. This is because the geometry of this

reactor results in reduction in complication of complex fluid dynamics as com-

pared to fluidized bed. Furthermore, the majority of the former work has been

carried out in packed-bed membrane reactors (PBMR) due to ease in obtaining

fabricated materials commercially.

There are two configurations for the tubular packed bed membrane reactor:

a) Catalyst pellets packed in membrane tube (Figure 3.4 − adapted from

Gallucci et al. (2013)).

b) Catalyst pellets packed in shell of the reactor (Figure 3.5 − adapted from

Gallucci et al. (2013)).

Packed bed reactor configuration has been adopted in many hydrogen produc-

tion process. Gallucci et al. (2006) and Matsumura and Tong (2008), proposed
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Figure 3.4: MR catalyst in tube configuration.

Figure 3.5: MR catalyst in shell configuration.

this reactor configuration into methane-steam reforming for hydrogen production.

They discovered that membrane reactor offers a better conversion as compared to

traditional shirt reactors. Other authors such as Kikuchi et al. (2003) and Tosti

et al. (2009) used this membrane reactor configuration for their studies of alcohol

reforming in hydrogen production.

To increase the hydrogen percentage of recovery, first an increase in mem-

brane surface area is required. In order to increase the membrane area without

increasing the volume of the reactor, Buxbaum (2002), has patented an exam-

ple of multi-tube configuration membrane housing − see Figure 3.6 − adapted

from Gallucci et al. (2013). This configuration is introduced to increase the ratio

of membrane area to the volume of the packed-bed reactor. This configuration

is being tested by the authors Tosti et al. (2008) in an experiment of ethanol

steam reforming. They discovered that with this configuration, almost complete

recovery of the hydrogen is obtained.

Here, in this study a packed bed membrane reactor configuration is used

as it more stable and commonly used in process industries. In this study, this

configuration adapted the multi-tubular tube membrane reactor geometry due to

its high percentage of recovery and space saving concepts.
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Figure 3.6: Membrane configurations (a) membrane housing and (b) multi-tube

membrane reactor.

3.7 Reactor Modelling for PBMR in WGSR

The approaches to reactor modelling of the WGSR can be categorized into 6

different types: (1) fundamental state model (i.e., one-dimensional - Model 1A, 1B

and 1C, two-dimensional - Model 2A, 2B and 2C, and three-dimensional - Model

3A, 3B and 3C) and (2) different reactor modelling approaches (i.e., homogeneous

modelling approaches - Model 1A, 2A and 3A, homogeneous modelling approaches

with transfer limitation - Model 1B, 2B and 3B, and heterogeneous modelling

approaches - Model 1C, 2C and 3C). Detailed explanation can be found in Table

3.3.

3.7.1 State models

Water-gas shift membrane reactor has been extensively studied, through both

experimental and numerical simulations. In the numerical simulation, models

are acclimated to predict a reactor performance and this is essential as it pro-

vides an insight behaviour of the reactor. Ergo, to simulate a membrane reactor

that mimics reality, a highly precise model is required. There are three types

of state models that are able to represent a membrane reactor mathematically:

one-dimensional (1D), two-dimensional (2D) and three-dimensional (3D) state

models. A 1D model only considers the membrane reactor performance variation

in an axial direction while a 2D model considers changes in reactor performance
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across both axial and radial directions. As for a 3D model, it takes into account

the same changes as a 2D model, but with an extra transition in the angular

direction.

In literature, most of the simulation work use steady-state, one dimensional

(1D) models (Shoko et al., 2006; Tanksale et al., 2010; Vitart et al., 2008). This

model is most commonly used in modelling of membrane reactor due to the fact

that they are mathematically simple and easy to solve. Researchers have used

this model to predict the reactor behaviour based on a few assumptions. One

of the major assumptions is that the diameter of the membrane reactor tube is

small and therefore, the flow dispersion in radial direction can be neglected.

In Piemonte et al. (2010) paper, a different MR configuration was investigated

using a 1D pseudo-homogeneous model which has been validated with WGSR in-

dustrial data reported in the open literature. This paper shares similar assump-

tions as in Brunetti et al. (2007) work, where only plug flow will occur in retentate

and permeate streams because the streams flow through a very thin annulus, and

therefore the dispersion and radial profiles can be neglected or assumed to be

very small compared with the axial profiles. As for Huang et al. (2005) work

and Battersby et al. (2010), they too used 1D non-isothermal model to simulate

the membrane reactor behaviours. Their assumptions were pretty similar to the

former literature where they mentioned that there was no temperature variation

in the radial direction inside a hollow fiber membrane due to its small dimen-

sion and there is no axial mixing as well (i.e., perfect mixing). Additionally, in

Adrover et al. (2009a) and Gosiewski et al. (2010) too used 1D mathematical

model to describe the WGSR in the MR. Both of these papers share the same

assumptions which is to neglect all of the effects in radial directions.

On the other hand, Maŕın et al. (2012) mentioned that membrane reactors

with a large diameter present a non-negligible variation in the radial axis because

of the permeation of hydrogen and the heat transfer through the membrane. For

this reason, the use of 1D models is rather questionable, as they can under- or

over-predict the catalyst conversion which has been proven to be true in this

work. Therefore, 2D models are more appropriate to represent the behaviour

of a large diameter membrane reactor as it has the capability to capture both

the axial and the radial profiles inside the reactor. The use of this model is

rare in literature due to the need of more sophisticated software tools to solve a

set of partial differential equations. Some recent research employed 2D models

which consider both axial and radial concentration gradients (Mendes et al., 2010;

McLellan et al., 2005; Williams, 2002).

57



Unlike the 1D models, fewer researchers have used 2D models to predict the

reactor performance; for example, in the work of Chein et al. (2013), the models

consisted of the governing equations for both partial derivatives for axial and

radial directions. This model was applied together with boundary conditions

and simulated using computational fluid dynamic (CFD) software to obtain the

reactor temperature profile. This paper shows that using the 2D model, the

behaviour of the reactor can be described reliably compared to 1D model. Using

the 2D model it can be shown that the hotspot developed not only in the axial but

also radial directions of the reactor. While in the work of Markatos et al. (2005),

the performance of the membrane reactor was assessed against the effects of mass

and heat dispersion. A 2D model was applied and this paper concluded that heat

and mass dispersion effects were too significant to be neglected. Hence the 2D

model were much more convincing in predicting the membrane reactor module’s

behaviour. Similarly Chiappetta et al. (2008) too used a 2D model in simulating

the steady state operation of a membrane reactor for WGSR. They showed that

there were variation of heat and mass balance in both axial and radial profiles,

which suggested the need of the 2D model in accurately predicting the reactor

performance.

Oyama et al. (2012) developed both 1D and 2D models for methane steam

reforming reactors. Both of the models fitted well with the experimental data,

but at high pressure the 2D model predicted better than the 1D model. This

was because the 2D model was able to foresee a decline in hydrogen partial

pressures which led to lower methane conversion as the driving force of hydrogen

permeation was low. Francesconi et al. (2007) used a 1D model to compare with

a 2D model considering temperature and mass gradients in both the radial and

axial directions of the reactor tube. They found that discrepancies were slight

due to radial changes, and that the 1D model could produce satisfactory results

for steady-state considerations. Through comparison between 2D models and the

1D models, 2D models have proven to be more accurate in terms of predicting the

reactor performance provided that the diameter of the membrane reactor tube is

larger (i.e., diameter of membrane reactor tube ¿20% of the diameter of membrane

reactor) and it is operated at high operating pressure of 50 bar and above. The

accuracy of the results were clearly demonstrated by a few other studies such as

(Markatos et al., 2005; Chiappetta et al., 2008; Basile et al., 2003). However,

some researchers have argued that 2D was still inadequate in investigating the

reactor performance as the profiles in the angular direction have not been taken

into account. This led to the extension of the two to the three-dimensional
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(3D) model. A high complexity often results from the use of 3D reactor models

which attempted to capture reactor behaviours in the axial, radial and angular

directions. To use a 3D model would require more highly advance computer

programming tools to simulate the membrane reactor.

Due to modelling complexity, relatively little work has been reported on the

use of 3D models to predict the reactor performance where one of the works was

done by Iyoha et al. (2007). In this work, a 3D model was used to simulate the

reactor for experimental validation purposes using a software named COMSOL

to model the reactor performance. The same 3D model was used by Chein et al.

(2014). Meanwhile, in the work of Smith et al. (2011), a 3D model was simulated

using CFD software, where the flow pattern around the reactor was generated. In

their study, they showed that due to the reactor shape that was highly symmet-

rical, hence there were no changes in the reactor profile in the angular direction.

Therefore, the use of 3D model to produce more accurate results was not justified

unless in the case of highly non-symmetrical reactors.

In the present study, a 1D state model is used for modelling the water-gas

shift reaction membrane reactor. This is motivated by the realization that multi-

tube membrane reactor configuration has multiple small membrane reactor tube.

These small membrane reactor tubes possess negligible changes in terms of radial

direction. Hence, a 1D model is sufficient to predict the behaviour of the mem-

brane reactor. Furthermore, a 1D model is computationally effective and easy

compared to a 2D and a highly complex 3D. There is no reason to use a 3D model

as this model is applicable only for a non-symmetrical membrane reactor.

3.7.2 Reactor models

Note that, in general, there are two types of reactor modelling approaches: (1)

homogeneous, and (2) heterogeneous modelling. The homogeneous reactor model

describes a pseudo-homogeneous reaction occurring in the reactor solid phase

which is assumed to be in equilibrium with the gaseous phase. This modelling

approach is illustrated by Adrover et al. (2009b), in which a pseudo-homogeneous

1D model was used to describe the steady-state operation of the MR. Meanwhile,

for heterogeneous reactor modelling, it is an approach where the two phases (solid

and gaseous) are explicitly considered in the reactor modelling. In the work of

Adams and Barton (2009), a heterogeneous reactor modelling was developed for

a packed bed tubular reactor and the model validation showed good agreement

with experimental data.

59



It should be noted that, as for homogeneous reactor modelling, Maŕın et al.

(2012) has questioned its credibility as a way to produce rigorous predictions of

the performance of the membrane reactor. It is argued that by ignoring the solid

catalyst phase might lead to the negligence of heat and mass transfer limitation

experienced by the catalyst pellets. As mentioned in Lloyd et al. (1996), catalysts

are made up of numerous pores which limited the transfers reactant and heat.

The reason is that the uneven surface of catalyst pores resulted in longer time

span for the reactant to travel in and out of the pores. Hence, Maŕın et al. (2012)

made an improvement on the homogeneous reactor modelling by incorporating a

correction term, namely Thiele modulus to take into account the transfer limi-

tation problems. They developed a 2D rigorous reactor model, which considered

both axial and radial profiles. This model includes the normal momentum, mass,

and energy differential equations with a nested mass transfer limitation within

the porous catalyst. Unlike some other previous 2D models, the model of Maŕın

et al. (2012) includes the Thiele modulus term. Note that, the model was then

compared with a simplified model which has often been used in previous study re-

ported in the literature. It is worth highlighting that, the comparative simulation

results using several models showed that by neglecting the effect of mass transfer

within the catalysts and also momentum balances, the predicted results from the

models will tend to produce over-prediction on the conversion of the reactant

CO. As an implication, the models neglecting the heat-mass transfer limitations

will lead to misinterpretation of the behaviour of the membrane reactor. This

argument is supported through the validation work of Sanz et al. (2015).
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Table 3.3: Model classification sections

1-Dimensional Major ref.

Homogeneous

model

Without heat and mass

transfer limitation -

Model 1A

Adrover et al. (2009a);

Gosiewski et al. (2010)

With heat and mass

transfer limitation -

Model 1B

-

Heterogeneous

model

Model 1C Adams and Barton

(2009)

2-Dimensional Major ref.

Homogeneous

model

Without heat and mass

transfer limitation -

Model 2A

Mendes et al. (2010);

Basile et al. (2003)

With heat and mass

transfer limitation -

Model 2B

Maŕın et al. (2012)

Heterogeneous

model

Model 2C -

3-Dimensional Major ref.

Homogeneous

model

Without heat and mass

transfer limitation -

Model 3A

Iyoha et al. (2007); Chein

et al. (2014); Smith et al.

(2011)

With heat and mass

transfer limitation -

Model 3B

-

Heterogeneous

model

Model 3C -

Unlike in the homogeneous reaction approach, in heterogeneous reaction ap-

proach both fluid and solid phases are included in the reactor model; the reactor
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is divided into two different phases. In this case, the mass-energy balance equa-

tions are explicitly written for both solid catalyst and gas phases. In Adams and

Barton (2009), the heterogeneous reaction approach was used to model the shift

reactor. It was discovered that by separately modelling the solid and gas phases,

there was no need for including the mass-heat transfer limitation correction factor

(i.e., Thiele modulus) into the kinetic expression.

It should be noted that heterogeneous and homogeneous have different reactor

modelling approach. While homogeneous is pseudo-homogeneous approach with

either transfer limitation factor and heterogeneous is separation of solid and fluid

phases modelling approach. These two modelling fundamentally differ from one

another while the comparative accuracy of predicting the trajectory of the mem-

brane reactor between these two reactor models are still unknown. Thus, the

comparative study of these two reactor modelling approaches will be analyzed

in the next chapter. The comparison and analysis reported in the next chap-

ter served as the guideline of choosing the most appropriate kinetic and reactor

modelling approach to be used for the later section of this study.

3.8 Summary

This chapter summarize a few important points:

• There are two types of reaction kinetics: (1) microkinetic - generated based

on step-by-step reaction fundamentals and (2) macrokinetic - generated

based on experimental data. The accuracy of these two kinetics models has

not yet been analyzed.

• There have been numerous development in the types of catalysts and mem-

brane modules used in water-gas shift reaction. A thorough investigation of

all types of catalysts and membranes has been identified. A ternary doped

high-temperature catalyst Fe2O3Cr and Pd−Ag membrane are chosen to

be used in this study.

• Packed bed tubular membrane reactor with multi-tube configuration is cho-

sen as the membrane reactor configuration of this study due to its space

saving concepts while able to achieve a higher percentage of recovery.

• There are three different state model classification: (1) one-dimensional,

(2) two-dimensional and (3) three-dimensional models. From literature,
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3D model possessed a high complexity, however, this 3D model is only

applicable for the asymmetrical shift reactor. As for 2D and 1D models, 2D

model is applicable when there is a significant change in radial direction.

In this study, a 1D model is used as the reactor configuration is made up

of numerous small tubes and hence radial profile changes are insignificant.

In addition, 1D model is computational effective with the reduction in the

complexity of the reactor model.

• There are three different reactor modelling approaches: (1) homogeneous re-

actor approach, (2) homogeneous with transfer limitation reactor approach

and (3) heterogeneous reactor approach. These three approaches have not

yet been compared and analyzed on their accuracy of predicting a mem-

brane reactor behaviour.

• The comparison and analysis of different kinetic models and membrane

reactor models will be presented in the next chapter.
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Chapter 4

Kinetics and Reactors Modelling

of Water-Gas Shift Reaction

4.1 Overview

This chapter presents a simulation study on water-gas shift reaction’s (WGSR)

kinetic models as well as the modelling approaches of the packed-bed tubular

reactor (PBTR). There are two different types of models often used to represent

WGSR kinetics: (1) macro-kinetics and (2) micro-kinetics models. The PBTR

models can be divided into homogeneous or heterogeneous types. There is ample

literature regarding the use of different models for the WGSR reactor simulation

and design. However, there is currently no guideline in choosing the most suitable

combination of kinetic and reactor models. Answering this question is the main

objective of this chapter. Several major kinds of kinetic-reactor combination are

compared based on the same Cu (111) catalyst to predict the CO conversion of

the shift reactor. The predictions are then compared against reported experi-

mental data to test the model accuracy. At the end of this chapter, it is discov-

ered that there are three kinetic-reactor models that are the most recommended:

(1) microkinetic with homogeneous reactor model, (2) macrokinetic with Thiele

modulus homogeneous reactor model, and (3) macrokinetic with heterogeneous

reactor model. The comparison among these different models shall provide a bet-

ter understanding on the selection of suitable kinetic-reactor model for designing

a PBTR. The rest of this chapter is structured as follows. Section 4.2 describes

the background of each kinetics and reactor models. Section 4.3 explains in de-

tailed the macro- and micro-kinetics models using Cu(111) catalyst. Meanwhile,

section 4.4 covers detailed mathematical equations of packed-bed reactor models
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(i.e., homo- and heterogeneous), while section 4.5 defines the boundary conditions

for each model. Based on the mathematical models provided in section 4.3, 4.4

and 4.5, section 4.6 and 4.7 explore the comparison between each kinetics-reactor

models pair. Lastly, section 4.8 concludes the important findings in this chapter.

4.2 Introduction of WGSR Kinetics and Reac-

tor Models

To simulate the WGSR process, a reliable model representing the system is re-

quired. This WGSR model consists of two components: (1) kinetics model, and

(2) reactor model. The kinetics model represents the chemical reaction process

at the molecular (micro-scale) level. Meanwhile, the reactor model represents a

set of energy and mass balance equations which describe the entire process at the

macro-scale level. It is important to note that the accuracy of the given WGSR

system model depends on the choice of which kinetics and reactor models are

adopted.

There are different types of kinetics and reactor models used in the simulation

of WGSR systems. Figure 4.1 illustrates the classification for the kinetics and

reactor models used in the design, optimization and simulation studies of the

WGSR systems.

Figure 4.1: Classification of kinetics and reactor modelling for WGSR.

4.2.1 Reaction kinetic modelling

To design a reactor for the WGSR, it is important to have a good estimation of

the reaction rate, which is often predicted from a model representing the reaction

kinetics. It is important to note that, the accuracy of a model representing the
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reaction kinetics is very important for reliable design, optimization and control

studies. The kinetic models are often developed as to provide the simplest way

to represent the chemical reaction but should be sufficiently accurate in order to

help design the reactor involved. Fundamentally, the kinetic expressions (models)

can be classified into two main categories: (1) micro-kinetic and (2) macro-kinetic

models. The micro-kinetic model is constructed based on the detailed information

about all of the elementary (intermediate) steps that comprise the entire chemical

reaction. This model explores the detailed mechanisms that occur during the

course of the reaction.

Figure 4.2: Reaction took place at the boundary layer assumed in macrokinetic

model.

In contrast to micro-kinetic models, the macro-kinetic models are built based

on the experimental data and typically in the form of the Arrhenius or Power-law

expression. These macro-kinetic models provide an easy and computationally

lighter way to predict the rate of reaction without the detailed knowledge of the

complex elementary steps involved. Most of the simulation and control studies

of WGSR are based on this type of model, i.e., to understand the reactor macro-

scopic behaviour. For convenient applications, most of the available catalysts for

the WGSR have their own macro-kinetic models. However, a disadvantage of

the macro-kinetic models is that they are limited to specific catalysts and narrow

operating conditions. To date, there are several unresolved questions concern-

ing which kinetic mechanisms and types of kinetic models are most appropriate

for WGSR reactor design and simulation. In particular, a rigorous comparison

between the macro- and micro-kinetics for different types of catalysts remains

unavailable. Such a limited comparative study is partly due to the lack of ex-

perimental data to build micro-kinetics models. The differences between these

two kinetic models can be easily explained through the boundary layers shown in
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Figure 4.2 and 4.3 − adapted from Dixon (2014). For a micro-kinetics model, the

boundary of reaction is taken to be on the surface of the catalyst pellets which ig-

nores the micropores within the pellets. On the contrary, a micro-kinetics model

considers reaction boundary inside the micropores within the pellets and all the

mass transfer and reaction steps involved. Thus, a micro-kinetic model tends to

be a lot more complicated than a macro-kinetic model. Consequently, a reactor

model based on the micro-kinetic will involve a lot more of differential-algebraic

equations (DAEs) than the one based on the macro-kinetic model, i.e., heavy

computation is required when micro-kinetic model is used.

Figure 4.3: Actual reaction took place in a solid catalyst pellet.

4.2.2 Reactor modelling

So far, the behaviour of WGSR in a packed bed tubular reactor (PBTR) has been

extensively studied, both via experimental and numerical simulation methods.

In the numerical simulation study, the choice of kinetic models used to predict

the reaction rate is very important in order to provide an insight into the true

behaviour of the reactor. Therefore, to simulate the PBTR that closely mimics

reality, a highly accurate model is required. There are two types of modelling

approaches for the reactor involved: (1) homogeneous reactor modelling, and

(2) heterogeneous reactor modelling; refer to Table 3.3 in Section 3.7.2. The

homogeneous modelling assumes that a pseudo-homogeneous reaction occur in

the reactor in which the solid phase is in equilibrium with the gaseous phase. As

for the heterogeneous reactor modelling, the two phases (solid and gaseous) are

explicitly taken into account in the reactor modelling.

With respect to the homogeneous reactor modelling, Maŕın et al. (2012) ques-
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tioned that this modelling approach can lead to poor prediction of the perfor-

mance of WGSR reactors. The reason for this is that the approach neglects heat

and mass transfer limitations within a catalyst pellet. As mentioned by Twigg

and Twigg (1989), catalyst pellets are made up of numerous pores within which

the reaction takes place. The pores can pose substantial limitations on the trans-

fer of reactants into and products out of the pores as well as heat transfer via

convection. These limitations in turn reduce the reaction kinetics, hence lowering

the reactor performance overall. In view of such limitations, Maŕın et al. (2012)

proposed an improvement on the homogeneous reactor modelling by introducing

a correction factor known as the Thiele modulus to take into account the limiting

effects of heat-mass transfer on reaction kinetics.

Unlike in the homogeneous modelling approach, in the heterogeneous mod-

elling approach both fluid and solid phases are explicitly considered in the reac-

tor model. Based on this approach, a reactor model is divided into two different

phases. In this case, the mass-energy balance equations are explicitly written for

both solid catalyst and gas phases. In Adams and Barton (2009), the hetero-

geneous reactor modelling was used to model a water-gas shift reactor. It was

discovered that by separately modelling the solid and gas phases, there was no

need for including the mass-heat transfer limitation correction factor (i.e., Thiele

modulus) into the kinetic expression.

To date, it is interesting to point out that the simulation studies based on the

heterogeneous reaction model have solely relied upon the macro-kinetic models to

represent the WGSR kinetics. Till date, there has been no literature report on the

incorporation of a micro-kinetic model in a heterogeneous reactor model. Such

study has not been conducted due to the complexity of the system of equations

which arise from the micro-kinetics model. Furthermore, there is yet a compar-

ison between the homogeneous and heterogeneous modelling approaches for the

WGSR in a PBTR.

4.3 Water-Gas Shift Reaction Modelling

4.3.1 WGSR microkinetic models

There are two types of microkinetic models. One is the original version of mi-

crokinetic model discovered by Fishtik and Datta (2002) while the other is the

modified version, namely reduced microkinetic model developed by Callaghan

et al. (2003). According to Callaghan et al. (2003), there are 17 elementary steps
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that involve in the WGSR. Table 4.1 − adapted from Callaghan et al. (2003)

shows the microkinetic model for the WGSR on Cu (111) catalyst.

Table 4.1: Microkinetic model for WGSR in Cu(111)

−→
Ej

−→
Aj Elementary reactions

←−
Ej

←−
Aj ∆H

s1: 0 106 H2O + S 
 H2OS 13.6 1014 -13.6 a,b

s2: 0 106 CO + S 
 COS 12.0 1014 -12.0 a,b

s3: 5.3 4× 1012 CO2S 
 CO2 + S 0 106 5.3 a,b

s4: 15.3 1013 HS + HS 
 H2S + S 12.8 1013 2.5 a

s5: 5.5 6× 1012 H2S 
 H2 + S 0 106 5.5 a,b

s6: 25.4 1013 H2OS + S 
 OHS + HS 1.6 1013 23.8 a

s7: 10.7 1013 COS + OS 
 CO2S + S 28.0 1013 -17.3 a

s8: 0 1013 COS + OHS 
 HCOOS + S 20.4 1013 -20.4 a

s9: 15.5 1013 OHS + S 
 OS + HS 20.7 1013 -5.2 a

s10: 0 1013 COS + OHS 
 CO2S + HS 22.5 1013 -22.5 a

s11: 1.4 1013 HCOOS + S 
 CO2S + HS 3.5 1013 -2.1 a

s12: 4.0 1013 HCOOS + OS 
 CO2S + OHS 0.9 1013 3.1 a

s13: 29.0 1013 H2OS + OS 
 2OHS 0 1013 29.0 a

s14: 26.3 1013 H2OS + HS 
 OHS + H2S 0 1013 26.3 a

s15: 1.3 1013 OHS + HS 
 OH + H2S 4.0 1013 -2.7 a

s16: 0.9 1013 HCOOS + OHS 
 CO2S + H2OS 26.8 1013 -25.9 a

s17: 14.6 1013 HCOOS + HS 
 CO2S + H2S 14.2 1013 0.4 a

a - activation energies in kcal/mol estimated according to Nakamura et al. (1990) and the results

coincide with estimation made by Ovesen et al. (1996): b - pre-exponential factors with unit of

Pa−1s−1 adjusted to fit overall reactions given by Satterfield (1991)

Note that, for the reaction scheme shown in Table 4.1, 4 extra elementary steps

(i.e. s14, s15, s16 and s17) were added to the 13 elementary steps found by Fishtik

and Datta (2002). These more comprehensive elementary steps are employed

in the establishment of reaction routes (RRs) introduced by Fishtik and Datta

(2002). Continuing from the work of Fishtik and Datta (2002), Callaghan et al.

(2003) managed to identify 70 overall RRs for the WGSR on Cu (111) whereby the

complete list of these overall RRs can be found in Campbell and Daube (1987).

They then managed to reduce the overall RRs to only 3 dominant reaction routes

whereby the dominant RRs are found by identifying the rate determining steps

of the overall RRs. However, these 3 dominant routes are different from those

mentioned by Fishtik and Datta (2002). For further clarification of both authors,

Fishtik and Datta (2002) and Callaghan et al. (2003), the dominant RRs are

presented in this section.

Firstly, consider the 3 dominant RRs obtained by Fishtik and Datta (2002).

The sum of these 3 dominant RRs fluxes determines an overall rate of reaction,

r. In Fishtik and Datta (2002) work, the 3 dominant RRs are s8, s9 and s10 and

thereby the overall rate of reaction, r is given as follows:

r8 =

−→
k6

−→
k8K1K2PH2OPCOθ

2
0(−→

k6/K6

)
P

1/2
H2

(K4K5)1/2 +
−→
k9 +

(−→
k8

−→
k10

)
K2PCO

×
(

1− PCO2PH2

KPH2OPCO

)
(4.1)
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r9 =

−→
k6

−→
k9K1PH2Oθ

2
0(−→

k6/K6

)
P

1/2
H2

(K4K5)1/2 +
−→
k9 +

(−→
k8

−→
k10

)
K2PCO

×
(

1− PCO2PH2

KPH2OPCO

)
(4.2)

r10 =

−→
k6

−→
k10K1K2PH2OPCOθ

2
0(−→

k6/K6

)
P

1/2
H2

(K4K5)1/2 +
−→
k9 +

(−→
k8

−→
k10

)
K2PCO

×
(

1− PCO2PH2

KPH2OPCO

)
(4.3)

Meanwhile, Callaghan et al. (2003) suggested that the 3 dominant RRs are s8,

s10 and s15 which are slightly different from those proposed by Fishtik and Datta

(2002). Equations 4.4 - 4.6 show the 3 dominant RRs proposed by Callaghan

et al. (2003).

r8 =

−→
k6

−→
k8K1K2PH2OPCOθ

2
0(

(
−→
k6/K6)+

−→
k15

)
P

1/2
H2

(K4K5)1/2 +
−→
k9 +

(−→
k8

−→
k10

)
K2PCO

×
(

1− PCO2PH2

KPH2OPCO

)
(4.4)

r10 =

−→
k6

−→
k10K1K2PH2OPCOθ

2
0(

(
−→
k6/K6)+

−→
k15

)
P

1/2
H2

(K4K5)1/2 +
−→
k9 +

(−→
k8

−→
k10

)
K2PCO

×
(

1− PCO2PH2

KPH2OPCO

)
(4.5)

r15 =

−→
k6

−→
k15K1(K4K5)1/2PH2OP

1/2
H2
θ2

0(
(
−→
k6/K6)+

−→
k15

)
P

1/2
H2

(K4K5)1/2 +
−→
k9 +

(−→
k8

−→
k10

)
K2PCO

×
(

1− PCO2PH2

KPH2OPCO

)
(4.6)

Both of the proposed RRs share the same constant K which denotes the

equilibrium constant of WGSR. Meanwhile, θ0 the surface coverage given by

θ0 =
1

K1PH2O +K2PCO + (K4K5)−1/2P
1/2
H2

(4.7)

Through the summation of fluxes, the overall rate of reaction, rf based on the

Fishtik and Datta (2002) is

rf =

−→
k6K1PH2Oθ

2
0

[
−→
k9 +

(−→
k8

−→
k10

)
K2PCO

]
(−→
k6/K6

)
P

1/2
H2O

(K4K5)1/2 +
−→
k9 +

(−→
k8 +

−→
k10

)
K2PCO

×
(

1− PCO2PH2

KPH2OPCO

)
(4.8)
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As for Callaghan et al. (2003), the overall rate of reaction, rc is expressed in

the form of

rc =

−→
k6K1PH2Oθ

2
0

[(−→
k8 +

−→
k10

)
K2PCO +

−→
k15(K4K5)−1/2P

1/2
H2

]
(−→
k6/K6+

−→
k15

)
P

1/2
H2O

(K4K5)1/2 +
(−→
k8 +

−→
k10

)
K2PCO

×
(

1− PCO2PH2

KPH2OPCO

) (4.9)

It can be seen that, the difference between equations 4.8 and 4.9 lies in the

availability of
−→
k9 and

−→
k15. This dissimilarity is due to the different rate determin-

ing steps obtained by the two above-mentioned groups of researchers.

4.3.2 WGSR macrokinetic model

So far, only one power law kinetic model has been published on the Cu (111)

catalyst. Campbell and Daube (1987) established the kinetics of WGSR on a

clean Cu (111) single-crystal surface through a series of experiments. It was

identified that the reaction activation energy is 17 kcal/mole and reaction orders

in terms of H2O and CO pressures are 0 and 0.5 - 1.0 respectively. The power

law kinetics model for this catalyst is

rm = Aexp

(
Ea
RT

)
P 0
H2O

P 0.5−1.0
CO (4.10)

where A denotes a kinetic constant parameter, Ea the activation energy, R the

gas constant, T the temperature and P the pressure of the specific component.

4.4 Packed Bed Reactor Models

The assumptions made in the packed bed tubular reactor (PBTR) modelling are:

a) Only the axial temperature change is taken into account.

b) The radial temperature change is neglected due to the fact that the diameter

of the reactor is small and adiabatic (no heat loss from the surface of the

reactor); see Aboudheir et al. (2006).

c) The momentum conservation equation is disregarded in this model because

the bed height is quite small to create a significant amount of pressure drop,

i.e., see Shahrokhi and Baghmisheh (2005).
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d) Gas properties, the permeance and kinetics are assumed to be in non-

isothermal conditions, which means that they depend upon temperature

change.

e) Plug flow is assumed as it is often the preferred flow behaviour considered

in industries.

f) Only low temperature shift Cu (111) catalyst is used in this case study due

to the lack of kinetics data for other types of catalysts.

Figure 4.4: Division of the packed bed tubular reactor into 10 sub-sections.

For computational simplicity, the tubular reactor is divided into 10 equal

segments of volume (see Figure 4.4). The reactor is sub-divided into 10 equal

volume where each segment is represented by a set of ODEs. This reduces a set of

partial differential equations (PDEs) into a relatively simpler ordinary differential

equations (ODEs). The conversion of PDEs into ODEs reduces computational

time and complexity of the model simulation while maintaining the accuracy

of the model. As illustrate in Figure 4.5, it is sufficient to just sub-divide the

reactor length into 10 sub-sections since this already leads to an acceptably small

error (less than 10%) in the model prediction. In other words, further increase

in the number of sub-divisions will not lead to significance improvement in the

prediction accuracy. The dimension of the PBTR system used in this study

is scaled to 1 (one) meter in length, which is based on the pilot-scale membrane

reactor commercialized by Tokyo Gas Company Ltd. Mori (2005). For the PBTR

modelling, it is assumed that the Cu (111) catalyst is used with property as

reported in Campbell and Daube (1987).

The output data from each sub-section of the PBTR are calculated using the

fundamental model described in the following section. Two modelling approaches

are compared in the simulation study: (1) homogeneous model and (2) hetero-

geneous model. The details of these two models are presented in the following

sections.
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Figure 4.5: Model conversion prediction for different numbers of reactor segments.

4.4.1 Homogeneous modelling

For the development of a homogeneous reactor model, both of the solid catalyst

and gas phases are lumped into one single phase (pseudo-homogeneous) to reduce

the model complexity. Consequently, this reduced complexity will lead to a lower

computational time when using the model in simulation. Based on the homoge-

neous modelling approach, two sub-types of reactor models can be formed (see

classification shown in Figure 4.1):

a) A reaction model which includes the heat and mass transfer limitations in

the catalyst pellets, i.e., known as Model 1B in this study.

b) The reactor model which totally ignores the heat-mass transfer limitation

effects - refer as Model 1A.

The term ηgl in the mass and energy balance equations represents a corrective

term to account for the presence of mass-heat transfer limitations as shown in

equations 4.11 - 4.12.

For the gas phase, the species mass balance:

εV
dCi,j
dt

= F (Ci,j−1 − Ci,j)± rA,jWηgl j = 1, 2...n (4.11)

For the solid phase, the heat balance:

(1− ε)V ρsCp,s
dTs,j
dt

= −rA,jW∆Hrxηgl − UA(Ts,j − Tf,j) (4.12)

In the gas phase, the heat balance:

εV ρfCp,f
dTf,j
dt

= FCp,fρf (Tf,j−1 − Tf,j) + UA(Ts,j − Tj) (4.13)
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Here, ε denotes the bed voidage factor, V (m3) the sub-section volume of the

reactor, Ci,j (mol/m3) the molar concentration of component i at the jth sub-

section, F (m3/hr) the feed flow rate, W (g) the weight of catalyst in the reactor

sub-section, ρs and ρf (kg/m3) the density of catalyst and fluid respectively, Cp,s

and Cp,f (kJ/kg.K) the specific heat capacity of catalyst and fluid, Ts (K) the

catalyst temperature, Tf (K) the fluid temperature, ∆Hrx (kJ/mol) the heat of

reaction, U (kJ/hr.m2.K) the convective overall heat transfer coefficient, A (m2)

the heat transfer area and ηgl is the global effectiveness factor. In equation 4.11,

the ± sign indicates either species consumption or generation; for CO and H2O

(reactants) the sign is minus and vice versa for the products.

Note that, the global effectiveness factor is neglected in the homogeneous

modelling, i.e., the heat-mass transfer limitations are ignored. The basic global

effectiveness factor is often used to take into account the mass transfer resis-

tances occurring in the internal and external of catalyst particles. In the global

effectiveness calculation, the effective diffusion coefficient used is approximated

by Knudsen diffusion in accordance with the physical properties of the gaseous

compounds and textural properties of the catalyst. Meanwhile, the mass transfer

resistance external of the catalyst particles is modelled by using the mass trans-

fer coefficient for transport in packed-bed. Note that, the internal mass transfer

resistance within catalyst particles is modelled based on the generalized Thiele

modulus. The internal effectiveness factor (generalized Thiele modulus) is used

to model the contribution of the mass transfer resistance inside the porous cata-

lyst particles. The expression of the internal effectiveness factor is suitable for a

catalyst in the form of pellets. The expression used in the reaction model should

fit the reversible power-law type kinetic equation. The internal effectiveness fac-

tor, generalized Thiele modulus and global effectiveness factor are expressed in

equations 4.14, 4.15, and 4.18 respectively:

ηint =
1

φ

(
1

tanh(3φ)
− 1

3φ

)
(4.14)

φ =
(dp/4)ρsrA,j

[2Depρs
∫ Ci

Cieq
rA,jdCi]

1
2

(4.15)

Dep =
dporeεint

τ

4

3

√
RT

2πM
(4.16)

asKG =
6DCOm

d2
p

(2 + 1.1Re0.60Sc0.33) (4.17)
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ηgl =
1

1
ηint

+ ρs
asKG

(
∂rA,j

∂CCO

) (4.18)

where φ denotes the generalized Thiele modulus, dp (m) is the diameter of the

catalyst particle, Dep is the pore effective diffusion coefficient, asKG denotes the

mass transfer coefficient, dpore (m) is the diameter particle pore size, εint is the

internal porosity, τ is the tortuosity, M (kg/mol) is molar weight, DCOm (m2/s)

is molecular diffusion of CO in the reaction mixture, Re is Reynolds number and

Sc is Schmidt number.

4.4.2 Heterogeneous modelling

Based on the heterogeneous modelling approach, one type of reactor models is

developed - see Model 1C. The mass and energy balance equations used are shown

in the following sections.

Gas phase species balance

For the bulk gas phase outside of the catalyst, the dynamic species mass balances

are given as Adams and Barton (2009):

εV
dCi,j
dt

= FinCi,j−1 − FoutCi,j + νikc,iaV∆Ci,j (4.19)

where Fin and Fout (m3/hr) denotes the volumetric flow rate of the feed inlet

and outlet respectively. V (m3) is the sub-division volume of reactor, ε the bed

voidage factor, νi the stoichiometric coefficient of species i (-1 for reactant and

+1 for product), Ci (mol/m3) is the molar concentration of species i at the jth

sub-section, a (m2/m3) the total catalyst external surface area per unit volume,

kc,i is the mass transfer coefficient between the catalysts surface and the bulk gas

phase for species i and t (hr) is time.

Here, ∆Ci, j (mol/m3) is the concentration difference between the catalyst

surface and the gas bulk phase defined as follows:

∆Ci,j = Ci,j,surf − Ci,j (4.20)

where Cc,i,surf is the concentration of species i at the catalyst surface.
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Gas phase energy balance

In the gas phase, the energy balance equation is given as:

((1− ε)ρsCp,sV + ερgCp,gV )
dTr,j
dt

=FinCp,g,inρgTr,j−1

− FoutCp,g,outρgTr,j
+ hfaV (Tc,surf,j − Tr,j)

+ av

Ns∑
i=1

kc,i(Hc,i,surf −Hi)

× (Cc,i,surf,j − Ci,j)

(4.21)

where ρs (kg/m3) is the catalyst bulk density, Cp,s and Cp,g (kJ/kg.K) are the

specific heat capacity for solid catalyst and gas phase respectively, hf (W/m2.K)

is the heat transfer coefficient between the the catalyst surface and bulk gas phase,

kc,i (m/hr) is the mass transfer coefficient for species i between the catalyst surface

and the bulk gas phase, Tc,surf,j (K) is the catalyst temperature at the surface

and Tr,j (K) is the retentate temperature at jth section. Hc,i,surf and Hi (kJ/mol)

are the enthalpies at the catalyst surface and for the species i in the bulk gas

respectively defined as follows:

Hc,i = ∆Hf
298 +

∫ T

298

Cp,i(T )dT (4.22)

where H298 is the heat of formation for each species i. The heats of formation of

CO, H2O and CO2 are -110.5, -241.9, and -393.5 kJ/mol, respectively (Rankin,

2009). The heat of formation of H2 is zero by definition. The enthalpies are

added into the equation to include the entropy changes of the transfer medium.

Catalyst phase species balance

The species mass balances for the catalyst phase are modelled as a homogeneous

mixture of two phases:

a) Solid catalyst phase.

b) Gas in the pores.

It is assumed that the reaction takes place in the catalyst pores only and therefore,

the reaction in the solid catalyst is negligible. The species concentrations inside

76



the catalyst pores are modelled as a function of catalyst radius, r. The diameter,

dp of solid catalyst is typically in a range of 1-3 mm and pores, dpore in a range

of 7-9 µm. Due to the small size of pores, it is assumed that only diffusion

dominates the internal mass transfer where the resistances via convection and

pressure difference terms are assumed to be negligible. Hence, the dynamic mass

balance of species i inside the catalyst pores is defined as:

dCc,i,j
dt

=
1

r2

∂

∂r

(
Di,mr

2∂Cc,i,j
∂r

)
+ ri (4.23)

where r (m) denotes the spherical coordinates of the catalyst pellet radius and

Di,m (m/hr) is the effective gas diffusivity of species i in the mixture.

Equation 4.23 representing the species concentration includes changes over

both time and radius of the catalyst pellet. In order to determine the need of

considering both changes in the reactor model, a simulation study is carried out

to evaluate the dynamic inside the catalyst pellet. The equation is solved using

the pde solver in Matlab 2013b software.

Figure 4.6: Dynamic simulation of catalyst pellet

As shown in Figure 4.6, the rate of reaction reaches a steady-state value at

time t = 0.01 hour which is equivalent to 36 sec. This result implies that there is

a negligible lag of time for the reaction taking place inside the catalyst. Since the

reaction dynamic is very fast compared with the dynamic of reactor overall, it

should be acceptable to ignore the temporal distribution in the catalyst pellets,

i..e to assume dci/dt = 0. Therefore, the pseudo-steady state condition can be
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assumed for the change of concentration over time in the catalyst pellet. With

this assumption, equation 4.23 is now re-written in the following form:

d

dr

(
Di,mr

2dCc,i,j
dr

)
= −rir2 (4.24)

By solving the double differentiation of equation 4.24, the surface concentra-

tion of the catalyst pellet can be obtained and then used in equation 4.20.

Catalyst phase energy balance

Through an energy balance in equation 4.21, the temperature changes occurring

inside the catalyst pellet can be predicted. In this energy balance, it is assumed

that the temperature of the solid catalyst at radius r is the same as the gas

phase in the pores at radius r. Due to the small pellet size, it is also assumed

that the thermal conductivity of the catalyst is constant throughout the radius

r. Therefore, the energy balance for the solid phase in a catalyst pellet becomes:

dTcat,j
dt

=
1

r

∂

∂r

(
2λcatTcat,j + θDi,m

∂Cc,i,j

∂r
Cp,i + λcatr

∂Tcat,j
∂r

(1− θ)ρcatCp,cat + θ
∑Ns

i Cp,iCc,i,j

)
(4.25)

where Tcat,j (K) denoted the temperature of the catalyst at jth section, λcat (W/m)

is thermal conductivity of the catalyst pellet including pores effect, Cp,i (kJ/mol)

is the heat capacity of i in catalyst pores, θ is the percentage volume of catalyst

occupied by the pores and ρcat (kg/m3) is the bulk density of the solid catalyst.

Equation 4.25 is solved using the same technique as that used for solving

equation 4.23. It is found that the results obtained are identical. Therefore, the

catalyst pellet temperature can be assumed to be in pseudo-steady state. Hence,

equation 4.25 can be simplified to:

d

dr

(
2λcatTcat,j + θDi,m

∂Cc,i,j

∂r
Cp,i + λcatr

∂Tcat,j
∂r

(1− θ)ρcatCp,cat + θ
∑Ns

i Cp,iCc,i,j

)
= 0 (4.26)

By using the ode solver in Matlab software to solve equation 4.26, the tem-

perature at the catalyst surface can be determined and this value is used in the

gas phase energy balance as shown in equation 4.21.
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4.5 Boundary Conditions

Both the homogeneous and heterogeneous reactor models described in the previ-

ous sections used the same boundary conditions.

4.5.1 Gas phase boundary conditions

The boundary conditions for the gas phase at the inlet of the reactor (j = 0) are

given as:

Tr,j = Tin (4.27)

Ci,j = Cin (4.28)

where Tin (K) is the inlet temperature of the gas before entering the PBTR and

Cin (mol/hr) is the initial inlet concentration at the starting of the PBTR.

4.5.2 Catalyst phase boundary conditions

Note that, the boundary condition for catalyst pellet is only used in the hetero-

geneous model. For a catalyst pellet, it is assumed that the boundary conditions

at the centre (r = 0) at any point of jth section of the reactor is given by:

dCc,i,j
dz

(z, r = 0) = 0 (4.29)

dTcat,j
dz

(z, r = 0) = 0 (4.30)

As for the boundary conditions at the surface of the catalyst pellet (r = R),

where R = 0.5Dcat, the flux conditions are assumed to be:

kc,i(Cc,i,j(z, r = R)− Ci,j(z)) = −Di,m
∂Cc,i,j
∂r

(z, r = R) (4.31)
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hf (Tcat,j(z, r = R)− Tr,j(z)) +
Ns∑
i

Hi(z)

×kc,i(Cc,i,j(z, r = R)− Ci,j(z)) =− λcat
∂Tcat,j
∂r

(z, r = R)

−
Ns∑
i

Hc,i(z, r = R)

×Di,m
∂Cc,i,j
∂r

(z, r = R)

(4.32)

Equations 4.29 - 4.32 are the boundary conditions required in order to cor-

rectly simulate the behaviour of the PBTR. All the mentioned boundary condi-

tions are obtained from Adams and Barton (2009).

4.6 Analysis of WGSR Kinetic Modelling

In this section, comparative predictions of the CO conversion via the different

types of macro- and micro-kinetic models are evaluated. These kinetic models

are simulated based on the homogeneous PBTR reactor model, i.e., Model 1A

(Table 3.3 in Section 3.7.2) is used to conduct the comparison for different kinetic

models. Figure 4.7 shows the CO conversion results based on the simulation study

at different inlet temperatures. The percentage of CO conversion is calculated as

follows

CO conversion =

(
FinCi,in − FoutCi,out

FinCi,in

)
× 100% (4.33)

where the Ci,in and Ci,out denote the inlet and outlet concentrations of CO.

The inlet temperature used in this simulation ranges from 573 to 673 K.

Note that, the availability of experimental data for Cu (111) catalyst in the

literature is within this range. Figure 4.7 shows the predicted CO conversions

by the 3 different WGSR kinetic models (micro-kinetics, reduced micro-kinetics

and macro-kinetics) and the experimental conversion. For a fair comparison, the

percentage error from the experimental data from Campbell and Daube (1987)

is used to determine the accuracy of the model predictions. The percentage error

is calculated as follows:

Absolute error % =

∥∥∥∥(predicted value − experimental value)
experimental value

∥∥∥∥ (4.34)
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Figure 4.7: Comparison on CO conversion for 3 different kinetic models based on

Model 1A.

The absolute error shows that the macro-kinetic model gives the highest per-

centage error, which suggests the presence of significant mass-heat transfer lim-

itations reported in some literature, e.g., see Maŕın et al. (2012); Adams and

Barton (2009). The macro-kinetics model tends to give over-prediction of the

experimental data. According to Twigg and Twigg (1989), the solid catalyst

contains small pores that contribute to the diffusion limitation resulting in mass

transfer limitation.

The original micro-kinetic model developed by Fishtik and Datta (2002) gives

lower percentage errors than the macro-kinetic model. This better accuracy is ex-

pected because the micro-kinetic model takes into account the transfer limitation

within the catalyst pellets. However, the percentage error shown is larger than the

reduced micro-kinetics model developed by Callaghan et al. (2003). Even though

similar approach was used to determine the rate of reaction, Callaghan and his

co-workers took into account improved detailed reaction mechanism that occurred

on Cu (111) catalyst. The rate of reaction model developed by Callaghan et al.

(2003) shows little deviation (i.e., the average percentage error is about 3%) from

the real experimental data. It can be concluded that the reduced micro-kinetic

model should be used in modelling of the WGSR reactor as it leads to accurate

model prediction. However, the micro-kinetic model is only limited to certain

types of catalyst as research in this particular direction has not yet progressed

well. One reason for this lack of progress is due to high complexity and tedious
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experimental work needed to obtain a set of micro-kinetic data for a single type

of catalyst. Thus, the macro-kinetic model incorporating mass-heat transfer lim-

itation is recommended in designing a reactor because it is easily obtained for

many kinds of catalysts available. The mass-heat transfer limitation term can be

estimated through the simple calculation using equation 4.18.

4.7 Analysis of PBTR Reactor Modelling

In this section, comparative predictions are performed for 6 different types of

reactor models based on the homogeneous and heterogeneous modelling types -

refer to Table 3.3. Simulation is done assuming the same type of catalyst within

the same range of operating conditions as in the Section 4.6. Figure 4.8 illustrates

the comparative results for the 6 different reactor models.

Figure 4.8: Comparison of 3 different types of reactor modelling on macro- and

micro-kinetic modelling.

Obviously, 3 of the 6 reactor models show good predictions of the experimental

data as shown in Figure 4.8. For a clearer comparison, the same percentage

error in equation 4.34 is used. Here, we mainly focus on comparing between

homogeneous and heterogeneous reactor models. For the same macro-kinetic

model used in the homogeneous and heterogeneous models, it can be seen that

the Model 1C gives lower percentage error than that of the Models 1A and 1B.
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However, the percentage difference is less than 1% with respect to the Model 1B.

This means that with the incorporation of the transfer limitation (Thiele modulus

correction factor), the relatively simple homogeneous model can provide reliable

prediction as that of the more complex heterogeneous model. When heat and

mass transfer limitations are introduced into the macro-kinetic model as proposed

by Maŕın et al. (2012), the results show a large decrease in the prediction error.

The incorporation of mass transfer limitation into the macro-kinetic model leads

to a decrease in the prediction error of the homogeneous reactor model to within

2.5% error margin from the experimental data.

Contrary to the idealized macro-kinetics, the use of reduced micro-kinetics

in homogeneous reactor model (Model 1A) gives the least amounts of predic-

tion errors. When the reduced micro-kinetics model is incorporated into the

homogeneous Model 1B and heterogeneous Model 1C, both reactor models give

under-predicted values of the reactor CO conversion. This is because of both

Models 1B and 1C have already taken into account the mass transfer limitation

factor into the model calculations.

It is interesting to point out that, the reduced micro-kinetics model represents

the most accurate kinetics for the WGSR. Such an improved accuracy is a result

of the activation energy and collision factor for each step of elementary reaction

was taken into account when developing this micro-kinetics model for Cu (111)

catalyst. Therefore, when using the reduced micro-kinetics model, there is no

need to include the transfer limitation correction factor as in the macro-kinetics

case. As a conclusion, either the macro-kinetics with the transfer limitation or the

reduced micro-kinetics model can give an accurate prediction based on whichever

modelling approach (heterogeneous or heterogeneous) is adopted. Of course, for

minimum computational effort, it is recommended to adopt homogeneous reactor

modelling approach in which the macro-kinetics model is coupled with the mass

transfer limitation factor. This approach is very flexible as the kinetic data on

many catalysts are available in for the micro-kinetic models.

4.8 Summary

This chapter is summarized as follows:

• Understanding of different types of reaction kinetics and reactor modelling

approaches is crucial to developing a reliable model of the WGSR system.

• The WGSR kinetics can be represented in the forms of: (1) macrokinetic
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and (2) microkinetic. Meanwhile, the reactor modelling approaches can be

broadly divided into:

a) Homogeneous - both the solid catalyst and gas phases are lumped into

one single phase (pseudo-homogeneous).

b) Heterogeneous - two different phases are considered, i.e., solid catalyst

and gaseous phases.

• The most effective and reliable reactor models are:

a) Model 1A with reduced microkinetic model - less computational effort

(i.e., less ODEs) and the mass and heat transfer limitation is taken

into account via the microkinetic model.

b) Model 1B with macrokinetics model - takes into account of mass trans-

fer limitation via Thiele modulus. Ease in computational effort due to

less complex model.

c) Model 1C with macrokinetics model - takes into account mass and heat

transfer limitation via two phases simulation (i.e., solid and gaseous

phases). Less computational effort due to simple macrokinetic model.

In view that very limited info on limitation of microkinetic model for most

catalysts, it is recommended to use macrokinetics model in WGSR system

modelling.

• The work reported in this chapter has been published in Procedia Engi-

neering 2016. 1

1Comparative Study of Homogeneous and Heterogeneous Modelling of Water-Gas Shift Re-

action with Macro-or Micro-kinetics. Procedia Engineering 148: 949-956.
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Chapter 5

Modelling of Water-Gas Shift

Reaction Membrane Reactor

(WGSR-MR)

5.1 Overview

This chapter provides detailed modelling of the heterogeneous membrane reactor

- Model 1C previously encountered in Chapter 4. This model is adopted in

this further study due to its high accuracy and consistency in predicting reactor

behaviour. Since the structure of the membrane reactor consists of a number of

small tubes, this results in the temperature and concentration changes in radial

direction being insignificant compared to those in axial direction. In this chapter,

a one-dimensional (1D) model is proposed for the membrane reactor modelling

based on non-ideal conditions where gas properties (e.g., density, viscosity and

thermal conductivity), membrane permeance and reaction kinetics are dependent

on pressure and temperature changes. In a membrane reactor, the operating

pressure and temperature vary along the reactor. Thus, it is impractical for the

above-mentioned properties to be assumed constant along the membrane reactor.

The incorporation of these non-ideal properties in the model has made the model

prediction more robust. It is discovered that the model developed in this study

has a very comparable accuracy with a 2D model. The rest of this chapter is

organized as follows. Section 5.2 and 5.3 discuss in detailed of the modelling

assumptions that govern this model and the solid/catalyst and gas phase mass-

energy balance equations respectively. Meanwhile, section 5.4 covers the model

validation of the developed 1D heterogeneous membrane reactor model.
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5.2 Membrane Reactor Modelling

Heterogeneous reactor modelling takes into account both solid and gaseous phase

changes directly without the need of incorporating the correction factor for the

heat-mass transfer limitation (Thiele modulus). Furthermore, the macrokinetic

model is used in this modelling because of data is readily available for this kinetics.

5.2.1 Model assumptions

The assumptions used in modelling the membrane reactor are given as follows:

a) A membrane reactor with multiple small tubes where the catalyst pellets

are packed outside the tubes, i.e., in the shell side; see Figure 5.2.

b) The surface of the tube wall is made up of a thin layered membrane.

c) Sweep gas is allowed to flow inside the tube side to reduce the H2 partial

pressure. H2 sweep gas is used to enhance the purity of hydrogen produced

without the aid of an external purification.

d) Only the axial temperature change is taken into account. Radial tempera-

ture change is neglected because the diameter of the membrane reactor is

small and adiabatic (no heat loss from the surface of the reactor) (Aboud-

heir et al., 2006); see Figure 5.1.

e) Gas properties, membrane permeance and reaction kinetics are assumed to

depend on temperature and/or pressure.

Figure 5.1: Cross-sectional diagram of the packed bed tubular membrane reactor.
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All the assumptions are made based on few literature studies; see Morpeth

et al. (2015), Battersby et al. (2010), and Augustine et al. (2011) with the excep-

tion of temperature dependence properties. In most reported works, the mem-

brane reactor modelling is based on ideal conditions. In this study, however, all

of the properties of gas, membrane and kinetics are simulated based on non-ideal

conditions, hence they are dependent on pressure and temperature changes. For

an example, the density of gas can fluctuates up to 10 times within the studied

ranges of pressure and temperature (Francesconi et al., 2007). In the membrane

reactor, the operating pressure and temperature vary along the reactor. Thus,

properties such as density of gas should not be assumed constant along the mem-

brane reactor. Similar to the modelling of packed bed reactor in Chapter 4, the

membrane reactor is sub-divided into 10 equal volume where each segment is

represented by a set of ODEs.

5.3 Membrane Reactor Mass-Energy Balance Equa-

tions

5.3.1 Gas phase model equations

Gas phase species balances

For the feed or retentate gas phase outside the catalyst pellets (i.e., inside the

tubes), the species mass balances are given as Fogler (1999).

εVj
dCi,j
dt

=FinCi,j−1 − FoutCi,j

+ νikc,i,jaV∆Ci,j −Qi,j j = 1, 2...n
(5.1)

where Fin and Fout (m3/hr) represents the volumetric flow rates of the feed inlet

and outlet respectively. Vj (m3) the volume of the sub-division reactor at the

jth sub-segment − see Figure 5.2, ε the bed voidage factor, νi the stoichiometric

coefficient of species i (-1 for CO and H2O and +1 for CO2 and H2), Ci,j (mol/m3)

the molar concentration of species i at the jth sub-segment, a (m2/m3) the total

catalyst surface area per unit volume, kc,i,j the mass transfer coefficient between

the catalyst surface and the bulk gas phase and t (hr) the time of the reaction.

Here, ∆Ci,j (mol/m3) represents the concentration difference between the cat-

alyst surface and the gas bulk phase, defined as:
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Figure 5.2: Small cross-section of membrane reactor.

∆Ci,j = Ci,j,surf − Ci,j (5.2)

where Ci,j,surf is the concentration of species i at the catalyst surface. The pa-

rameters of av and ε are both estimated using equations 5.3 and 5.4 respectively:

av = 6(1− ε)/Dcat (5.3)

ε = 0.38 + 0.073

(
1− (Drct/Dcat − 2)2

(Drct/Dcat)2

)
(5.4)

where Dcat (m) is the diameter of catalyst pellet and Drct (m) is the diameter of

reactor (shell diameter).

The permeate (inside the tubes) side, the species mass balances are as follow:

Vp,j
dCi,p,j
dt

= Fp,inCi,p,j−1 − Fp,outCi,p,j +Qi,j (5.5)

where Fp,in and Fp,out (m3/hr) denotes the volumetric flow rates of the sweep gas

inlet and outlet respectively. Vp,j (m3) the sub-division volume of permeate at the

jth sub-section, Ci,p,j (mol/m3) the molar concentration of species i in permeate

at the jth sub-section, and Qi,j (mol/hr) the molar flow rate in the permeate side

at the jth sub-section. Qi,j is defined as:

Qi,j = AsurfVp
Qm

δm
exp

(
−Ed
RTr,j

)(
P 0.5
r,j − P 0.5

p,j

)
(5.6)
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where, Asurf (m2) is the sub-division surface area of the membrane, δm (m) is

the thickness of the membrane, Ed (J/mol) is the activation energy for diffusion

through membrane, Qm (mol/m.hr.Pa0.5) is the permeance of component i, R

(J/mol.K) is the gas constant, Tr,j (K) is the retentate temperature while Pr,j

and Pp,j (Pa) are the retentate and permeate pressure, respectively. All the

parameter values are obtained from Koc et al. (2012).

Gas phase momentum balance

The dynamic momentum balance for the gas phase is as in Wilkes (2006):

dPj
dz

=
G2

ρgDcat

1− ε
ε3

(
1.75 + 4.2

1− ε
Re1/6

)
(5.7)

where Pj (Pa) is the pressure drop at jth section (Note that this pressure drop

equation applies to both permeate and retentate). Here, ρg (kg/m3) is the density

of air and Re is dimensionless Reynolds number. G (m/hr) is the molar flux given

as:

G =
4F0

πD2
rctε

(5.8)

where F0 (m3/hr) represents total feed flow rate for the retentate side and total

sweep gas flow rate for the permeate side.

Gas phase energy balance

In the gas phase, the energy balance equation on the retentate side is expressed

as follows:

((1− ε)ρsCp,sV + ερgCp,gV )
dTr,j
dt

=FinCp,g,inρgTr,j−1

− FoutCp,g,outρgTr,j
−Qi,jMWiCp,i(Tr,j − Tp,j)
− U0Asurf (Tr,j − Tp,j)
+ hfaV (Tr,j,surf − Tr,j)

+ av

Ns∑
i=1

kc,i,j(Hi,j,surf −Hi,j)

× (Ci,j,surf − Ci,j)

(5.9)
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where ρs (kg/m3) represents the catalyst bulk density, Cp,s and Cp,g (kJ/kg.K) the

specific heat capacity for solid catalyst and gas phase respectively, U0 (W/m2.K)

the heat transfer coefficient between membrane wall and bulk gas phase in perme-

ate and retentate, MWi (g/gmol) the average molecular weight of the permeate

species, hf (W/m2.K) the heat transfer coefficient between the catalyst surface

and bulk gas phase in retentate, Tr,j,surf (K) the catalyst temperature at the

surface and Tr,j (K) represents the retentate temperature at jth section. Here,

Hi,j,surf and Hi,j (kJ/mol) are the enthalpies at the catalyst surface and bulk gas

of species i respectively. The enthalpies are added into the equation to include

the entropy changes of the transfer medium. Hi,j is defined as:

Hi,j = ∆Hf
298 +

∫ Tr,j

298

Cp,i(T )dT + ∆Hv (5.10)

where ∆Hf
298 and ∆Hv (kJ/mol) are the heat of formation and heat of vapor-

ization for each species i, respectively. Note that, the heat of vaporization term

is only applicable for species that undergoes phase change during reaction. The

heats of formation of CO, H2O and CO2 are -110.5, -241.9, and -393.5 kJ/mol,

respectively (Lide, 2009). The heat of formation of H2 is zero by definition.

On the permeate side, the energy balance is given by:

ρpCp,pVp

(
dTp,j
dt

)
=Fp,inCp,p,inρp,inTp,in,j−1

− Fp,outCp,p,outρp,outTp,j
+Qi,jMWiCp,i(Tr,j − Tp,j)
+ U0Asurf (Tr,j − Tp,j)

(5.11)

where ρp,in and ρp,out (kg/m3) are the density of permeate flow rates in the inlet

and outlet respectively, Cp,p,in and Cp,p,out (kJ/kg.K) are the specific heat capac-

ities for the inlet and outlet of permeate side respectively and Tp,j (K) is the

permeate temperature at jth section.

Gas phase boundary conditions

For retentate side, the inlet boundary conditions ( j = 0 ) are given as:

Tr,j = Tin (5.12)

Ci,j = Ci,in (5.13)
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Pr,j = Pr,in (5.14)

and for permeate side:

Tp,j = Tp,in (5.15)

Ci,p,j = Ci,p,in (5.16)

Pp,j = Pp,in (5.17)

where, Tin (K) is the inlet retentate temperature of the gas before entering the

MR, Ci,in (mol/hr) is the initial inlet retentate concentration at the starting of the

MR and Pr,in (Pa) is the initial retentate pressure in MR. Meanwhile, Tp,in (K),

Ci,p,in (mol/hr) and Pp,in (Pa) are the initial permeate temperature, concentration

and pressure respectively.

5.3.2 Solid phase mass-energy balance equations

Solid/catalyst phase species balances

The species mass balances for the catalyst phase are modelled as a homogeneous

mixture of two phases: (1) the solid catalyst phase and (2) the gas in the pores.

It is assumed that, the reaction takes place inside the catalyst pores only and the

degradation of the solid catalyst is negligible. Detailed explanation of the species

mass balance can be found in Chapter 4 - refer to Section 4.4.2. The species

concentrations inside the catalyst pores are modelled as a function of catalyst

radius, r. The dynamic mass balance of a species i inside the catalyst pores is

given as:

d

dr

(
Di,mr

2dCc,i,j
dr

)
= −rir2 (5.18)

By solving the double differentiation in equation 5.18, the surface concentra-

tion of the catalyst pellet can be calculated and used in the equation 5.2.

Solid/catalyst phase energy balance

The temperature change occurring inside the catalyst pellet can be modelled

by using catalyst energy balance. The detailed description of the catalyst energy
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balance can be found in Chapter 4, Section 4.4.2. Due to the small pellet size, it is

also assumed that the thermal conductivity of the catalyst is constant throughout

the radius r. Therefore, the energy balance for the solidphase in a catalyst pellet

becomes:

d

dr

(
2λcatTcat + θDi,m

∂Cc,i,j

∂r
Cp,i + λcatr

∂Tcat,j
∂r

(1− θ)ρcatCp,cat + θ
∑Ns

i Cp,iCc,i,j

)
= 0 (5.19)

By using ode solver in Matlab software to solve equation 5.19, the temperature

of the catalyst surface is obtained. This value is transferred to the reactor model

shown in the equation 5.9.

Solid/catalyst phase boundary conditions

Note that, the boundary condition for catalyst pellet is only used in the hetero-

geneous model. For a catalyst pellet, it is assumed that the boundary conditions

at the centre (r = 0) at any point of jth section of the reactor is given by:

dCi,j
dz

(z, r = 0) = 0 (5.20)

dTcat,j
dz

(z, r = 0) = 0 (5.21)

As for the boundary conditions at the surface of the catalyst pellet (r = R),

where R = 0.5Dcat, the flux conditions are assumed to be:

kc,i,j(Ci,j(z, r = R)− Ci,j(z)) = −Di,m
∂Ci,j
∂r

(z, r = R) (5.22)

hf (Tcat,j(z, r = R)− Tr,j(z)) +
Ns∑
i

Hi(z)

×kc,i,j(Ci,j(z, r = R)− Ci,j(z)) =− λcat
∂Tcat,j
∂r

(z, r = R)

−
Ns∑
i

Hi,j(z, r = R)

×Di,m
∂Ci,j
∂r

(z, r = R)

(5.23)

Equations 5.20 - 5.23 are the boundary conditions required in order to cor-

rectly predict the behaviour of the membrane reactor (MR). Without proper

boundary conditions, there is a possibility of over-prediction in the calculated
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performance of MR. All the aforementioned boundary conditions are obtained

from Adams and Barton (2009).

5.3.3 Other correlations equations

In order to develop a model that is applicable to wide ranges of pressures and

temperatures, most of the physical properties and transfer coefficients should not

be assumed constant values, especially in the bulk gas phase of the reactor as gas

properties are highly dependent on temperature. Therefore, some gas property

correlations are included to model the non-ideal conditions.

Density of gases

The density of gas depends on pressure and temperature due to the effect arising

from an interaction between gas particles. Therefore, to precisely predict the

non-ideal gas density, an equation of state is used. The equation of state can be

applied to either vapour-liquid or supercritical phenomena. Many equations of

state have been proposed in the literature which can be categorized into either

an empirical, or semi-empirical or theoretical type. Some comprehensive reviews

on the equations of state can be found in the works of Martin (1979), Gubbins

et al. (1983),Economou and Donohue (1996), Wei and Sadus (2000), and Sengers

et al. (2000).

In this research, the Peng-Robinson equation of state is used, since it can

produce a relatively accurate, non-iterative and computationally efficient corre-

lation for high-pressure fluid mixtures (Harstad et al., 1997). Furthermore, it has

been found to be more effective in calculating density for carbon-based molecules

(Zhao and Olesik, 1999). In a general state equation, the pressure (Pg) is related

to the temperature (T ), ideal gas constant (R) and molar volume (V ) via:

Pg =
RT

V − b
− a(T )

V 2 + 2bV − b2
(5.24)

Equation 5.24 has two pure component parameters a and b. The parameter

a represents a measure of the attractive forces between the molecules, and b is

related to the size of the molecules. Peng and Robinson (1976) redefined a(T ) as:

a(T ) = (1 + κ(1−
√
T cr))

2ac (5.25)

ac = 0.45724
R2T 2

cr

Pcr
(5.26)
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b = 0.07780
RTcr
Pcr

(5.27)

and κ is a dimensionless parameter such that

κ = 0.37464 + 1.54226ω − 0.26992ω2, ifω ≤ 0.49 (5.28)

κ = 0.379642 + 1.48503ω − 0.164423ω2 + 0.016666ω3, otherwise (5.29)

where ω is the acentric factor, Tcr (K) is the critical temperature and Pcr (Pa) is

the critical pressure. All the values needed for each gaseous component can be

obtained from Poling et al. (2001).

It is important to note that the equations 5.24 - 5.26, are only applicable

to pure component parameters. This is not appropriate in the present research

whereby there is interaction between different molecules. Consequently, some

mixing rules are required to calculate the mixing component parameters of a and

b.

The parameters of Peng-Robinson equation for the mixture of N simple fluids

where the molar percent of the ith component is yi defined by mixing rules:

ac,m =
N∑
i=1

N∑
I=1

yiyIac,iI (5.30)

bm =
N∑
i=1

yibi (5.31)

Here bi is calculated from equation 5.27 based on the pure component species

i, yi is the mole fraction of species i, yI represents the mole fraction of species I.

Species i 6= I, for example, if species i is CO then species I is any other species

(H2O,CO2, H2). Meanwhile aiI is expressed through empirically determined bi-

nary interaction coefficient δiI characterizing the binary mixture of components

i and I:

ac,iI = (1− δiI)
√
ac,iac,I (5.32)

where ai and aI can be obtained using Equation 5.26. Some δiI are tabulated

(e.g. Table 4.2 in Pedersen et al. (2014)). For values which are not tabulated,

the formula of Chueh and Prausnitz (1967) could be used:
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1− δiI =

 2V
1
6
cr,iV

1
6
cr,I

V
1
3
cr,i + V

1
3
cr,I

 (5.33)

where Vcr (m3) is the critical volume for pure component i and component I.

All the required values for the density calculation are tabulated in Table A.1 in

Appendix A. By solving equations 5.30 - 5.33, the binary mixture parameters

ac,m and bm can be obtained and then substituted into the respective terms (a(T )

and b) in equation 5.24 to calculate the real gas density.

Equation 5.24 can be rearranged to form:

Z3 + (B − 1)Z2 + (A− 2B − 3B2)Z + (B3 +B2 − AB) = 0 (5.34)

where

A =
a(T )P

R2T 2
(5.35)

B =
bP

RT
(5.36)

By using fsolve function in Matlab software to solve equation 5.34, the com-

pressibility factor, Z can be obtained. Upon obtaining Z, the density of the gas

can be calculated from equation 5.37.

Z =
P

ρRT
(5.37)

Binary diffusivity

Inside the catalyst pores, it has been known that the bulk diffusivity is affected

by the shape, size and nature of the pores. The effective binary gas diffusivity

inside a pore can be approximated by:

Deff,iI = DiIθ/τ (5.38)

where Deff,iI is the effective diffusivity of two species, i and I. For example, if

species i is H2O then species I will be either CO, CO2 or H2. Meanwhile, τ is

the tortuosity of the catalyst pore, which is an approximate measure of how the

wall interaction slow down the diffusion inside the catalyst and Dij is the binary

gas diffusivity for a pair of components i and I. The corresponding data and

calculation for each pair of components are tabulated in Table A.2 in Appendix

A.
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Diffusion in a multispecies mixture is often complex and most of the cor-

relations involved are often unavailable. Fortunately, the gas diffusion can be

approximated by Green et al. (2008).

Di,m =
1− yi∑N

j 6=i yI/Deff,iI

(5.39)

where Di,m is the effective diffusivity of the species i in the mixture, and yI is the

mole fraction of the species I.

Specific heat capacities

The heat capacity of gas is often a function of temperature. Hence, it is not

advisable to assume a constant value of heat capacity. The specific heat capacity

of gas phase is calculated as a function of temperature:

Cp,i = Acp +BcpT + CcpT
2 +Dcp/T

2 (5.40)

where Acp, Bcp, Ccp and Dcp are the gas phase heat capacity constants for selected

species. The values for these constants are shown in Table A.3 in Appendix A.

As for the mixture of gases, the specific heat capacity is taken to be the molar

average of individual heat capacity:

Cp,g =
N∑
i=1

yiCp,i (5.41)

Gas phase viscosity

Viscosity describes a fluid’s internal resistance to flow and may be thought of as a

measure of fluid friction. All real fluids (except superfluids) have some resistances

to stress leading to viscous fluids (Brush, 1962). Upon raising of temperature,

the viscosity of gas increases. In addition, viscosity has a direct effect on the

pressure drop as shown in equation 5.7. Hence, it is not recommended to use

average or constant value for the gas viscosity. The gas viscosity for each species

is calculated by:

µi =
AvisT

Bvis

1 + (Cvis/T ) + (Dvis/T 2)
(5.42)

where Avis, Bvis, Cvis and Dvis are the gas phase viscosity constants for selected

species i. The values for these constants are shown in Table A.4 in Appendix A.
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The viscosity of the mixture of gases is estimated by Francesconi et al. (2007):

µ =
N∑
i=1

yiµi∑N
I=1 yI

√
MWI/MWi

(5.43)

where µ (N.s/m2) is the mixture viscosity, µi (N.s/m2) is the viscosity of species

i, and MWi and MWI is the molecular weight of species i and I.

Thermal conductivity of the gas phase

The calculation of the thermal conductivity is given as:

λ′ =
N∑
i=1

yiλi∑N
I=1 yIAiI

(5.44)

where λi (kcal/h.m.K) is the gas phase thermal conductivity for species i where

the calculation is shown in equation 5.45. Notice that AiI is the binary interaction

parameters which can be calculated by using the Sutherlands model:

λi =
AlamT

Blam

1 + (Clam/T ) + (Dlam/T 2)
(5.45)

where Alam, Blam, Clam and Dlam are the gas phase thermal conductivity con-

stants for selected species i, respectively. The values for these constants are shown

in Table A.5 in Appendix A.

AiI =
1

4

1 +

µi
µI

(
MWI

MWi

) 3
4 1 + Si

T

1 + SI

T

 1
2


2 (

1 + SiI

T

)
(

1 + Si

T

) (5.46)

where Si and SI is the Sutherland constants for species i and I. Except for the

hydrogen, deuterium, and helium which have fixed values of Sutherland constants

given by Lindsay and Bromley (1950), the Sutherland constants of other pure

gases are taken as:

Si = 1.5TB (5.47)

where TB (K) is the boiling point of species i at one atmospheric pressure. This

assumption creates an error of 20% in the Sutherland constant but this only

affects the calculated mixture conductivity by 1%. Hence the simplification is

justified.
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For the collision of unlike molecules, the Sutherland constant SiI may be taken

as the geometric mean in all cases except for the case where one of the molecules

has a strong dipole moment. In the latter case, the procedure proposed by Gruss

and Schmick (1928) is followed where geometric mean is multiplied by 0.733.

Thus,

SiI =
√
SiSI (5.48)

otherwise, when one constituent has strong polarity, then

SiI = 0.733
√
SiSI (5.49)

This latter equation 5.49 is used for a mixture containing steam or ammonia.

The thermal conductivity is also often given as a function of pressure. For the

thermal conductivity estimation, Stiel and Thodos (1964) had established the

approximate analytical expressions for the bulk mixture at above atmospheric

pressure, given as:

(λcat − λ′)ΓZ5
cm = 1.22× 10−2[exp(0.535ρcr)− 1] if ρcr < 0.5 (5.50)

(λcat − λ′)ΓZ5
cm = 1.14× 10−2[exp(0.67ρcr)− 1.069] if 0.5 ≤ ρcr < 2.0 (5.51)

(λcat−λ′)ΓZ5
cm = 2.60×10−3[exp(1.155ρcr)+2.016] if 2.0 ≤ ρcr < 2.8 (5.52)

where λcat (W/m.K) is the bulk mixture thermal conductivity at above atmo-

spheric pressure, Zcm is the mixture critical compressiblility, ρcr is the reduced

density and Γ (m.K/W) is the reduced, inverse thermal conductivity.

Zcm = 0.291− ωm (5.53)

where ωm is the mixture acentric factor and can be obtained via:

ωm =
N∑
i=1

ωi (5.54)

where ωi is the acentric factor of an individual species i which the values can be

obtained in Table A.1 in Appendix A.
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Meanwhile, the reduced pressure is given as follows:

ρcr =
ρ

ρc
=
Vc
V

(5.55)

where ρ (kg/m3) is the bulk gas mixture density, ρc (kg/m3) is the critical pressure

of bulk gas, V (m3) is the volume of the gas and Vc (m3) is the critical volume of

gas.

The reduced thermal conductivity relation was developed by Roy and Thodos

(1968), and Roy and Thodos (1970) and it is expressed as

Γ = 210

(
TcrmMWm

P 4
crm

) 1
6

(5.56)

where Tcrm (K) is the mixture gases critical temperature, MWm (mol/g) is the

mixture molecular weight and Pcrm (bars) is the mixture critical pressure. The

following equations are required in equation 5.56.

MWm =
N∑
i=1

yiMWi (5.57)

Tcrm =

∑N
i=1

∑N
I=1 yiyIVciITciI
Vcrm

(5.58)

where TciI (K) and VciI (m3) are critical temperature and critical volume of species

i and I respectively. The Vcrm (m3) is the mixture critical volume.

VciI =

[(
V

1/3
ci + V

1/3
cI

)]3

8
(5.59)

TciI = (TciTcI)
1/2 (5.60)

where Vci, VcI , Tci and TcI are the critical volumes and critical temperatures of

each species i and I individually. As for the mixture critical volume,

Vcrm =
N∑
i=1

N∑
I=1

yiyICiI (5.61)

The mixture critical pressure is represent by:

Pcrm =
ZcmRTcrm
Vcrm

(5.62)
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Mass transfer coefficient

The mass transfer coefficient between the bulk gas phase and the catalyst surface

can be estimated using the relation in Poling et al. (2001):

kc,i,j = 0.357

(
ρMWmDi,m

µ

)2/3(
G

ρMWmεb

)(
µ

DcatG

)0.359

(5.63)

Heat transfer coefficient

The temperatures of both reaction (retentate) and sweep gas (permeate) sides are

affected by the heat of reaction in addition to both conductive and convective heat

transfer across the membrane. The overall heat transfer coefficient U0, is derived

via the series of resistance method to include all the heat transfer mentioned

above (Pabby et al., 2015).

1

U0

=
1

hShell
+
ODTube

2kMem
ln

(
ODTube

IDTube + 2δSupp

)

+
ODTube

2kSupp
ln

(
IDTube + 2δSupp

IDTube

)

+
ODTube

IDTube

1

hTube

(5.64)

where the outer areas are used as a reference for the shell and tube side. The

thermal conductivity of porous support kSupp is calculated as follow

kSupp = (1− εSupp)ks + εkPermMix (5.65)

where ks (J/(s.m.K)) and kPermMix (J/(s.m.K)) are the thermal conductivity of the

tube material and of the gaseous mixture in the tube (permeate) side respectively.

For a packed bed reactor, the heat transfer coefficient between the fluid in the bed

and the walls (membrane on one side and external wall on the other) is calculated

as in Markatos et al. (2005):

hShell =
5kRetMix

dp
Re0.365

p (5.66)

where

Rep =
ρvdp
µ

(5.67)
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where v (m/s) is velocity of gas in shell side and Rep is the dimensionless Reynolds

number. As for the tube side heat transfer coefficient, the following correlations

are used (refer Markatos et al. (2005)):

hTube = 1.86
kPermMix

DEq

(
DEq

lMem
RePr

)1/3

(5.68)

hTube = 0.027
kPermMix

DEq

Re0.8Pr1/3 (5.69)

where DEq (m) is equivalent diameter and Pr is dimensionless Prandtl number.

Equation 5.68 is only applicable to laminar flow while equation 5.69 is applicable

to turbulent flow. For flow in a circular pipe, when Re > 4000, the flow is

considered to be turbulent flow.

5.4 Model Validations

The model developed in this study is validated by using two cases. It should be

noted that, the model validation is based on experimental data from the literature

for WGSR in a membrane reactor where Pd-based membrane was used.

5.4.1 Case study 1: Data and specifications

All the data and specifications are obtained from Sanz et al. (2015). The data

from this literature is chosen because in this study, the type of membrane reactor

used is similar to the one reported in the literature. Furthermore, the membrane

quality prepared by the aforementioned researchers showed good stability with

no carbon deposition. Please note that, the carbon deposition can induce inter-

ference in membrane and promote catalyst decomposition. Tables 5.1 and 5.2

summarize the specifications used in the studied.
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Table 5.1: Operating conditions and parameter values for case study 1

Parameters Values

Feed inlet composition (flow rate percentage)

Carbon monoxide (CO) 0.09

Steam (H2O) 0.09

Carbon dioxide (CO2) 0.12

Hydrogen (H2) 0.7

Inlet specification (retentate)

Inlet flow rate (m3/h) 0.0178

Inlet temperature (K) 573.15 - 673.15

Inlet pressure (bar) 2

Inlet specification (permeate)

Sweep gas flow rate (m3/h) 0

Reactor dimension

Bed length (m) 0.07

Tube external radius (m) 0.0129

Tube internal radius (m) 0.009

Table 5.2: Operating conditions and parameter values for case study 1 (continued)

Parameters Values

Catalyst specification

Catalyst pellet diameter (m) 0.006

Density of catalyst (kg/m3) 1960

Catalyst reaction rate (mol/s.kgcat) ri = exp

(
8.22− 8008

T

)
C0.54
CO C

0.1
H2O(

1− CCO2CH2

KeqCCOCH2O

)
Membrane specification

Type of membrane Pd-composite membrane

Membrane thickness 10.2 µm

Membrane permeability 3.96× 10-4exp

(
−3.19− 2803

T

)
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Figure 5.3: Model validation for case study 1: parity plots.

5.4.2 Case study 1: Results and discussion

In order to evaluate the validation results, Figure 5.3 shows the comparison be-

tween experimental and the simulated CO conversions. Note that, the discrepan-

cies between experiments and simulations are in the range of ± 10% as shown by

the blue line in Figure 5.3. The developed 1D heterogeneous model has slightly

better accuracy compared to the model used in Sanz et al. (2015) (i.e., homoge-

neous reactor model). Based on the comparison done in Chapter 4, a heteroge-

neous reactor model has a better reactor prediction than a homogeneous reactor

without heat-mass transfer limitation model.

5.4.3 Case study 2: Data and specifications

In the second model validation, the specifications are obtained from the work of

Morpeth et al. (2015). This work is chosen for model validation as the experimen-

tal data published in the paper contains CO conversion data for different lengths

of membrane reactor. Besides that, the membrane reactor configuration used in

the aforementioned work is similar to the configuration used in this study. In

addition, the above researchers conducted the experiments in an adiabatic con-

dition that is the same as condition adopted in this study. Tables 5.3 and ??

provide all reactor design and operational specifications.

103



Table 5.3: Parameter values used in case study 2

Parameters Values

Feed inlet composition (molar fraction)

Carbon monoxide (CO) 0.645

Steam (H2O) 0

Carbon dioxide (CO2) 0.025

Hydrogen (H2) 0.33

Inlet specification (retentate)

Syngas flowrate (L/min) 4

Inlet temperature (◦C) 350

Inlet pressure (bar) 15

Inlet specification (permeate)

Sweep gas flow rate (m3/h) 4

Sweep gas temperature (◦C) 349.3

Sweep gas pressure (bar) 1 - 8

Reactor dimension

Bed length (m) 0.02 - 0.78

Bed radius (m) 0.0127

Tube radius (m) 0.004975

Catalyst pellet diameter (m) 0.00216

Density of catalyst (kg/m3) 2100

Catalyst reaction rate (mol/s.gcat) ri = 100.659exp

(
−88000

RT

)
P 0.9
COP

0.31
H2O

P−0.156
CO2

P−0.05
H2

(
1− PCO2PH2

KeqPCOPH2O

)
Membrane specification

Type of membrane Pd-Ag23 wt% membrane

Membrane thickness 0.1 mm

Membrane permeability 2.783× 10-3exp

(
−22028

RT

)
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5.4.4 Case study 2: Results and discussion

Due to some differences in model assumptions, only eleven experimental data are

extracted and used for validation in this study. Morpeth et al. (2015) used a

two-dimensional (2D) model for the simulation in their work, while in this study

one-dimensional (1D) model is used.

Figure 5.4: Model validation: parity plot of conversion data corresponding to

literature experimental data.

Based on the Figure 5.4, it can be concluded that the 1D model developed

in this study has very comparable accuracy with the 2D model developed by

Morpeth et al. (2015). Both of these models have the accuracy within ± 10%

deviation − blue line in Figure 5.4. Following this model validation, the 1D

heterogeneous model in this study is considered reliable for simulation and control

studies. It should be note that, the developed 1D model will be used in the latter

section of this study.

5.5 Summary

In recent years, a number of research works have been reported on the production

of hydrogen via WGSR in membrane reactors. It has been argued that the use

of membrane reactor can increase hydrogen production yield because it has the

capability of addressing the equilibrium limitation. This capability has resulted in

the focus on developing mathematical model in order to gain better understanding

of the reactor.
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• A 1D heterogeneous reactor model with salient features where all properties

are taken as functions of temperature and pressure, also known as non-ideal

properties, has been developed. The reason for this improvement is that

the pressure and temperature vary along the membrane reactor. Thus, all

property values vary across the reactor.

• For simplicity and computational efficiency, the multi-tubular reactor is di-

vided into 10 segments of equal volume. Each segment is represented by a

set of ODEs. The conversion of PDEs into ODEs reduces computational

time and complexity of the model simulation, while maintaining the accu-

racy of the model prediction.

• The 1D model has a very comparable accuracy with a 2D model of Morpeth

et al. (2015). It should be noted that, the 1D model in this study has the

advantage of computational efficiency over the more complex 2D model.

• It is important to note that, a computational efficiency reactor model which

has both the accuracy and robustness is efficient, especially for the usage in

optimization and control development stages. The validated 1D model in

this chapter will be used in the subsequent parts of the study as reported

in Chapters 6 - 8.

• The model presented in this chapter has been used in paper published in

Computer Aided Chemical Engineering 2016. 1

1Optimization of Economic and Operability Performances of Water-gas Shift Membrane

Reactor. Computer Aided Chemical Engineering, Elsevier 38: 847-852.

106



Chapter 6

Economic Assessment of

WGSR-MR

6.1 Overview

The heterogeneous one-dimensional membrane reactor model developed in Chap-

ter 5 is adopted for the simulation study in this chapter. In this chapter, a few

new process flowsheet designs of water-gas shift reaction in a membrane reactor

(WGSR-MR) system are developed. For practicality, all process flowsheets in-

volved include several other units in addition to the membrane reactor. The other

units involved in the flowsheets are compressors and heat exchangers. Compared

with most of the previous studies which focused only on the membrane reactor

unit, the present study is more rigorous and practical as it addresses several inter-

linked units with both mass and energy recycles. Note that, these proposed flow-

sheets can serve as a basic guideline for the development of WGSR-MR systems.

Each of the total four WGSR-MR flowsheets are evaluated on detailed economic

assessment. An economic assessment of the process flowsheets of WGSR-MR

system is performed via the net present value (NPV) as the economic criterion.

The NPV of these flowsheets is calculated by taking into account the detailed

calculations of capital and production costs. The highest NPV flowsheet is then

used for future parametric economic assessment. The reason for conducting the

parametric economic assessment is to identify the critical parameters affecting the

flowsheets. It is important to note that, the use of these critical parameters is able

to reduce the computational effort in the optimization process. The rest of this

chapter is laid down as follows. Section 6.2 discusses on the designs of WGSR-MR

process system flowsheets coupled with detailed economic calculation of capital
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and production costs on each process flowsheet. This section identifies the main

process flowsheet (highest NPV) to be used in the rest of the study. Meanwhile,

section 6.3 covers the results and discussion of the parametric economic assess-

ment. It is concluded in this section that retentate temperature, permeate and

retentate pressures have significant effects on the NPV of the system under study.

6.2 WSGR-MR Network System Design

Process synthesis and development of a flowsheet usually has been carried out in

a sequence of hierarchical steps. The most common design hierarchy in chemical

engineering process design is known as an onion diagram (Towler and Sinnott,

2012). Note that, the reality of process development in the industry is usually

more complicated than the theoretical onion diagram design. Therefore, a new

approach is suggested by Towler and Sinnott (2012), which combined Douglas hi-

erarchy (Douglas, 1988), and onion diagram. Figure 6.1 adopted from Towler and

Sinnott (2012) shows the procedure used in this study to develop the candidate

flowsheets. These flowsheets are evaluated based on their economic performance

in order to choose the most economical flowsheet. Next, the most economical

process flowsheet will be used in parametric study. Finally, the chosen process

flowsheet will be used in process optimization and process control development.

6.2.1 WGSR-MR process flowsheet

Four different process flowsheets for WGSR-MR system have been developed

following the procedure shown in Figure 6.1. Please note that, the scope of this

study is limited to these four configurations. Bear in mind that, in reality the

configurations of WGSR-MR systems are not limited to only these four flowsheets.

Some of the steps in Figure 6.1 have been combined due to membrane reactor unit.

For example, reaction and separation procedure are now combined into one single

step. However, the overall process flowchart for the WGSR-MR system design is

still based on the fundamental procedure. Figure 6.2 shows four different process

flowsheets of WGSR-MR system.

Figure 6.2 (a) shows a possibility of recycling both permeate side sweep gas

and also retentate product, which contains un-reacted CO and H2O. The reason

a heater is placed at the inlet of the membrane reactor is to heat up the incoming

water to the same temperature as the feed syngas. A cooler is used to reduce

the temperature of the inlet permeate. Both of the recycled streams experience
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temperature increases due to exothermic reaction and air compression. As for

Figure 6.2 (b), this flowsheet is similar to process flowsheet shown in Figure 6.2

(a) except for the non-existence of air compressor in the permeate side.

In Figure 6.2 (c), only permeate stream is recycled back to act as permeate

sweep gas. The outlet of the retentate stream is stored in a storage tank for

further usage. The idea is to explore the possibility of cost saving without the

addition of air compressor at the recycled retentate stream which can be seen in

the flowsheets in Figure 6.2 (a) and (b). Figure 6.2 (d) has similar configuration

to the design in Figure 6.2 (c) but with slight amendment in the inlet of MR. A

heat exchanger is used to replace the heater in Figure 6.2 (a), (b), and (c). Due

to the exothermic nature of the process, the high temperature effluent exiting the

reactor acts as a heating utility in the heat exchanger.

6.2.2 Carbon capture and storage

Note that, the exit retentate stream from the membrane reactor in all the process

flowsheets contain high percentage of CO2. Hence, a proper strategy of carbon

capture is needed to minimize the emission of CO2 which have impact both

socially and environmentally. Emission of carbon dioxide (CO2) has become a

major concern of society because it contributes to increase in the greenhouse gas

level. So, CO2 contributes to the risk of climate change. In 2006, the emissions of

CO2 from industry and petroleum refineries, directly and indirectly, reached 11

Gt CO2. This has accounted for about 40% of total global emissions (Kuramochi

et al., 2012). To address this issue, CO2 capture and storage (CCS) has been

recognized as a promising opportunity to reduce CO2 emissions. Thus, CCS can

mitigate global climate change together with other efforts in implementing and

discovery of energy efficient technologies, renewable energies and nuclear power.

In a post-conversion capture, CO2 is separated from the waste gas stream

only after the conversion of carbon source to CO2. This option has been applied

in various industries through different post-conversion capture methods, such as

absorption by chemical solvents, adsorption by solid sorbents, membranes and

cryogenic separation and pressure or vacuum swing adsorption (Cuéllar-Franca

and Azapagic, 2015).

Meanwhile, a pre-conversion capture involves separation of CO2 which is pro-

duced as an undesired intermediate by-product of a conversion process. Pre-

conversion capture has been mainly applied in an integrated gasification com-

bined cycle (IGCC) power plant where CO2 must be separated from hydrogen.
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The separation technology includes absorption by physical and chemical solvents

as well as by porous organic framework membranes (Cuéllar-Franca and Azapagic,

2015).

Lastly, the oxy-fuel combustion requires the combustion process in which the

fossil fuel is burnt with pure or enriched oxygen. This option is expensive since

it requires separation of a pure source of oxygen from air.

The CO2 removed from the industry or utility plants is later compressed and

shipped or pipelined to be stored in secure reservoirs, such as stored in under-

ground, ocean and as a mineral carbonate (Kuramochi et al., 2012). To date,

instead of CO2 storage, the CO2 captured can be reused as commercial products

either directly in the food industry and enhanced oil recovery (EOR) or conversion

into chemicals or fuels (Cuéllar-Franca and Azapagic, 2015). Recently, microal-

gae cultivation has been adopted as a mean to capture CO2. The cultivated

microalgae can be used for the production of biofuels.

Due to the diversity of processes in industries, various separation technologies

have been developed to ensure compatibility with the need of an industrial pro-

cess. Among the different types of separation technologies, chemical absorption

is the most matured and preferable capture technology but it is considered mod-

erately economical and efficient compared with some new commercially available

technologies (Kuramochi et al., 2012). Currently, separation by membranes has

become more attractive although most membranes are still in the development

phase (Kentish et al., 2008; Kanniche and Bouallou, 2007). Membrane systems

are now being explored mainly because they offer fundamental engineering and

economic advantages in terms of flexibility, reliability, modularity and generally

lower, or, at least, comparable requirement of energy intensity with that of the

conventional absorption. Several studies have focused on the use of a membrane

reactor employing a H2 selective membrane with the incorporation of dry metha-

nation reaction technology for the carbon capture and reuse purposes. While car-

bon capture, storage and reuse are not in the scope of this study, it is nevertheless

important to have some detailed understanding of this proposed technology; see

Appendix B.

6.2.3 Economic evaluation

A detailed economic evaluation is carried out on each of the four WGSR-MR flow-

sheets. Capital investment and total product costs are included in the detailed

economic evaluation. The aim of this study is to choose the most economical
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Table 6.1: The specifications for economic evaluation of an industrial-scale mem-

brane reactor

Parameters specifications Values

Total inlet flow rate to the MR (mol/s) 9575.2

Feed composition (%) CO:17.25, CO2:9, H2:22, H2O:51.75

Retentate temperature (0C) 350

Permeate temperature (0C) 450

Retentate pressure (atm) 40

Permeate pressure (atm) 7

Sweep gas to feed flow rate ratio 0.1

Concentration of H2O to CO ratio 3.0

Length of membrane reactor (m) 9.525

Diameter of membrane reactor (m) 1.25

Diameter of membrane reactor tube (mm) 20

Diameter of catalyst particle (mm) 6

Catalyst kinetics rCO = kP a
COP

b
H2O

P c
CO2

P d
H2

(1− β)

k = 100.659±0.0125 exp
(−88±2.18

RT

)
a = 0.9± 0.041

b = 0.31± 0.056

c = −0.156± 0.078

d = −0.05± 0.006

Membrane permeance (m3/[m2.h.atm0.5) 38.94

(highest NPV) process flowsheet. After the most economical flowsheet is identi-

fied, the optimization and control studies will be conducted on the flowsheet.

Please note that all of the flowsheets are simulated based on the conditions

of an industrial-scale load specifications given in Table 6.1. Some of the process

specifications are obtained from the work of (Koc et al., 2014).

Table 6.2 shows the detailed breakdowns of capital cost calculation while

Table 6.3 shows the detailed breakdowns of production cost calculation for the

four process flowsheets in Figure 6.2. The costs are calculated and recorded in

$USD millions.

Methods used for estimating other costs such as purchased equipment, raw

material and utilities are discussed in Appendix C. All data for the purchased cost

is obtained from Turton et al. (2012). Since this data was obtained from a survey
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of equipment manufacturers in 2001, so an average value of Chemical Engineering

Plant Cost Index (CEPCI) of 397 is used. It is better to use the composite

indices published for various industries in the trade journals. The choice of the

index to use is based upon industrial types. For a general construction, the

Engineering News Record (ENR) Index is the most recommended. This index

may be found weekly in Engineering News Record. An engineer in the petroleum

or petrochemical business might find the Nelson Farrar (NF) Index to be the

most suitable. This index is published in the first issue each month of the Oil and

Gas Journal quarterly. In the chemical process industries, either the Chemical

Engineering (CE) or the Marshall Swift Index (M&S) is recommended. These

indicators can be found in Chemical Engineering under Economic Indicators.

Although these latter two indexes have different bases, both of them give similar

results (Towler and Sinnott, 2012). As a rule of thumb, cost indexes are accurate

over a 4 to 5 year period at best (Lozowski, 2012). In this study, CE index of

year 2013 is used as it is the most current CE index that is publicly available

(Bailey, 2014).

In order to determine the best flowsheet, NPV economic criterion is used

in this study. Note that, other economic measures such as payback period and

return of investment (ROI) are not able to capture the time dependence of cash

flows during the project lifetime. The timing of cash flows is very important as

not all the capital must be financed immediately. In this study, the NPV-model

relies on the standard calculation on the difference between gross present value

(GPV) of future net cash flows and the initial total capital investment (TCI) as

shown in equation 6.1 (Benninga et al., 2010):

NPV = GPV− TCI (6.1)

where GPV is defined as the sum of the discounted stream of net cash flows over

the WGSR-MR system lifetime (Turton et al., 2008):

GPV =
n=t∑
n=1

CFn
(1 + i)n

(6.2)

where CFn is the cash flow after tax in year n, t is the project life in years and i

represents the nominal discount rate. A fixed value of 16% of nominal discount

rate is used in this study, i.e., based on the most likely value for a process syngas

plant (Ma et al., 2015).

The net present value is always less than the total future worth of the project

because of the discounting of future cash flows. The NPV is a strong function of
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the interest rate used and the time period of study. Note that, NPV10 denotes

the NPV over a 10-year period. Among the four process flowsheets, the one in

Figure 6.2 (d) shows the highest NPV as shown in Table 6.4. This is due to

the fact that, with a heat exchanger installation instead of a heater, the cost

can be reduced. Consequently, this process flowsheet shows a better NPV at the

baseline conditions compared to other flowsheets. Thus, this process flowsheet

will be adopted for the process optimization study in the next section, i.e., the

parametric study.

Table 6.4: NPVs for the four process flowsheets

Economic assessment Figure 6.2 (a) Figure 6.2 (b) Figure 6.2 (c) Figure 6.2 (d)

Total capital investment (TCI) 332.1 329.9 329.9 303.4

Gross present value (GPV) -127.6 -126.6 -130.5 -121.0

Net present value (NPV10) -608.8 -604.5 -613.0 -565.7

Note: All units are in $USD millions. The time period used in this study is 10 years.

6.3 Parametric Study On Economic Performance

of WGSR-MR

Several researchers studied the effects of operating and design parameters on the

membrane reactor performance criteria, i.e., percentage conversion and hydrogen

recovery. Note that in this study, the effects of parameters on the economic per-

formance of WGSR-MR are evaluated. The study aims to identify the parameters

that have significant effects on the economic performance, i.e., NPV of the whole

system. It is interesting to point out that, even if a parameter has positive effect

on membrane reactor performance (e.g., percentage conversion) it does not nec-

essarily has the same effect on the NPV of the process plant. This is because the

change in that particular parameter might induce extra costs in terms of capital

and/or production costs. To resolve potential conflicts among different parame-

ters, this parametric study identify the lower and upper limits on the operating

conditions of the whole process system. Identifying these constraints are impor-

tant as to provide the boundary conditions during the process optimization. In

the process optimization, the parameters which are deemed having strong effects

on the economic performance will be used as the decision variables.
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In this study the parameter under study are categorized into operating pa-

rameters and design parameters.

Operating parameters for the WGSR-MR include:

a) Pressure of retentate and permeate.

b) Temperature of retentate and permeate.

c) Sweep gas to feed flow rate ratio.

d) Steam to CO concentration ratio.

The design parameters for the WGSR-MR include:

a) Reactor length and diameter - increase in length and diameter increase the

CO conversion but it will also increase the capital cost.

b) Tube diameter - Smaller tube diameter leads to larger number of tubes and

in return gives higher permeability but can cause high pressure drop.

c) Diameter of catalyst pellet - large pellet size leads to reduced pressure drop

but increases in the mass-heat transfer resistances. Increase in mass-heat

transfer resistance can reduce the overall reaction kinetics.

Previously, some studies were conducted to identify the parameters affecting

the performance of membrane reactor. However the effects of these parameters

on the NPV of the WGSR-MR system are still unknown. It is important to note

that in this parametric study, the effect of these parameters are plotted against

the normalized (index) length of the membrane reactor (MR). Index length is a

dimensionless number where it is normalized by:

Index length =
Lj
Lt

(6.3)

where Lj (m) is the jth sub-division length of the reactor and Lt (m) is the total

length of the reactor which is 9.525m.

6.3.1 Effect of retentate temperature

Due to the exothermic nature of the WGSR, a high inlet temperature might

result in the exit reactor temperature exceeding a threshold limit above which the

catalyst starts to deactivate seriously. Violating the limit of the high temperature
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Figure 6.3: Equilibrium solubility isotherms of PdHn for bulk Pd at different

temperatures (inset figure: low pressure region).

can damage both the catalyst and Pd-based membrane tubes. Furthermore, a

runaway reaction might happen and cause reactor explosion in the process plant.

A runaway reaction is the term used to describe a phenomenon where the reaction

temperature increases rapidly without bound (unstable behaviour), i.e., when

the temperature passes the point where the heat generation is larger than heat

removal. This runaway reaction can cause reactor explosion or serious damage to

the reactor involved.

Note that, Pd-based membranes have a minimum and maximum working

temperatures. For a pure Pd-based membrane, the working temperature should

be higher than 3000C to avoid the nucleation of β-hydride from the α-phase

(Basile et al., 2011) − see Figure 6.3 adopted from (Koc, 2012). The nucleation

of β-hydride can cause severe lattice strain and results in the embrittlement of

membrane which in turn leads to loss in membrane selectivity. However, for a Pd-

alloy such as Pd−Ag, Pd−Cu and Pd−Au membranes, the critical temperature

for the α−β phase transition is below 3000C. The maximum temperature of these

membrane can go up to 900 0C (Basile et al., 2011).

As shown in Figure 6.4, the adiabatic membrane reactor model is simulated

using a retentate inlet temperature in the range of 250 to 4500C. Note that, as

the inlet temperature increases, so also the NPV - this trend is due to faster

reaction kinetics at higher temperature. Also, it can be seen that for a given

inlet temperature, the NPV increases with the length of the reactor - increase in

length leads to increase in the CO conversion to H2. The question now is that,

119



how high could the inlet retentate temperature be before one expect damages

to the catalyst and membrane material? To answer this question, one needs to

examine the exit reactor temperature corresponding to a given inlet retentate

temperature. By simulation, it is found that the maximum inlet temperature

is up to 4500C as increasing above this temperature will lead to violation of

the maximum working temperature of the membrane. Based on the studies by

some researchers, e.g., (Adrover et al., 2009a; Chein et al., 2013; Morpeth et al.,

2015; Caravella et al., 2016; Fernandez et al., 2016; Adrover et al., 2016), the

higher the inlet temperature the better the conversion - this is confirmed in the

simulation study mentioned above. Note that, a higher conversion is accompanied

by increase in production cost and capital cost, i.e., increase in equipment sizing.

Thus, the effect of this parameter (positive or negative) on the NPV of this

WGSR-MR system should be investigated.

Figure 6.4: Effect of inlet temperature on NPV.

Note that, the negative NPV presented in this parametric study is due to the

NPV value of the chosen flowsheet. In the current situation, negative NPV is

due to a high production cost. As illustrated in Figure 6.4, when the operating

inlet retentate temperature is close to 2500C, the NPV of this system shows lower

values due to low reaction kinetics limitation. Through simulation, it is found

that the minimum working temperature of the shift catalyst should be about

3000C. Notice that (Figure 6.4), there is a steep increase in the NPV for this feed

temperature at the reactor index length of 0.9.
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For higher (above 2500C) inlet retentate temperature, a steady increment

of NPV along the reactor length is observed. From the parametric study of

the WGSR-MR system, one can conclude that higher reaction temperature can

produce higher profit margin. This is shown by an increase of 33.75% in NPV

(calculated at x = 0.1) when the inlet temperature increases from 250 to 4500C.

However, high inlet temperature may lead to a possibility of accident due to

run away reaction. Thus, an optimum inlet temperature considering both profit

margin and process safety must be identified for this process - this will be done

via optimization of the system in the next chapter.

Effect of permeate temperature

The economic performance of the WGSR-MR system is also evaluated under a

wide range of permeate temperature (350 - 5500C). In the simulation to investi-

gate the effects of permeate temperature, the inlet retentate temperature is fixed

at 3500C and the specifications in Table 6.1 are used. The range of permeate

temperature is varied within lower and upper bounds of the membrane working

temperature, i.e., see Section 6.3.1.

According to equation 5.9, the rate of change of retentate temperature is a

function of permeate temperature. The decrease in permeate temperature sug-

gests a decline of retentate temperature due to enhanced process heat transfer

from the retentate to permeate side. Since the WGSR is by nature an exother-

mic reaction, the decrease in reaction temperature shall result in the reduction

of rate of reaction. Hence, lowering the inlet permeate temperature will reduce

the hydrogen production.

From the simulation study, it is discovered that the change in permeate tem-

perature has insignificant effect on the cost of the WGSR-MR system− see Figure

6.5. Although the result implies that this parameter has little influence on the

cost margin of this system, the interactive effects of permeate temperature with

other parameters could be significant. Hence, it is still worth investigating the

interactive effects. The rise of permeate temperature from 350 - 5500C shows

slight increment of NPV (3.1%) due to the increment of hydrogen production.

However, the elevation of the production is little compared to the overall cost.

6.3.2 Effect of retentate pressure

In the WGSR-MR, other than the reaction temperature, parameters such as the

retentate and permeate pressure can be used to enhance the hydrogen recovery
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Figure 6.5: Effect of inlet permeate temperature on NPV.

level. According to Sieverts law - see equation 5.6, the trans-membrane pressure

plays an important role in determining the permeability of hydrogen through

the membrane. Unlike in the traditional packed bed reactors, the retentate side

pressure has a powerful effect on the hydrogen recovery. As reported in the work

of Boutikos and Nikolakis (2010) and Morpeth et al. (2015) a large difference in

retentate and permeate pressures shall induce high hydrogen permeability.

In this study, the WGSR-MR system model is evaluated under a reaction

side pressure range of 30-50 atms. The highest retentate pressure is limited to

50 atms as higher than this causes difficulty in membrane reactor fabrication

(Mendes et al., 2010).

Referring to Figure 6.6, there is an increase of 37.5% in NPV when the pressure

increase from 30 to 50 atms. This is due to the increase in the driving force

for the hydrogen permeation by raising the reaction pressure. This leads to

an enhancement of the hydrogen flux through the membrane, i.e., increase in

hydrogen recovery. Hence, increasing the growth in profit margin. It is interesting

to note that, the NPV of the system can be increased dramatically by using

higher reaction pressure. Unfortunately, a drawback is that the higher pressure

used will demand a greater amount of work by the compressor, which may lead

to an unacceptably high electricity cost. Despite higher reaction pressure can

give larger profit margin, one needs to be careful not to use excessively high

reaction pressure which can trigger potential hazards such as, membrane tube
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Figure 6.6: Effect of inlet retentate pressure on NPV.

cracking and difficulties in process control. Thus, an optimum retentate pressure

that considers trade-offs between both cost and safety of the plant should be

optimized.

6.3.3 Effect of permeate pressure

As mentioned earlier in the Section 6.3.2, partial pressure difference between

retentate and permeate is responsible for the enhancement of hydrogen recovery

and CO percentage conversion. The partial pressure of the trans-membrane can

be increased via several ways, such as by increasing the retentate side pressure and

decreasing the permeate side pressure. Another way is to reduce the permeate

side pressure via the sweep gas in permeate side. An extra separation unit is

needed at the end of the permeate side if other than hydrogen is used as the

sweep gas (i.e., nitrogen or argon gas). In this study, hydrogen gas is used as the

sweep gas in order to obtain high purity hydrogen without additional separation

units. It is assumed that there is no reverse diffusivity of hydrogen to retentate

side due to a steep gradient difference across the membrane walls.

According to previous works such as in (Koc et al., 2011; Maŕın et al., 2012;

Hla et al., 2015), it has been observed that by reducing the permeation pressure, it

is possible to achieve a higher hydrogen yield. In this study, a permeate pressure in

the range of 5-9 atms is applied in order to investigate the effect of this parameter
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on the NPV of the WGSR-MR system. The lowest permeation pressure is set to

be 5 atms since a pressure lower than this can result in an exit pressure below the

atmospheric pressure (1 atm). Consequently if this happens, special materials

are needed to construct the membrane reactor that operates at pressure lower

than 1 atm. Hence, extra costs will be incurred due to the use of some specific

materials.

Figure 6.7: Effect of inlet permeate pressure on NPV.

It can be observed that decrease in permeate pressure leads to higher NPV

values - depicted in Figure 6.7. A low permeate pressure produces higher profit

margin, for example, an increase of 19.2% in NPV when the permeate pressure

decreases from 9 atms to 5 atms. This is due to two reasons, (1) higher hydrogen

yield due to larger trans-membrane pressure (increase in revenue) and (2) lower

compressor power requirement and hence lowering electricity cost (decrease in

operational cost). Although lower permeate pressure results in better hydrogen

recovery, it can cause some operational hazard such as the collapse of the mem-

brane tube. Thus, an optimum permeate pressure has to be considered for safety

reason.

6.3.4 Effect of sweep gas to feed flow rate ratio

Sweep gas is used to decrease the permeation side partial pressure so to increase

the flow of hydrogen from reaction side to permeate side. The sweep gas flow rate
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promotes turbulence in membrane reactor tube which in turn reduce the partial

pressure in the membrane tube. Cornaglia et al. (2013) found that an increase

in sweep gas flow rate leads to slight improvement in hydrogen permeation due

to the reduction of partial pressure in the permeate side. The benefit of using

sweep gas was confirmed in Dong et al. (2015) where similar trend was observed

in higher permeation flux due to sweep gas flow rate. However, Mendes et al.

(2010) discovered that an increase in sweep gas to a certain value can lead to a

small temperature decrease on the outer surface of membrane, which leads to the

decrement of the H2 permeability (Arrhenius law).

Figure 6.8: Effect of sweep gas to feed flow rate ratio on NPV.

The effect of sweep gas to feed flow rate ratio on the NPV for a range of 0.05

to 0.2 is explored. Larger sweep gas flow rate induces great pressure drop and

causes process hazard (cracking in membrane tube and sintering in membrane).

Thus, the maximum limit of the ratio is set to be 0.2. As illustrated in Figure 6.8,

as the ratio increases from 0.05 to 0.2, the NPV decreases by 3.8%. Although

bigger ratio leads to increase in hydrogen recovery, it also causes increase in

electricity consumption by compressor. The gain in profit margin generated by

hydrogen production is lower than the production costs due to increase in capital

and operating costs. Thus, smaller ratio of sweep gas is preferred.
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6.3.5 Effect of steam to CO concentration ratio

Excess steam is always fed to the membrane reactor to enhance the reaction as

well as to regulate the reaction temperature. The rise of temperature due to heat

generated can easily cause the exit reactor temperature to be higher than 9000C.

An efficient way to control the reaction temperature is by controlling the excess

steam in the feed. Although increase in excess steam tends to produce lower

reaction temperature, it has a negative impact on hydrogen recovery. Based on

the studies conducted by (Chen et al., 2017; Baloyi et al., 2016; Basile et al.,

2015; Chein et al., 2013), it was observed that an increase in steam to CO (S/C)

ratio decreases the hydrogen permeability. The reason for this is the inhibiting

nature of excess steam on the permeation through the membrane. At lower S/C

ratio, the partial pressure of steam is low and leads to increase in partial pressure

of H2. As a result, H2 permeation rate is enhanced, thereby, higher hydrogen

yield is achieved.

Figure 6.9: Effect of H2O to CO concentration ratio on NPV.

It is interesting to study the impact of H2O to CO ratio on the WGSR-MR

system. The result obtained is plotted in Figure 6.9. It is observed that an

increase of NPV by 30.8% can be achieved by decreasing the S/C ratio from 4

to 2. Furthermore, the decrease in S/C ratio is equivalent to a reduction of total

cost due to lower raw material and equipment costs. Although lower S/C ratio is

beneficial in terms of reducing cost of the system, too low steam injection can lead
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to reverse shift of the equilibrium. A reverse shift can only happen in a reversible

reaction. When the concentration of the product is higher than the concentration

of reactant, a reverse shift of equilibrium occurs. Thus, an optimum S/C ratio is

needed to ensure smooth and safe operation of the system.

6.3.6 Membrane reactor length

In a non-isothermal membrane reactor, the reaction temperature throughout the

membrane reactor is critically affecting the safety of the whole process. Exces-

sively high temperature can lead to runaway reaction, membrane thermal cracking

and catalyst deactivation. Note that, in an adiabatic membrane reactor, the tem-

perature progressively rises along the reactor. Additionally, increase in membrane

reactor brings increment in conversion and hydrogen production. This trend has

been observed in previous studies of (Uemiya et al., 1991; Ma and Lund, 2003;

Barbieri et al., 2005; Ghasemzadeh et al., 2016).

Figure 6.10: Effect of membrane reactor length on NPV.

Similar trend as in the works of (Barbieri et al., 2005; Ghasemzadeh et al.,

2016) is observed as depicted in Figure 6.10. With 40% increase in membrane

reactor length, an increase of 27.6% in the NPV can be attained. Even though

the increment in membrane reactor length will increase capital cost (due to larger

membrane surface area and equipment costs), the production of hydrogen shows

a steeper increment compared with the rise of capital cost. Note that, longer
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membrane reactor gives higher NPV but this can lead to some process hazards.

Longer membrane reactor means a longer process reaction time. This leads to

substantial transport delay as the reactor gets longer. Transport delay can cause

difficulty in controlling the process when subjected to disturbances. Furthermore,

longer reactor results in larger pressure drop which causes membrane tube crack-

ing and other process difficulties. Hence, an optimum reactor length should be

considered for this WGSR-MR system design.

6.3.7 Membrane reactor shell diameter

In this study, the membrane reactor is designed as a shell and tube reactor - anal-

ogous to heat exchanger shell-and-tube design. The size of the membrane reactor

shell plays an important role as the size determines the number of membrane

tubes. A larger number of membrane tubes increases hydrogen recovery due to

larger surface area of membrane. However, larger membrane surface area leads

to higher membrane reactor purchased cost. It is important to note that, a larger

diameter of membrane reactor can be susceptible to the presence of temperature

hot-spot in the membrane reactor due to inefficiency of process heat transfer from

the reaction side to the permeate side.

Figure 6.11: Effect of diameter of membrane reactor on NPV.

As shown in Figure 6.11, NPV increases as the reactor diameter increases in

the range of 0.5 to 1.5 m. An increase of 74.5% in NPV is noted with the increase
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from minimum to maximum of the reactor diameter. Even with the large amount

of increase in NPV, a safe and preferably optimum reactor diameter is still needed

for this WGSR-MR system.

6.3.8 Membrane reactor tube diameter

To the best of our knowledge so far, there has been no work published on the

effect of membrane reactor tube diameter on the WGSR-MR performance. Hence,

it is interesting to investigate the effect of membrane reactor tube diameter on

the NPV of WGSR-MR system. Bear in mind that, the total surface area of the

membrane depends on the tube diameter and number of tubes. Larger number of

tubes give higher hydrogen permeability - bigger membrane surface area. On the

other hand, small diameter of membrane reactor tube can cause large pressure

drop and contributes to process hazard in the system.

Figure 6.12: Effect of membrane reactor tube diameter on NPV.

In this simulation, the tube diameter is obtained from the commercially avail-

able tube sizes. From Figure 6.12, membrane tube diameter has insignificant

effect on the NPV of the system. It is observed that large membrane tube di-

ameter presents higher amount of NPV - increase of 3.1% when tube diameter

increases from 18 to 22 mm. The slight increment of NPV as with the increase of

tube diameter is due to difference in pressure drop. A bigger tube diameter has

lower pressure drop compared to a smaller tube diameter. Thus, a smaller tube
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diameter leads to cost increment. However, the difference in the cost increment

is tiny.

6.3.9 Catalyst pellet diameter

This parameter has been scarcely explored by researchers which could be partly

due to limitation of catalyst pellet sizes available commercially. The change in

catalyst pellet size affects pressure drop in the retentate side - see equation 5.7.

The pressure drop calculation is a function of 1
dcat

, where dcat refers to diameter

of the catalyst pellet. Thus, a small catalyst pellet size has the ability to induce

large pressure drop.

Figure 6.13: Effect of catalyst pellet size on NPV.

In this study, a set of commercial catalyst pellet sizes which are limited to a

range of 4 - 8 mm (Koc et al., 2014) is used. It is interesting to note that, larger

pellet size results in higher NPV as depicted in Figure 6.13. An increase of 3.6%

in NPV is observed with the increment of pellet size from 4 to 8 mm. The reason

of this NPV increment is due to the decrease in capital (decreased in amount of

catalyst purchased) and production (decreased in electricity) costs.

6.3.10 Discussion of parameter effects

Based on the overall economic assessment of all the parameters mentioned above,

it can be concluded that retentate temperature, permeate pressure and retentate
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pressure have significant effects on the NPV of the system under study. In order

to identify which parameters should be included in the next process optimization,

a percentage change of NPV is used. The percentage change of NPV is calculated

based on the maximum and minimum NPV obtained over the range of a given

parameter as given in equation 6.4:

NPVN percentage change =
NPVN,max −NPVN,min

NPVN,max
× 100 (6.4)

where NPVN,min and NPVN,max represent the minimum and maximum of the

NPV for a parameter N . Meanwhile, the percentage change of the parameter is

given by

N percentage change =
Nmax −Nmin

Nmax

× 100 (6.5)

where Nmin and Nmax represent the minimum and maximum bounds of the pa-

rameter N .

Table 6.5: Percentage change of NPV based on each parameter range

Parameter, N N Percentage Change (%) NPV Percentage Change (%)

Retentate temperature 44.44 33.75

Permeate temperature 36.36 3.10

Retentate pressure 40.00 37.50

Permeate pressure 44.44 19.20

Steam to feed flow rate ratio 75.00 3.80

H2O to CO concentration ratio 50.00 30.80

Membrane reactor length 40.00 27.60

Membrane reactor diameter 66.67 74.50

Membrane tube diameter 18.18 3.10

Catalyst pellet diameter 50.00 3.60

Note: All percentage changed are calculated based on Equation 6.4 and 6.5.

The percentage changes are tabulated in Table 6.5. In this study, the param-

eter that has/have a NPV percentage contribution of less than 3.5% will not be

included in the next process optimization, i.e., the parameter effect is considered

insignificant which in this case are the permeate temperature and membrane tube

diameter. It is supported by the previous studies of Adrover et al. (2009a); Baloyi

et al. (2016) that the permeate temperature and membrane tube diameter had

insignificant effect towards the membrane reactor performance.
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6.4 Summary

To date, works reported on WGSR-MR mainly focused on a stand-alone unit of

a membrane reactor. However, it is important to note that a stand-alone unit’s

performance and behaviour are impractical at an industrial-scale. In a stand-

alone unit, it is difficult to grasp the interaction of other equipment towards the

performance of the membrane reactor unit. This chapter can be summarized as

follows:

• Four new process flowsheets of WGSR-MR system have been developed

using the chemical engineering process design procedure.

• To further understand each pros and cons of the process flowsheets, a de-

tailed economic evaluation based on net present values (NPV) is performed

on each flowsheet.

• It is discovered by comparing the developed flowsheets, the candidate with

a heat exchanger yield the highest NPV.

• Parametric study on the economic performance of WGSR-MR system is

conducted to choose the important parameters to be used in the optimiza-

tion process. The scrutinizing approach of the parametric study aids in the

computational efficiency of the process optimization.

• With regard to the parameter effect on NPV, if it varies less than 3.5%

then the parameter is considered insignificant and will not be considered as

a decision variable in the next chapter of process optimization.

• It should be noted that, the interaction among these parameters which

causes nonlinear behavior of membrane reactor performance (i.e., NPV of

the system). Therefore, it is important that the parameter interaction are

to be considered in the process optimization.

• The work in this chapter has been published in Computer Aided Chemical

Engineering 2016. 1

• The subsection of carbon capture in this chapter has been accepted for

publication in Chemical Product and Process Modeling 2017. 2

1Optimization of Economic and Operability Performances of Water-gas Shift Membrane

Reactor. Computer Aided Chemical Engineering, Elsevier 38: 847-852.
2Simultaneous carbon capture and reuse using catalytic membrane reactor in water-gas shift

reaction. Submitted to Chemical Product and Process Modeling.

132



Chapter 7

Multi-objective Optimization of

Steady-state and Dynamic

Performances of WGSR-MR

7.1 Overview

This chapter presents a new methodology for optimization of a WGSR-MR system

design based on the significant parameters that has been identified in the previous

chapter. Two optimization formulations are adopted: (a) single-objective opti-

mization using net present value (NPV) as a steady-state performance criterion,

and (b) multi-objective optimization considering both steady-state and process

controllability performances. The process controllability performance is quanti-

fied using v-gap metric whose value indicates whether a given design is easily

controllable or not. The market uncertainties for hydrogen and electricity prices

are forecasted using Markov-Chain Monte Carlo (MCMC) simulation. Given a

time frame of 10 years and syngas throughput of 5.8 Mtonnes annually, the re-

sults of this study show that: (a) single-objective optimization (SOO) leads to

the NPV of USD 857 millions, (b) multi-objective optimization (MOO) assuming

no market uncertainty yields NPV of USD 513 millions, and (c) multi-objective

optimization in the presence of market uncertainties gives NPV of USD 471 mil-

lions. Although the single-objective optimization leads to a larger NPV than that

of the multi-objective optimization, the reactor will be very difficult to control

under the optimal design conditions given by the former method. Noteworthy, si-

multaneous optimization of steady-state and dynamic controllability criteria can

avoid plant design with poor controllability but at a price of lower NPV. The

133



rest of this chapter is organized as follows. Section 7.2 discusses briefly on the

basic concepts and equations of the main terms (i.e., operability, uncertainty and

MCMC) used in this chapter. Section 7.3 presents a step-by-step optimization

methodology with the incorporation of the uncertainties. Meanwhile, section 7.4

covers the results and discussion of the three above-mentioned optimization ob-

jectives (i.e., SOO and MOO with/without uncertainties).

7.2 Preliminaries

7.2.1 Dynamic operability

In the work of (Vinnicombe, 2000), the authors introduced a new metric known

as v-gap metric on the space of multivariable linear time-invariant systems. V-

gap measures the metric between two systems P0 and P1. The v-gap values lie

in between 0 and 1. A small value (relative to 1) implies that any controller that

stabilizes P0 will likely stabilize P1, moreover, the closed-loop gains of the two

closed-loop systems will be similar. A v-gap of 0 implies that P0 equals P1, and

a value of 1 implies that the plants are far apart. The numerical calculation of

v-gap is as shown in equation 7.1 - 7.2 below

arcsin b(P1.K1) ≥ arcsin b(P0.K0)− arcsin δ(P0.P1)− arcsin δ(K0.K1) (7.1)

where

b(Pi, Ki) =

∥∥∥∥∥∥
[
I

Ki

]
(I − PiKi)

−1
[
Pi I

]∥∥∥∥∥∥ , for i = 1, 2...n (7.2)

whereby n is the number of perturbed plants, while K0 and K1 are controllers

designed based on P0 and P1 respectively. The interpretation of this result is

that, if a nominal plant P0 is stabilized by controller K0 with ’stability margin’

b(P0, K0), then the stability margin when P0 is perturbed to P1 and K0 is per-

turbed to K1 is degraded by no more than equation 7.1. The idea of using v-gap

is to determine the extent of difficulty of controlling a given plant design under

certain conditions. If the v-gap metric of a certain plant operation lies within

the bopt of the control system, one can easily control the plant operation. Espe-

cially for a nonlinear system such as WGSR-MR, the extent of nonlinearity can

be measured by the v-gap metric. It is desired to have a small v-gap values when
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the nonlinear system is perturbed, which implies weak nonlinearity, hence easy

to control. In this respects, it is crucial to find a set of key design and operating

conditions that contribute to weak nonlinearity for a given perturbation, i.e., due

to uncertainties.

7.2.2 Uncertainties

There are two types of uncertainties: the endogenous category which relates to

the process operating conditions, and exogenous category related to the external

environments such as product demand and prices (Mart́ın and Mart́ınez, 2015).

Uncertainty can negatively or positively affect the proper operation and market

success in any new or modified product.

In the present work, the focus is to consider market uncertainties (exogenous)

influence on the NPV calculation. Please note that, the endogeneous uncertain-

ties due to variations in the operating conditions are addressed via the v-gap

metric, i.e., the dynamic performance measure. In any given industry such as

hydrogen production, the lifetime of the product follows certain trends and sub-

jected to market demand. Therefore, market uncertainties such as selling price

of hydrogen and cost of electricity have to be taken into account in the opti-

mization. These two market uncertainties are being considered because of two

reasons. Firstly, the large usage of electricity means that changes in the cost of

electricity impose great impact on the operational expenditure. Secondly, the

selling price of hydrogen is subject to fluctuation due to varying market demand.

According to U.S. Department of Energy’s standard model for small-scale dis-

tributed hydrogen production, the price of hydrogen depends on various different

production of hydrogen (Steward et al., 2009). With these uncertainties, it is

hard to justify whether a given plant is still able to generate positive NPV if it is

to experience these market uncertainties. Hence, by incorporating uncertainties

into the optimization of the plant design, one could expect a more convincing

solution in the face of changing market environments.

7.2.3 Markov-Chain monte carlo

Markov-Chain Monte Carlo (MCMC) simulation is to find P (y|x) with given π(x).

Note that, P (y|x) denotes the uncertainty value while π(x) means probability

data. MCMC algorithm generates a number of possible solutions, hence in order

to generate one unique solution Metropolis-Hasting algorithm is generally used.
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π(x)P (y|x) = π(y)P (x|y) for all x, y ∈ Ω (7.3)

where a Markov chain (x, y ∈ Ω) is a discrete time stochastic process.

P (y|x) = Q(y|x) α(y|x) x 6= y (7.4)

α(y|x) = r(x, y) π(y) Q(x|y) ≤ 1 (7.5)

where Q(y|x) is a proposal kernel and α(y|x) ∈ [0, 1] is an acceptance probability.

Meanwhile, r(x, y) is equivalent to the minimum of the two proposed kernel.

Thus,

α(y|x) = min

{
1,
π(y)Q(x|y)

π(x)Q(y|x)

}
(7.6)

Hence, through equation 7.4 - 7.6, a value of uncertainty can be estimated.

7.3 Optimization Methodology

A newly developed algorithm for multi-objective optimization (MOO) with un-

certainties is presented in this section. Following are the steps used to construct

the optimization formulation.

Step 1: Specify performance measures. For a given process flowsheet,

specify a row vector of performance measures Ψ = [ψ1, ψ2 ... ψP ] , i.e., P number

of criteria such as the NPV, profit, v-gap, relative gain array, etc. Ψ ∈ RP .

In this study,

Ψ = [ψ1, ψ2] (7.7)

where ψ1 = NPV and ψ2 = v-gap of this system. These criteria are used to

measure the performances of the WGSR-MR system.

Step 2: Selection of decision variables UI. From the given process

flowsheet and model, select the decision variables which consist of operating and

design parameters. The selection can be made based on prior knowledge obtained

from the literature. Assume that UI ∈ Rr is a row vector with a total r number

of operating and design parameters.

UI = [u1, u2, u3 ... ur] (7.8)

where in this study a total of eight parameters are selected as the decision vari-

ables for the process optimization. The selection of these parameters are based on
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each of their economic performance presented in previous chapter - see Chapter

6.

Step 3: Determination of constrains. All constraints imposed on the

selected decision variables as well as other constraints must be identified and

their values specified. It is assumed that the decision variables are bounded as

follows

UI,min < UI < UI,max (7.9)

where UI,min and UI,max denote the lower and upper limits on UI respectively.

Step 4: Selection of baseline condition. The baseline or nominal condi-

tion represents the nominal values of operating and design parameters selected

in Step 1. The baseline condition can be selected based on the prior knowledge

obtained from previous study or literature reports. Alternatively, if one has a

process model corresponding to the desired flowsheet, numerical or simulation

study can be first conducted in order to determine a viable baseline condition.

Note that, Table 6.1 presented the proposed nominal condition for this study.

Step 5: Design of experiment (DOE). Based on the number of decision

variables, conduct DOE to determine the number of experimental or simulation

runs. These strategies were originally developed for the model fitting of physical

experiments, but can also be applied to numerical experiments. The objective

of DOE is the selection of the points where the response should be evaluated.

Most of the criteria for optimal design of experiments are associated with the

mathematical model of the process. Generally, these mathematical models are

polynomials with an unknown structure, so the corresponding experiments are

designed only for every particular problem. The choice of the design of experi-

ments can have a large influence on the accuracy of the approximation and the

cost of constructing the response surface.

A detailed description of the design of experiments theory can be found in Box

and Draper (1987), Montgomery and Myers (1995), and Montgomery (2008).

Schoofs et al. (1987) reviewed the application of experimental design to struc-

tural optimization, Ferro-Luzzi et al. (1996) discussed the use of several designs

for response surface methodology and multidisciplinary design optimization and

Simpson et al. (1997) presented a complete review of the use of statistics in design.

A factorial design is a strategy in which the decision variables, UI are varied

together, instead of one at a time. The allowable range is then identified in

between the lower and upper bounds of each variables as explained in Step 3. If

each of the variables is defined at only the lower and upper bounds (two levels),
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Figure 7.1: A 33 full factorial design.

the experimental design is called 2N fractional factorial. However, if the midpoints

are included, the design is called 3N full factorial as illustrated in Figure 7.1

If a full factorial design is applied, then the total number of runs will be 3r+1,

which includes the baseline condition (Box and Draper, 1987); the number of

perturbed simulation runs around the baseline condition is 3r. It should be noted

that, full factorial design typically is used for five or fewer variables. Other design

method such as fractional factorial design are useful as to reduce the number of

runs compared to full factorial.

Step 6: Magnitude of input perturbations. Select the magnitude of

perturbation of each decision variable. The magnitude of perturbation must be

reasonably large but must not violate any constraint imposed on that particular

variable specified in Step 3. Thus, prior knowledge of all the constraints involved

in the process design is crucial.

In this study, the magnitude of input perturbations for the decision variables

UI are given in Table 7.1. The magnitude of perturbation is determined based

on each decision variable r constraint in WGSR-MR system.

Step 7: Formation of dataset, X. Based on Steps 5 and 6, by using the

process model a series of simulation runs is conducted, i.e., 3r+1 number of runs.

For each simulation run, calculate the performance measures.

Then, a dataset,

X ∈ R(3r+1)×(r+P ) (7.10)
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Table 7.1: Real values and coded factor level of input perturbation

Variables Level (-1) Level (0) Level (1)

Retentate Temperature (0C) 252 350 448

Retentate Pressure (bar) 30.8 40.0 49.2

Permeate Pressure (bar) 5.005 6.500 7.995

Sweep gas to feed flowrate ratio 0.050 0.125 0.175

Concentration of H2O to CO ratio 2.1 3.0 3.9

MR length (m) 5.715 9.525 13.350

MR diameter (m) 1.00 1.25 1.50

Catalyst pellet diameter (m) 0.004 0.006 0.008

Note: The maximum and minimum level of the real values for each

parameters is set as closed as possible to the boundary constraints.

which 3r+1 represents the number of rows of full factorial plus baseline condition

and r + P represents the number of columns. It is assumed that all specified

performance measures are included in the dataset.

Step 8: Identification of main parameters. The principal component

analysis (PCA) is applied to the dataset X in order to identify the main decision

(i.e., from the sets of operating and design parameters) variables from the sets

of UI , which have dominant effects on the specified performance measures. With

respect to a given performance measure ψk, the corresponding set of main pa-

rameters or inputs Ud
k = {uk,1, uk,2, ...uk,m} is identified from the set of all inputs

UI = {u1, u2, ...ur} using the PCA. The set of main variables is a subset of the

set of all decision variables (Ud
k ⊂ UI where m ≤ r)

Step 9: Construction of Response Surface Models (RSMs). For a

specified performance measure, develop a RSM to capture the effects of main

parameters Ud
k on the performance measure ψk:

ψk(U
d
k ) = αk0 +

m∑
j=1

αk1,juj +
m−1∑
i=1

m∑
j=i+1

αk2,i,juiuj + εk (7.11)

where the first term, αk0 is a constant term, while the second term, αk1,j are

coefficients for linear expressions followed by the third term, αk2,i,j are coefficients

for an interactive expressions and the last term, εk represents a corrective error.

Step 10: Optimization formulation. Two types of optimization formula-
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tions: (1) Single Objective (SOO), and (2) Multiple Objectives (MOO).

For a given ψk, the SOO is written as follows

J∗k = max
Ud
k

ψk(U
d
k )

subject to Ud
k,ll < Ud

k < Ud
k,ul

(7.12)

where the Ud
k,ll and Ud

k,ul denote the lower and upper limits on Ud
k . The solution

to the SOO will be Ud
k = Ud∗

k giving an optimum value of the objective function

equal to J∗k .

Meanwhile, for the MOO formulation with P number of performance measures

J∗moo = max
Ud
moo

w1ψ1(Ud
1 ) + w2ψ2(Ud

2 ) + ...wPψP (Ud
P )

subject to Ud
moo,min < Ud

moo < Ud
moo,max

(7.13)

The set of main variables for the optimization is given by the unification of

all the sets of main decision variables

Ud
moo = Ud

1 t Ud
2 t ... Ud

P (7.14)

and an equal weightage coefficients are given for each objective functions for

representation of equal importance. Note that, the summation of the weightage

coefficients must fulfil:

w1 = w2 = ... wi, ∀i = {1, 2, ...P} (7.15)

P∑
i=1

wi = 1 (7.16)

The solutions to the MOO will be Ud
moo = Ud∗

moo giving an optimum value of

the objective functions equal to J∗moo.

Step 11: Solving optimization. The optimization problem (SOO or MOO)

is solved using the Matlab Optimization toolbox in Matlab 2014 using fmincon

solver.

Remark 7.1: In the present study, there are two performance measures: ψ1 =

NPV and ψ2 = v-gap. The performance measure consists of two parts: linear and

interactive terms of the main parameter effects. Here, αk0, αk1,j and αk2,i,j are

coefficients while εk denotes the fitting error. The size of the coefficients represent

the magnitudes of effects of the corresponding parameters or interactive param-

eters on ψk. Thus, the influences of the parameters on ψk can be quantified and
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ranked via the analysis of the RSM coefficients. The single-parameter terms or

interactive parameter terms with small coefficient magnitudes compared with the

maximum magnitude of coefficient will be discarded from the overall optimization

in Step 11.

A short summary of the optimization methodology is illustrated in Figure ??

Figure 7.2: Summary of the process of multi-objective optimization.

7.4 Results and Discussion

7.4.1 Single objective optimization - Economic analysis

Bear in mind that, the objective for this optimization formulation is to maximize

NPV of the WGSR-MR system design. Following the step 8 in the methodology,

identification of main parameters or decision variables is conducted via PCA.

This leads to identification of the main variables that affect the values of NPV.

Figure 7.3 - 7.5 show the PCA results for the combination of 8 parameters (i.e.,

3 design parameters and 5 operating parameters).
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Figure 7.3: Pareto plot based on PCA analysis towards both operating and design

parameters.

Figure 7.3 provides the detailed pareto plot whereby the plot shows that three

major components required for selecting the critical parameters that affect the

NPV of this system. Figure 7.4 shows the critical parameters that affect NPV

based on major components 1 and 2, while Figure 7.5 shows the other critical

parameters that has similar effect on NPV but is based on major components 1

and 3. These two plots are shown instead of a 3-dimensional figure for ease of

understanding and clarity of the critical parameters.

By combining both Figure 7.4 and Figure 7.5, one can see that NPV is directly

correlated with all 8 parameters (these parameters either on the same quadrant

as NPV or opposite quadrant, i.e., 2 & 4 quadrants in Figure 7.4 and 1 & 3

quadrants in Figure 7.5). However, only few parameters have large impact on

NPV (based on their individual scores - see Figure 7.4 and 7.5). These parameters

are retentate temperature, retentate pressure, permeate pressure and H2O to CO

concentration ratio. While the other 4 parameters have relatively less influences

on NPV. Nevertheless, all 8 parameters are still used in the optimization due

to their substantial effects on NPV. Furthermore, a RSM is constructed in this

study to validate the results obtained by PCA. Also the RSM will be used later

in the optimization.

Optimization SOO-1 is done based on SOO formulation explained in equation

7.12 which considers αk0 and αk1,j only. While Optimization SOO-2 is based on

equation 7.12 which takes into account both linear and interactive terms, αk0, αk1,j

and αk2,i,j. Table 7.2 shows the optimization result based on these two different
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Figure 7.4: PCA analysis based on principal components 1 and 2.

Figure 7.5: PCA analysis based on principal components 1 and 3.
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optimization.

Table 7.2: Optimization results for both operating and design parameters based

on economic performance

Variables Optimization SOO-1 Optimization SOO-2

Membrane reactor length (m) 5.715 9.525

Membrane reactor diameter (m) 1.00 1.25

Catalyst pellet diameter (m) 0.004 0.008

H2O to CO concentration ratio 4.0 2.0

Steam to feed flow rate ratio 0.05 0.05

Retentate temperature (K) 250 450

Retentate pressure (bar) 30.0 50.0

Permeate pressure (bar) 8.0 5.0

Net present value -8.17 × 108 8.57 × 108

v-gap metric 0.174 0.512

Note: Net present value (NPV) is in $USD. This optimization only consider

NPV and not v-gap metric.

Based on the optimization results in Table 7.2, it is obvious that parameters

interaction plays an important part in optimization especially if it involves large

number of parameters. The effect of parameters interaction is not as significant

if the number of individual parameters is small. When the number of individual

parameters increases, the number of parameters interaction will increase exponen-

tially. Hence, while some of the parameters interaction terms maybe insignificant,

other terms may have significant impact on NPV. In view of such behaviours of

parameter interactions, one should not neglect the effect of combined parameters

effects when there are more than four parameters under study. On top of that,

the results shown in Table 7.2, prove that the four main parameters mentioned

in PCA results have more significant effects on NPV (i.e., higher percentage

changes).

The result obtained through optimization SOO-2 clearly shows that the maxi-

mum NPV is achieved at the constraints of every operating parameters. However

for design parameters, the highest NPV is achieved somewhere near the middle

of the constraint window such as, near the middle between the upper and lower

limits of membrane reactor length and membrane reactor diameter - see Table
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7.1. In order to prove the validity of this result, a RSM plot for the membrane

reactor length and diameter versus NPV is generated.

Figure 7.6: Effect of MR length and diameter towards NPV.

Figure 7.6, shows the effects of MR length and diameter on NPV. It shows

that the highest peak of NPV is located near the middle of these two parameters.

Hence, the results obtained in Table 7.2 is verified.

7.4.2 Multi-objective optimization - Economic and con-

trollability

One of the main reason to combine both economic and dynamic operability into

optimization, J∗moo, is to determine an optimal balance between economic and

dynamic operability. The optimization objective serves to maximize NPV while

to ensure the system can be controlled effectively. In some cases where the opti-

mization objective is to achieve optimum NPV value, the resulting design can be

very difficult to control, i.e., poor controllability.

Figure 7.7 below illustrate the idea of bopt (red coloured circle) and the im-

portance of v-gap metric in identifying the robust plant operating conditions. If

the worst v-gap either coming from upper or lower perturbation is greater than

bopt, it means that the system will behave as highly non-linear when encountering

the disturbances. However, if even the worst case v-gap is within the area of bopt

as shown in Figure 7.7 (b), we can say for sure that the process system is still

well-behaved when subjected to disturbances.
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Figure 7.7: Example of bopt and v-gap metric.

Based on the MOO optimization formulation stated in equation 7.13, the op-

timization result is tabulated in Table 7.3. Here, Optimization MOO-1 is based

on MOO formulation without considering market uncertainties. The percent-

age deviation provided in this table represents the percentage difference between

MOO-1 optimization as compared to SOO-2.

Table 7.3: Multi-objective optimization results

Variables Optimization MOO-1 Percentage Deviation (%)

Membrane reactor length (m) 9.525 0.0

Membrane reactor diameter (m) 1.25 0.0

Catalyst pellet diameter (m) 0.008 0.0

H2O to CO concentration ratio 2.1 5.0

Steam to feed flow rate ratio 0.05 0.0

Retentate temperature (K) 430 -4.4

Retentate pressure (bar) 45 -10.0

Permeate pressure (bar) 6.5 30.0

Net present value 5.13 × 108 -40.1

v-gap 0.277 -45.9

Note: Net present value (NPV) is in $USD.

In this study, the v-gap is calculated by assuming single-input single-output

(SISO) controller is employed where the manipulated variable is the retentate feed

flow rate. The retentate feed flow rate is assumed to fluctuate within ± 30% of its
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baseline design value. This retentate feed flow varies in response to daily influence

of product demand, hence the system has to be able to handle large disturbances

while maintaining the safety and its performance (good controllability and high

NPV). An upper and lower perturbation limits are applied to the perturbed

condition, Pi. This results in two new conditions, Pi,up and Pi,dw. Both these

conditions are then used to calculate the linearized models which are used to

compute v-gap values with respect to Pi and the largest value (worst case) is

taken into account for the MOO optimization. Therefore, there is 2 × (r + 1)

v-gap values obtained including the one at the baseline condition. Note that,

this is the simplest way to estimate the difficulty of controlling the system at a

given operating condition. A more rigorous way would require more perturbations

(with more than one inputs) around a given perturbed conditions.

Notice from Table 7.3, the SOO-2 based on NPV alone leads to a large v-gap

value which implies the system is difficult to control when operated at the op-

timal condition. On the contrary, in the optimization MOO-1 where both NPV

and controllability (v-gap) are simultaneously optimized, the v-gap is reduced by

about 46% implying better controllability performance at the corresponding opti-

mal conditions. Larger v-gap implies highly nonlinear dynamic response between

the perturbed and base systems. Hence, this leads to difficulty in controlling the

system dynamics. Therefore, a smaller v-gap value is often considered to guaran-

tee both stability and good dynamic performance. However, the improvement on

the process controllability comes with a penalty, i.e., the NPV value is reduced

from USD 857 millions to USD 513 millions, equivalent to about 40% drop in

NPV value with respect to that obtained via SOO-2.

7.4.3 Multi-objective Optimization with uncertainties

As mentioned in section 4, step 7 optimization includes the uncertainties factor.

Here, by incorporation of P (y|x) into equation 7.13 yields the following optimiza-

tion formulation shown in equation 7.17.

J∗moo,un = max
Ud
moo,un

w1ψ1(Ud
1 ) + w2ψ2(Ud

2 ) + ...wPψP (Ud
P )

subject to Ud
moo,min < Ud

moo < Ud
moo,max

Proz(y|x)

(7.17)

Whereby, Proz is the probability of z uncertainties. The value of uncertainty is

obtained using MCMC technique. Figure 7.8 shows the distribution with the high-
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Figure 7.9: Electric cost computed by MCMC.

est probability of hydrogen selling price. The value computed through MCMC

simulation is $ USD 3.7552/ kg of hydrogen. Figure 7.9 illustrates the highest

probability of electrical cost is $ USD 16.31 cents/ kWh. These two obtained

values are then embedded into the multi-objective optimization to calculate a

new optimal values of the operating and design parameters.

Figure 7.8: Hydrogen selling price computed by MCMC.

The results obtained from optimization with uncertainty through Optimiza-

tion MOO-2 are shown in Table 7.4. The percentage deviation shows the devia-

tion of MOO-2 (optimization with uncertainties) as compared to MOO-1 (without
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Table 7.4: Multi-objective optimization results with uncertainty

Variables Optimization MOO-2 Percentage Deviation (%)

Membrane reactor length (m) 9.525 0.0

Membrane reactor diameter (m) 1.25 0.0

Catalyst pellet diameter (m) 0.008 0.0

H2O to CO concentration ratio 2.1 0.0

Steam to feed flow rate ratio 0.05 0.0

Retentate temperature (K) 430 0.0

Retentate pressure (bar) 43.5 -3.3

Permeate pressure (bar) 7.0 7.7

Net present value 4.71 × 108 -8.2

v-gap 0.253 -8.7

Note: Net present value (NPV) is in $ USD.

market uncertainties). It is shown that with the incorporation of uncertainty val-

ues, there is a slight change in the values especially on the retentate pressure

and permeate pressure. The change in pressure caused by high consumption of

electricity to run the compressor. Previously the electricity cost used in MOO-1

is USD 10.60 cents/ kWh and USD 2.00/ kg for hydrogen selling price. Through

MCMC simulation the newly generated selling price of hydrogen increase by 88%

while the electricity cost increase by 54%. Even though hydrogen selling price

has higher percentage increase than electricity cost, the optimization results show

a decreased value in NPV. This can be expected since to generate one kg/h of

hydrogen, it requires 43 kWh of electricity. Therefore, even with small increment

in electricity cost, it will have significant impact on the NPV of this system.

However, the decrease in the NPV value due to market uncertainties is less than

10% where the change in controllability in terms of v-gap value is small. It is

interesting to point out that, the main reason for the hydrogen price to increase is

the expected increase in demand of hydrogen as predicted by U.S Energy Outlook

2016 (Outlook et al., 2016). Hence, with expected increment in hydrogen selling

price, it is possible to compensate for the rise of the electricity cost, which in

turn implies that a positive NPV value remains attainable via the reliable MOO

approach.

Although in this study exogenous process uncertainties are considered in the

process optimization, there are still other process uncertainties in this design and
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optimization stage of the WGSR-MR system. It is quite impossible to address all

the uncertainties at one go, thus, the system may subject to lesser uncertainties.

These process uncertainties are able to negatively or positively affect the per-

formance of this system. Therefore, in order to safe guard this process system,

process control is inevitable. Note that, in the next chapter a robust process

control will be developed and used to control the performance of the WGSR-MR

system under process uncertainties and daily perturbations.

7.5 Summary

In this chapter, the key points are summarized as follows:

• A new optimization methodology for WGSR-MR system is presented. The

salient feature of the methodology is to reduce a large set of decision vari-

ables (design and operating parameters) into a smaller sub-set of dominant

or critical variables, which strongly correlate with a given performance mea-

sure.

• An important contribution on the multi-objective optimization is the com-

bination of optimization which considers net-present value as its economic

parameter and v-gap metric as the dynamic controllability parameter. This

optimization takes into account an optimal trade-off between the conflicting

parameters.

• By making early consideration of process controllability in the design, one

can avoid poor plant design that has control difficulties. Poor controllability

imposes a serious threat to operational safety are difficult to operate and

control.

• Process control plays an important role in process safety of an operation.

Hence, in the next chapter, a robust process control scheme is developed

for this WGSR-MR system for a smooth and safe process operation even

under perturbations and uncertainties.

• The work in this chapter is under reviewed by Chemical Engineering Re-

search and Design 2017. 1

1Optimization of steady-state and dynamic performances of Water-Gas Shift Reaction in

membrane reactor. Submitted to Chemical Engineering Research and Design.
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Chapter 8

Triple-loop Parallel Cascade

Control Strategy for WGSR-MR

8.1 Overview

Conducting water-gas shift reaction (WGSR) for hydrogen production and CO2

capture via a membrane reactor (MR) represents a promising approach to improve

energy security and greenhouse gas emission. This WGSR-MR system combines

both reaction and separation in one unit capable of removing the equilibrium

kinetic limitations inherent in the WGSR while producing high purity hydrogen.

The WGSR-MR system possesses high-order dynamics and a large transport de-

lay, which shall impose substantial challenges to control design but the issues

remain scarcely addressed in the literature. This chapter advocates the use of

a triple-loop parallel cascade control scheme to regulate the temperatures inside

the membrane reactor. Regulating the exit temperature is important to prevent

catalyst deactivation due to overheating and to maintain the hydrogen yield in

the presence of disturbances. Rigorous stability analyses based on the classical

Routh-Hurwitz criteria and the recent Multi-scale Control (MSC) scheme are per-

formed as to construct stabilizing regions for the tertiary, secondary and primary

P/P/PIDF controllers. Considering the identified stabilizing regions, a general-

ized procedure for tuning the parallel cascade control scheme is proposed. An

extensive numerical study based on the WGSR-MR system is carried out to eval-

uate the effectiveness of the control scheme. The rest of this chapter is organized

as follows. Section 8.2 explains in brief the preliminary of multi-scale control

scheme. This is followed by section 8.3 which presents the development of the

controller design starting from the innermost (slave controller) to the outermost
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(master controller). This section establishes tuning rules for each controller loop

(i.e., controller gain, integral, derivative, and lead-lag filter). Meanwhile, section

8.4 presents a general tuning procedure to tune the triple-loop cascade control

scheme. Lastly, section 8.5 covers the application of the developed triple-loop

parallel cascade scheme in the WGSR-MR system. This section identifies the ro-

bustness of the control scheme based on the performance of the controller under

disturbance rejection, setpoint tracking and modelling uncertainties.

8.2 Preliminary

8.2.1 Multi-Scale control scheme

The multi-scale control (MSC) scheme is introduced by Nandong and Zang (2014a).

The basic idea of the MSC is to decompose a complex plant P into a sum of its

basic modes, which will be either first- or second-order systems with real coeffi-

cients. Through this decomposition, it is easier to design several sub-controllers

where each is based on a specific mode than to design an overall controller di-

rectly. Plus, the conventional controller design approach can be very difficult to

apply especially to a high-order system with complicated dynamics. The plant

decomposition is represented as follows:

P (s) = m0 +m1 +m2 + ...+mn (8.1)

where mi, i = 0, 1, 2,..., n indicates the basic modes. The outermost mode is the

slowest mode in the system and is represented by m0, meanwhile mi, i = 1, 2,...,

n are known as the inner layer modes. The modes are arranged in the order of

increasing speed of responses towards a manipulated variable change.

The sub-controllers for all the individual plant modes combined in such a way

capable of enhancing the cooperation among the different modes. In this case,

a two-layer MSC scheme assuming the plant system (e.g., the primary process)

can be decomposed into a sum of two modes only. In Figure 8.1, K1 denotes the

sub-controller for the innermost loop, W = m1 indicates the multi-scale predictor

and K0 the sub-controller for the outermost m0.

In Figure 8.1, the closed-loop inner layer transfer function is expressed as

follows

G1(s) =
K1(s)

1 +K1(s)W1(s)
(8.2)
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Figure 8.1: Block diagram of a two-layer MSC scheme.

The overall multi-scale controller can be obtained as follows

Kmsc(s) = K0(s)G1(s) (8.3)

8.3 Fundamental of Triple-loop Parallel Cascade

Scheme

In the triple-loop parallel cascade control strategy there are three controllers to

be designed. The order of controller design is from the innermost loop to the

outermost loop where the design takes place in sequence. Figure 8.2 shows the

generalized block diagram for the proposed triple-loop parallel cascade control

strategy. As illustrated in Figure 8.2, the first (slave) controller loop is usually the

fastest responding loop in the system and should be the closest to the disturbance

sources. For simplicity, a Proportional (P) controller with gain Kc3 is used for

the first loop. Once the P controller has been obtained, the second P controller

with gain Kc2 and the third PIDF controller with gain Kc1 are then tuned in

sequence.

For controller tuning purposes, the primary, secondary, and tertiary transfer

functions are represented by a first-order plus deadtime (FOPDT) model given

by

Pi(s) =
Yi(s)

U(s)
=
Kpi exp(−θis)

τpis+ 1
, i = 1, 2, 3 (8.4)

where Kpi, τpi and θi denote the process gain, time constant, and deadtime for

the ith process respectively.
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Figure 8.2: General structure of three loops parallel cascade control.

8.3.1 Tertiary controller design

For the innermost loop, a Proportional (P) controller is selected where, Gc3 =

Kc3. In this study, the controller tuning relations will be established once the

stability region is found. Once the stability region is obtained, regardless of the

tuning parameter value, as long as the values fall within the stability region, it can

be guaranteed that the controller tuning will be stable. To find a stability region

corresponding to the P controller, the necessary criterion of Routh stability is

first apply.

The tertiary closed-loop characteristic equation is 1 + Gc3P3 = 0. By using

first order Pade formula to approximate the deadtime term in P3, i.e., exp(−θ3s)

' 1−0.5θ3s
1+0.5θ3s

, the closed-loop characteristic equation becomes

1 +Kc3
Kp3(1− 0.5θ3s)

(1 + 0.5θ3s)(τp3s+ 1)
= 0 (8.5)

By expanding (8.5),

0.5τp3θ3s
2 + (0.5θ3 + τp3 − 0.5K3θ3)s+ 1 +K3 = 0 (8.6)

where the loop gain K3 = Kc3Kp3. From (8.6), in order to achieve necessary

criterion of stability, all the coefficients of (8.6) have to be greater than 0. As a

result, the stability region for Gc3 can be derived as follows.

Note that, the coefficient of s2 is always greater than zero as τp3 and θ3 are

always positive. Based on the coefficient of s in the closed-loop characteristic

polynomial, one can establish an upper limit on the loop gain as follows:
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K3 <
0.5θ3 + τp3

0.5θ3

(8.7)

Hence, a stability region for P controller in the tertiary loop is obtained:

Kc3 = rp3

(
0.5θ3 + τp3
0.5θ3Kp3

)
, 0 < rp3 < 1 (8.8)

Note that, rp3 is a dimensionless parameter which can used to tune the P con-

troller. Assuming the deadtime is approximated by the first-order Pade formula,

the closed-loop transfer function from C2 to U is

Hu2(s) =
Kc3(1 + 0.5θ3s)(τp3s+ 1)

0.5τp3θ3s2 + (0.5θ3 + τp3 − 0.5K3θ3)s+ 1 +K3

(8.9)

Equation 8.9 can be reduced to a general second-order process given by

Hu2(s) =
(τzs+ 1) exp(−θs)
τ 2
o3s

2 + 2ζo3τo3s+ 1
(8.10)

where τo3 and ζo3 are

τo3 =

√
0.5τp3θ3

1 +K3

(8.11)

ζo3 =
0.5θ3 + τp3 − 0.5rp3(2τp3+θ3

θ3
)

2
√

0.5τp3θ3(1 + rp3(2τp3+θ3
θ3

))
(8.12)

The damping factor ζo3 has to be greater than 1 in order to obtain real and

distinct roots. Hence, the transfer function Hu2 can be expressed in the form of:

Hu2(s) =
Kc3(τp3s+ 1)(1 + 0.5θ3s)

(τa3s+ 1)(τb3s+ 1)
(8.13)

where

τa3 = − 1

τo3(−ζ
o3+
√
ζ2
o3+1

)
, ζo3 > 1 (8.14)

τb3 = − 1

τo3(−ζ
o3+
√
ζ2
o3−1

)
, ζo3 > 1 (8.15)

By using the model reduction rules established in Skogestad (2003), the trans-

fer function Hu2 can be further reduced into:

Hu2 = KHu2

(
0.5θ3s+ 1

τb3s+ 1

)
(8.16)

155



KHu2 =
Kc3τp3
τa3

(8.17)

Here, the Skogestad’s rule is applied to reduce the model which will be used

to develop tuning relations for the secondary and primary controllers.

8.3.2 Secondary controller design

The closed loop setpoint transfer function from C1 to U based on Figure 8.3 is

given by:

Figure 8.3: Block diagram of parallel cascade control of secondary loop controller.

Hu1(s) =
Gc2(s)Hu2(s)

1 +Gc2(s)Hu2(s)P2(s)
(8.18)

Again for simplicity, a Proportional (P) controller is used for the secondary

loop, i.e., Gc2 = Kc2. The characteristic equation for the secondary loop controller

1 + Gc2Hu2P2 = 0.

Assuming the deadtime is approximated via the first-order Pade formula, the

closed-loop characteristic equation becomes:

1 +K2

(
1 + 0.5θ3s

τb3s+ 1

)(
1− 0.5θ2s

1 + 0.5θ2s

)(
1

τp2s+ 1

)
= 0 (8.19)

where the secondary loop gain K2 = Kc2KHu2Kp2. A third-order closed-loop

characteristic polynomial is obtained:

0.5θ2τp2τb3s
3 + (τp2τb3 + 0.5θ2τp2 + 0.5θ2τb3 − 0.25θ2θ3K2)s2

(τp2 + τb3 + 0.5θ2 + 0.5θ3K2 − 0.5θ2K2)s+ 1 +K2 = 0
(8.20)

Based on the necessary Routh stability criterion, all of the coefficients of

s must be greater than zero. The coefficient of s3 is definitely greater than
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zero because the process deadtime and time constant are always positive, i.e.,

0.5θ2τp2τb3 > 0.

As for the coefficient of s2, for this coefficient to be greater than zero, an

upper bound on the loop gain K2 is required:

K2 <
τp2τb3 + 0.5θ2τp2 + 0.5θ2τb3

0.25θ2θ3

(8.21)

Based on the coefficient of s, either an upper or lower bound of the loop

gain K2 can be given depending on the values of secondary and tertiary process

deadtimes:

K2 > −
τp2 + τb3 + 0.5θ2

0.5(θ3 − θ2)
, if θ3 > θ2 (8.22)

K2 <
τp2 + τb3 + 0.5θ2

0.5(θ2 − θ3)
, if θ2 > θ3 (8.23)

Assuming that θ3 > θ2, equation 8.22 shows that the lower bound of the loop

gain is a negative. Hence, the maximum lower bound for the loop gain is zero,

i.e., based on the coefficient of s0. With regard to the second condition where θ2

> θ3 is most likely to occur in a tubular reactor, the upper limit on the loop gain

in equation 8.23 shall be obtained.

Considering that θ3 > θ2, the loop gain can be expressed as follows:

K2 = rp2

(
τp2τb3 + 0.5θ2τp2 + 0.5θ2τb3

0.25θ2θ3

)
, 0 < rp2 < 1 (8.24)

In the case of θ2 > θ3, there are two upper bounds on loop gain K2. For a

stable tuning, the loop gain must be in between its maximum lower bound and

minimum upper bound. Therefore, the loop gain has to be less than the minimum

upper bound.

K2 = rp2 min[K2a, K2b] , 0 < rp2 < 1 (8.25)

where rp2 is a parameter between 0 and 1, while K2a and K2b are the upper

bounds shown in equations 8.21 and 8.23 respectively.

8.3.3 Primary controller design

For the primary control loop, a proportional-integral-derivative (PID) controller

is used to control the primary process. Note that, PID-type controller is the most

common control scheme used in industries (Åström and Hägglund, 2004).
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There are several forms of PID controller that have been reported in literature

where one of the forms is known as an ideal PID controller given as:

KPID(s) = KC

(
1 +

1

τIs
+ τDs

)
(8.26)

where KC , τI and τD denotes the controller gain, integral time, and derivative

time respectively. The stability theorems corresponding to the PID comptroller

form in equation 8.26 have recently been established by Seer and Nandong (2017).

These theorems are adapted and applied to construct the stabilizing region of PID

controller used in the primary loop (i.e., in Section 8.3.3).

However, the use of an ideal PID controller in industries is still fairly limited.

The reason for this is that an ideal PID controller is susceptible to encountering

’derivative kick’ which can lead to a large impulse spike in the controller output.

In a long run, the impulse spike can cause damages to the actuators and the

equipment. Hence, in order to reduce the impulse spike, first order lag filter is

added into the ideal PID controller, i.e.,:

KPIDF (s) = KC

(
1 +

1

τIs
+ τDs

)(
1

τF s+ 1

)
(8.27)

In equation 8.27, there are four tuning parameters to be determined. In most

of the existing tuning rules, the filter time constant (τF ) is often determined in

an ad-hoc manner or simply set to a small value. In developing the primary

controller design, a new transfer function in equation 8.28 is developed based on

the combination of the tertiary and secondary controller loop - see Figure 8.4.

Figure 8.4: Primary controller loop that combine both tertiary and secondary

loops.

Y1

R
=

Gc1Hu1P1

1 +Gc1Hu1P1

(8.28)

The transfer function Hu1 in equation 8.28 is obtained from equation 8.18.

However, the denominator of the transfer function is in third order and hence, a

reduction rule is applied to simplify the transfer function Hu1. By substituting
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Hu2 obtained in equation 8.16 into equation 8.18, the transfer function of Hu1

simplifies to:

Hu1 =
Ko

2(0.5θ3s+ 1)(0.5θ2s+ 1)(τp2s+ 1)

τTs3s3 + τTs2s2 + τTs1s+ 1 +K2

(8.29)

where

τTs3 = 0.5θ2τb3τp2

τTs2 = 0.5θ2τp2 + 0.5θ2τb3 + τb3τp2 − 0.25θ2θ3K2

τTs1 = 0.5θ2 + τp2 + τb3 + 0.5θ3K2 − 0.5θ2K2

Ko
2 = K2KHu2

K2 = K2KHu2Kp2

(8.30)

Note that, the denominator of equation 8.29 is simplified by factorization,

which can lead to either one of the following:

Hu1 =
Ko

2(0.5θ3s+ 1)(0.5θ2s+ 1)(τp2s+ 1)

(τa2s+ 1)(τ 2
c2s

2 + 2ζo2τc2s+ 1)
, if ζo2 < 1 (8.31)

Hu1 =
Ko

2(0.5θ3s+ 1)(0.5θ2s+ 1)(τp2s+ 1)

(τa2s+ 1)(τb2s+ 1)(τc2s+ 1)
, if ζo2 > 1 (8.32)

By applying Skogestad rule (Skogestad, 2003), the transfer function Hu1 in

equation 8.32 is reduced to

Hu1 =
KHu1(0.5θ2s+ 1)

(τsc1s+ 1)(τb2s+ 1)
(8.33)

Equation 8.32 can be further reduced to

Hu1 =
KHu1

τhu1s+ 1
(8.34)

where

KHu1 = Ko
2

(
τp2
τa2

)
τsc1 = τc2 − 0.5θ3

τhu1 =
τsc1τb2
0.5θ2

(8.35)

Here, the closed-loop characteristic equation corresponding to the primary

controller tuning is 1 + Gc1Hu1P1 = 0

Let us consider Gc1 is a PID with filter (PIDF) controller as shown in equation

8.27. In this particular case, in order to reduce the polynomial order of the
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characteristic equation, the first-order Taylor series is used to approximate the

deadtime.

1 +Kc1

(
1 +

1

τI1s
+ τD1s

)(
1

τF1s+ 1

)(
KHu1

τhu1s+ 1

)(
Kp1(1− θ1s)

τp1s+ 1

)
(8.36)

The following polynomial is obtained by expanding (8.36),

(τI1τF1τhu1τp1)s4 + (τI1τF1τhu1 + τI1τF1τp1 + τI1τhu1τp1

−K1θ1τI1τD1)s3 + (τI1τF1 + τI1τhu1 + τI1τp1 +K1τI1τD1

−K1θ1τI1)s2 + (τI1 +K1τI1 −K1θ1)s+K1 = 0

(8.37)

where the primary loop gain K1 = Kc1KHu1Kp1

The necessary Routh stability condition for a controller tuning is that all co-

efficients of s must be greater than zero as a prerequisite for closed-loop stability.

Due to this condition, the corresponding ranges for the integral time constant,

derivative time constant and primary loop gain can be derived.

In equation 8.37 the coefficient of s4 is greater than zero as the time constant

is always positive. From the coefficient of s3, for this coefficient to be greater than

zero, the primary loop gain has to obey the upper bound as in equation 8.38.

K1 <
τF1τhu1 + τF1τp1 + τhu1τp1

τD1θ1

(8.38)

Based on the coefficient of s2, either a lower or an upper bound is obtained:

K1 > −
(τF1 + τhu1 + τp1)

(τD1 − θ1)
, if τD1 > θ1 (8.39)

K1 <
(τF1 + τhu1 + τp1)

(θ1 − τD1)
, if τD1 < θ1 (8.40)

A few cases can occur for which are described as follows.

Case 1

If τD1 > θ1, then K1 has only one upper bound which is given by equation

8.38 and a lower bound equals to zero. Equation 8.39 shows that the lower bound

is a negative value, hence, zero is the maximum lower bound.

Case 2

If τD1 < θ1, then K1 has two upper bounds given by equations 8.38 and 8.40.

Between these two upper bounds, the smallest value of upper bound will be the

new upper limit for the primary loop gain. Here, there are two possibilities, either

the limit in equation 8.38 or 8.40 is the new upper limit. Hence, this case can be

divided into two sub-cases.
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Case 2.1

If the value obtained from equation 8.38 is smaller than the value of equation

8.40, then this leads to:

τF1τhu1 + τF1τp1 + τhu1τp1
τD1θ1

<
(τF1 + τhu1 + τp1)

(θ1 − τD1)
(8.41)

Thus,

τD1 >
θ1τF1τhu1 + θ1τF1τp1 + θ1τhu1τp1

θ1τF1 + θ1τhu1 + θ1τp1 + τF1τhu1 + τF1τp1 + τhu1τp1
(8.42)

Note that, equation 8.42 represents a lower bound for derivative time constant

which is a result of the upper limit of K1 in equation 8.38 be smaller than that

in equation 8.40. Based on the conditions set in Case 2.1 and in equation 8.42,

the derivative time constant is expressed as:

τD1 =rD1

(
θ1 −

θ1τF1τhu1 + θ1τF1τp1 + θ1τhu1τp1
θ1τF1 + θ1τhu1 + θ1τp1 + τF1τhu1 + τF1τp1 + τhu1τp1

)
+

θ1τF1τhu1 + θ1τF1τp1 + θ1τhu1τp1
θ1τF1 + θ1τhu1 + θ1τp1 + τF1τhu1 + τF1τp1 + τhu1τp1

(8.43)

where rD1 is between 0 and 1.

Case 2.2

If the upper limit in equation 8.38 is greater than that in equation 8.40, then

K1 has an upper bound that follows equation 8.40 and this leads to:

τD1 <
θ1τF1τhu1 + θ1τF1τp1 + θ1τhu1τp1

θ1τF1 + θ1τhu1 + θ1τp1 + τF1τhu1 + τF1τp1 + τhu1τp1
(8.44)

Now there are two upper bounds for the derivative time constant. A minimum

upper bound is chosen to ensure stable tuning, thus, the derivative time constant

is then chosen as follows:

τD1 = rD1 minimum[τD1a, θ1] ,where 0 < rD1 < 1 (8.45)

where τD1a = τD1 from equation 8.44.

Based on the values of τD1, the controller gain is given by either

K1 = rp1

(
τF1τhu1 + τF1τp1 + τhu1τp1

τD1θ1

)
, 0 < rp1 < 1 (8.46)

or,

K1 = rp1

(
(τF1 + τhu1 + τp1)

(θ1 − τD1)

)
, 0 < rp1 < 1 (8.47)
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From equation 8.37, based on the coefficient of s the loop gain will encounter

either a lower limit

K1 > −
τI1

(τI1 − θ1)
, if τI1 > θ1 (8.48)

or an upper limit

K1 <
τI1

(θ1 − τI1)
, if τI1 < θ1 (8.49)

Case 3

If integral time is greater than the primary loop process deadtime i.e., con-

dition shown in equation 8.44, then the loop gain either follows Case 2.1 or

Case 2.2 with the same boundary constraints. This is because the loop gain

in equation 8.44 needs to be greater than a negative value, hence, the maximum

lower bound is still zero.

Case 4

If the integral time is smaller than the primary process deadtime, i.e., as given

by equation 8.49 then a new upper limit for the loop gain as a function of the

integral time is formed. This then leads to multiple upper bounds with additional

possibilities as in the Case 2.2 .

For this study, Case 3 is adopted in the development of the primary loop

control tuning. For this case, the limits of the loop gain and derivative time have

been established previously by using the necessary criterion of stability. As for

the integral time, its limit is determined based on sufficient criterion of stability.

Sufficient criterion of stability corresponds to the Routh’s array stability of the

closed-loop characteristic polynomial. Rouths stability criterion determines the

number of closed-loop poles in the right half s-plane.

The algorithm for attaining the sufficient Routh’s stability criterion is as fol-

low:

Step 1: The order of denominator of a closed-loop transfer function must be

finite.

ans
n + an−1s

n−1 + ...+ a0 = 0 (8.50)

where an 6= 0 and a0 > 0.

Step 2: The coefficients of the polynomial have to be arranged as follows,

and subsequently, the values of the coefficients are calculated.
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sn an an−2 an−4 an−6 ...

sn−1 an−1 an−3 an−5 an−7 ...

sn−2 b1 b2 b3 b4 ...

sn−3 c1 c2 c3 c4 ...

. . .

. . .

. . .

s1 d1

s0 e0

(8.51)

where the coefficients bi are

bi =
an−1 × an−2i − an × an−2i−1

an−1

(8.52)

and so forth, till all subsequent coefficients are zero. Similarly, cross multiplication

of the coefficients from the two previous rows to obtain ci, ect.

ci =
b1 × an−2i−1 − an−1 × bi+1

b1

(8.53)

until the nth row of the array has been completed. Any missing coefficients are

to be replaced by zeros (Shamash, 1975). The powers of s act as labels to the

array, they are not considered to be a part of the array. The column beginning

with a0 is considered to be the first column of the array.

Step 3: Assuming that the necessary criterion is met (i.e., all coefficients of

the closed-loop characteristic polynomial are positive), then for sufficient condi-

tions, all the coefficients of constant bi, ci, ect., must be positive.

Based on the case study (Case 3), the polynomial coefficients,

s4 : a4 a2 a0

s3 : a3 a1 0

s2 : b1 b2 b3

s1 : c1 c2

s0 : d1

(8.54)

the coefficients to be identified are b1, b2, b3, c1, c2 and d1; calculations are per-

formed as in the Step 2.

Based on the coefficient of b1, the bounds on integral or reset time are deter-

mined. One can have either a lower or an upper limit on the reset time:

163



τI1 >
−α1λ2

γ1−5β1−4 − α1λ1

if γ1−5β1−4 > α1λ1 (8.55)

or an upper limit

τI1 <
α1λ2

α1λ1 − γ1−5β1−4

if γ1−5β1−4 < α1λ1 (8.56)

where

α1 =τF1τhu1τp1

β1−4 =τF1τhu1 + τF1τp1 + τhu1τp1 −K1θ1τD1

γ1−5 =τF1 + τhu1 + τ(p1) +K1τD1 −K1θ1

λ1 =1 +K1

λ2 =K1θ1

(8.57)

The lower limit shown in equation 8.55 has a negative value. Therefore, the

maximum lower limit for the integral time constant is still given by the time-delay

of the primary process as stated in Case 3. Please note that, the upper limit of

the integral time is obtained from equation 8.56.

As for the coefficient of c1, by combining all the possibilities of the upper and

lower limits, the range of the integral time constant is:

τI1 = rI1(
α1λ2

α1λ1 − γ1−5β1−4

− τI1,lm) + τI1,lm , 0 < rI1 < 1 (8.58)

where

τI1,lm = maximum [τI1, θ1] (8.59)

It is interesting to summarize that, for all the controller tuning from tertiary

to primary loops, one only needs to tune the dimensionless positive parameters

given as rp3 , rp2 , rp1 , rI1 and rD1 whose values lie between 0 and 1.

8.3.4 Multi-scale control for primary controller design

Previously in Section 8.3.3, the primary controller design is based on the Routh-

Hurwitz stability via the PID stability theorems in Seer and Nandong (2017).

Also note that, it has been assumed that Hu1 is an overdamped second order sys-

tem. Alternatively, we can also design the primary controller via the Multi-scale

Control (MSC) scheme reported in Nandong and Zang (2013a,b). Noteworthy,

this MSC scheme has been successfully adopted in a number of control system
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designs, e.g., in Nandong and Zang (2014b) and decentralized PID control (Nan-

dong and Zang, 2014a). For details regarding the MSC scheme, please refer to the

aforementioned references. The interest to use MSC scheme in this study is moti-

vated by flexibility of the scheme to address both overdamped and underdamped

systems. Also the MSC scheme can systematically be used to design first-order

lag and lead-lag filters where conventionally they are designed in ad-hoc manners.

Considering equation 8.31, where Hu1 is an underdamped second order system,

an augmented plant Pa1 can be expressed as Pa1(s) = Hu1(s)P1(s), which is

Pa1 =
Ko

2Kp1(0.5θ3s+ 1)(0.5θ2s+ 1)(τp2s+ 1)(1− 0.5θ1s)

(τa2s+ 1)(τ 2
c2s

2 + 2ζo2τc2s+ 1)(τp1s+ 1)(1 + 0.5θ1s)
(8.60)

Similarly, by applying Skogetad rules to reduce the order of the augmented

plant, the following transfer function is produced

Pa1 =
Ko

1(0.5θ3s+ 1)(1− 0.5θ1s)

(τ 2
c2s

2 + 2ζo2τc2s+ 1)(1 + 0.5θ1s)
(8.61)

where the augmented process gain Ko
1 = Ko

2Kp1(τp2/τp1).

After obtaining equation 8.61, by using partial fraction expansion, the system

reduces to a sum of two modes

Pa1 =
k0(bs+ 1)

τ 2
c2s

2 + 2ζo2τc2s+ 1
+

k1

βs+ 1
, β = 0.5θ1 (8.62)

It is assumed that the settling time of the underdamped second order mode is

longer than the first order mode. Due to this assumption, the second-order mode

is the outermost (slowest) one and the first-order part is the inner-layer mode.

The modes parameters in equation 8.62 are given as follows:

k1 =
2Kmscβ(β − 0.5θ3)

τ 2
c2 + 2ζo2τc2β + β2

(8.63)

Kmsc = k0 + k1 (8.64)

k0 =
Kmsc(τ

2
c2 + 2ζo2τc2β − β2 + θ3β)

τ 2
c2 + 2ζo2τc2β + β2

(8.65)

b = −Kmsc0.5θ3β + k1τ
2
c2

k0β
(8.66)
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In this case, the inner-layer mode is controlled by using a P-only controller

with the gain equals to kc,m1. The closed loop inner-layer transfer function be-

comes

G1(s) =
kc,m1

1 + kc,m1m1

=
koc,m1(βs+ 1)

τc1s+ 1
(8.67)

where the overall gain and closed-loop time constant are given as

kc,m1 =
kc,m1

1 + kc,m1k1

τc1 =
β

1 + kc,m1k1

(8.68)

A ratio of open-loop time constant to closed-loop time constant is established

λ1 =
β

τc1
(8.69)

where in practical control applications, the ratio has to be larger than unity for

a more aggressive controller action. This means that the closed-loop system is

faster than the corresponding open-loop system. Hence from equation 8.69, the

sub-controller gain can be expressed as

kc,m1 =
λ1 − 1

k1

whereλ1 > 1 (8.70)

Similarly, one can also assume that a P-only controller is used to control the

outermost mode, m0, where the corresponding closed-loop outermost transfer

function is

G0 =
kc,m0

1 + kc,m0m0

(8.71)

which can be expressed as

G0 =
koc,m0(τ 2

c2s
2 + 2ζo2τc2s+ 1)

τ 2
c0s

2 + 2ζc0τc0s+ 1
(8.72)

In equation 8.72, the overall gain, closed-loop time constant and damping

coefficient are expressed as

koc,m0 =
kc,m0

1 + kc,m0k0

(8.73)

τc0 =
τc2√

1 + kc,m0k0

(8.74)

ζc0 =
2ζo2τc2 + kc,m0k0b

2

(
τc2√

1+kc,m0k0

) (8.75)
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As for the outermost mode case, the time constant ratio is

λ0 =
τc2
τc0

(8.76)

Therefore, the outermost sub-controller gain can be written in the form of

kc,m0 =
λ2

0 − 1

k0

(8.77)

By substitution of equation 8.77 into equation 8.75, the closed-loop damping

coefficient can be expressed in terms of time constant ratio

ζc0 =
2ζo2τc2 + (λ2

0 − 1)b

2
(
τc2
λ0

) (8.78)

From equation 8.78, one can draw a general conclusion that as λ0 increases,

the system becomes less oscillatory while the time constant becomes larger. This

is because the damping coefficient and time constant ratio have opposite trends

in response to a change in λ0. Therefore, there will be an optimum value for λ0

in yielding a minimum closed-loop settling time.

It is recognized that a P-controller for the outermost-loop will not be efficient

enough to remove the upcoming disturbances. Hence, one has to add the integral

action to the outermost sub-controller. Furthermore, if the outermost mode is

underdamped, it is suggested to add the derivative action to the outermost sub-

controller in order to reduce the oscillatory nature of the closed-loop system.

In this work, we consider that the outermost sub-controller takes the following

parallel PID form

K0(s) = kc0

(
1 +

1

τIs
+

τDs

ατDs+ 1

)
(8.79)

The overall multi-scale controller can be shown to be in the form of parallel

PID controller augmented with a lead-lag filter:

Kmsc = kc0k
o
c,m1

(
1 +

1

τIs
+

τDs

ατDs+ 1

)(
βs+ 1

τc1s+ 1

)
sign(kc,m1) (8.80)

Here, the sign(kc,m1) denotes the sign of the inner-layer sub-controller which

is included in equation 8.80 in order to obtain the correct overall controller sign.

The overall controller gain is obtained by direct comparison between equation

8.80 with the PID controller augmented with a lead-lag filter:

Kmsc = KC

(
1 +

1

τIs
+

τDs

ατDs+ 1

)(
τfds+ 1

τfgs+ 1

)
(8.81)
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where the overall controller gain is

KC =

(
λ2

0 − 1

k0

)(
kc,m1

1 + kc,m1k1

)
sign(kc,m1) (8.82)

From (8.80), the lead-time is

τfd = β = 0.5θ1 (8.83)

and the lag-time is

τfg = τc1 =
β

λ1

(8.84)

The reset or integral time can be specified as a fraction of the open-loop time

constant, i.e.,

τI = ρiτc2 (8.85)

Similarly, the derivative time can be expressed in terms of

τD =
ρD
ζo2

(8.86)

Note that, the value of α may be set to a small value (i.e. α < 0.1). In general

there are four tuning parameters (i.e. ρi, ρD, λ0 and λ1) for the MSC formula to

meet the desired phase margin (PM) and gain margin (GM). The main purpose

of using the MSC scheme to derive the tuning formula for the primary loop is to

obtain a robust primary controller.

8.4 General Tuning Procedures

Step 1: Linearization of the process models. Manipulated and controlled

variables are first identified for a process plant. Once the variables have been

identified, a linearization of the process model (i.e., a transfer function) can be

obtained. Note that, for simplification, the linearized model is then simplified via

a model reduction (reduce high-order model into a first or second-order model).

Step 2: Tertiary controller tuning. Set rp3 = 0.01 and gradually increased

the values until a desired gain margin (GM) of about 8.0 dB and phase margin

(PM) about 60 - 80o. Once rp3 value is obtained, the tertiary controller tuning is

calculated by using equation 8.8.

Step 3: Secondary controller tuning. Set rp2 = 0.01 and gradually increase

the value until GM of about 8.0 dB and PM about 60 - 80o. Once rp2 value is
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obtained, the secondary controller tuning is calculated by using either equation

8.24 or 8.25.

Step 4: Primary controller tuning using PIDF controller tuning.

Method 1 - PIDF controller tuning. Initially set τF to a small value

(i.e.,τF = 0.1). Then, set rD1 = rI1 = rp1 = 0.1. Gradually increase rp1 until GM

is about 8.0dB. Next, moderately increase rD1 and rI1 until PM is about 60 - 80o.

Once all the parameters values are attained, the primary loop controller tuning

can be expressed as in equation 8.27.

Method 2 - MSC controller tuning. First, set α = 0.1. Second, set ρD

= ρi = 0.1 and λ0 = λ1 = 1.2. Gradually increase λ0 and λ1 until GM = 8.0dB

is reached. Then, increase ρD and ρi until a desired value of PM is achieved.

Note that, for a better disturbance rejection, it is often suggested to set λ0 >

λ1. When all parameters are obtained, the PID controller based on MSC can be

expressed via equation 8.81.

Step 5: Evaluate performance and robustness. A triple-loop controller

robustness is first compared to a double-loop parallel cascade control design.

Then, a triple-loop parallel cascade control scheme using the PIDF controller is

then compared with a triple-loop using MSC controller in terms of disturbance

rejection, setpoint tracking, and under modelling uncertainties.

8.5 Application

For this study, the newly developed triple-loop parallel cascade control design

methodology is applied to a WGSR-MR system. The idea of this implementa-

tion is to control the temperature of the membrane reactor when the system is

subjected to several disturbances such as flowrate disturbances of ± 30%, tem-

perature disturbances of ± 5% and modelling errors of ± 30%.

Here, the inlet plant feed flow rate is the major disturbance in this process

system as feed flow rate keeps varying in response to daily fluctuation (due to

product demand and product purity). This fluctuation influences the production

of hydrogen and the temperature of the membrane reactor. It should be noted

that the temperature is the most important variable in view of its potential

influence over catalyst’s deactivation. Moreover, runaway reaction may occur

due to poor designs of the flowsheet and/or temperature control system. In term

of challenge to control design, this WGSR-MR is subjected to long delay in the

outlet response time due to the use of long membrane tubes. As mentioned
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Figure 8.5: Primary, secondary, and tertiary controllers placement in the WGSR-

MR.

earlier, a double loop parallel cascade control may be insufficient in handling

such a large time-delay system. Therefore, in this work a triple-loop parallel

cascade control is developed to counter the effect of long time-delay in the WGSR-

MR system. As reported in (Saw and Nandong, 2016), for efficient modelling

and simulation purposes, the WGSR-MR is divided into 10 equal sub-sections;

the primary, secondary, and tertiary controller measurements are placed at the

selected sub-sections - see Figure 8.5. The manipulated variable is the recycled

ratio of retentate flow rate which indirectly controlled the inlet temperature of the

steam. The objective of the control system is to control the outlet temperature

of the membrane reactor against process disturbances. When encountering the

process disturbances, the tertiary and secondary controller of this process system

will quickly reduce the disturbance effect before it significantly upsets the whole

process system.

Upon linearization, the transfer function from manipulated variable to reactor

temperature at the tertiary location (see Figure 8.5) P3(s) is

P3(s) =
(2.127× 10−5 exp(−0.03s))

1.087s+ 1
(8.87)

while the secondary process P2(s)

P2(s) =
(2.098× 10−5 exp(−1.62s))

4.061s+ 1
(8.88)

and the primary process P1(s)

P1(s) =
(2.830× 10−5 exp(−5.68s))

7.573s+ 1
(8.89)

A comparative study on performance/robustness is done between the double-

loop and triple-loop parallel cascade control (PCC) in terms of disturbance re-

jection. Here, a decrement of 20 K in inlet temperature at time = 4 hr is set as
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Figure 8.6: Outlet temperature subjected to inlet temperature disturbance.

the disturbance to the WGSR-MR system. Notice in Figure 8.6, there are two

different double-loop PCC scheme. The red dashes line represents the double-

loop PCC scheme where the controllers are placed at the P3 and P1 locations (see

Figure 8.5). Meanwhile, the blue dotted line represents the double-loop PCC

controller placed at the P3 and P2 locations.

As illustrated in Figure 8.6, it can be seen that the double-loop PCC is not

able to suppress the inlet temperature disturbance with a decrement of 5%. Both

the double-loop PCC are not able to bring the outlet temperature back to its

normal operating temperature. On the contrary, the triple-loop PCC is able to

reject the inlet temperature disturbance. Hence, the triple-loop PCC is suitable

for this WGSR-MR system to function reliably even under harsh conditions. In

order to improve the triple-loop PCC, the MSC controller tuning is adopted in

the primary controller design. To test the robustness of the triple-loop PCC,

both the MSC and conventional P-P-PIDF are subjected to a similar disturbance

event, setpoint tracking and modelling uncertainties.

8.5.1 Disturbance rejection

First, let us compare the PCC scheme performances in terms of disturbance

rejection. Note that, the fresh inlet flow rate is chosen to be the disturbance source

as the flow rate is commonly subjected to fluctuation (i.e., due to varying demand
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Figure 8.7: Outlet temperature profile towards increment of flowrate disturbance.

Figure 8.8: Outlet temperature profile towards decrement of flowrate disturbance.
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Figure 8.9: Outlet temperature profile under modelling uncertainties.

Figure 8.10: Outlet temperature profile towards setpoint tracking.
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of hydrogen). Therefore, the inlet flow rate should represent a disturbance in the

WGSR-MR system. A 30% increment and decrement of the inlet flow rate at

time = 4 hr are introduced into the WGSR-MR.

Figure 8.7 shows both control scheme performances in the presence of 30%

increase in the inlet flow rate. The outlet temperature profile shows that when

the conventional PIDF is used in the primary loop, the PCC scheme is not able

to effectively control the outlet temperature; a higher overshoot (spike) followed

by mild oscillation. The conventional P/P/PIDF scheme shows 0.5% higher over-

shoot compared to the P/P/MSC scheme. Furthermore, the conventional con-

troller has triple longer settling time compared to MSC tuning. This shows that

MSC gives a better performance even when the system is subjected to sudden

substantial increase in the fresh inlet flow rate. Note that, the outlet tempera-

ture profile is chosen to be the primary variable because this variable has great

effect on the system performance, i.e., temperature affects the yield of hydrogen.

Similar trend is shown for the decrement of 30% in the inlet flowrate - see Figure

8.8.

8.5.2 Modelling uncertainties

Both PCC schemes are subjected to modelling uncertainties in tortuosity, pore

diameter of the catalyst pellet and membrane fouling with modelling errors ±
30% at time, t = 4 hr. Note that in this modelling uncertainties, both the PCC

schemes are not subjected to any external disturbances.

Figure 8.9 shows the outlet temperature profiles of the WGSR-MR under the

uncertainties. It can be seen from this figure that the MSC controller imple-

mented in the primary loop gives better performance under the specified model

uncertainties than the conventional PIDF controller. Both of the controllers show

fluctuation of less than 1%. Nevertheless, it is very important for a controller to

be able to handle model uncertainties, as mathematical models are usually sub-

jected to many uncertainties factor due to the difference in ideal conditions and

reality.

8.5.3 Setpoint tracking

The comparison of the control scheme performances based on the setpoint track-

ing is presented. Figure 8.10 shows the closed-loop temperature profiles under

the conventional PIDF tuning and the MSC-PID tuning. Even though the con-
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ventional PIDF controller has lower percentage of overshoot, it leads to a longer

settling time than that of the MSC controller tuning. In short, the MSC pro-

duces a better controller performance overall as the percentage difference of the

overshoot is less than 1%, while the settling time for MSC controller is 50% faster

than the conventional PIDF controller.

8.6 Summary

The summaries on this chapter are as follows:

• A general procedure of triple-loop parallel cascade control tuning has been

developed following rigorous stability analyses based on three first-order

plus deadtime (FOPDT) processes arranged in parallel.

• The novel contribution of this study is the development of the three loop

control strategy algorithm for a parallel cascade control based on the basic

characteristic equation.

• The triple-loop parallel cascade control scheme is useful for controlling sys-

tems with large transport delays, for examples in a long tubular reactor,

heat exchanger and pipeline carrying liquids or gases.

• For controlling the temperature in a large-scale multi-tubular membrane

reactor assisted water-gas shift reaction (WGSR-MR) system, it has been

found that the proposed triple-loop scheme demonstrates superior distur-

bance rejection performance over the commonly reported double-loop par-

allel cascade scheme.

• It is worth highlighting that Multi-Scale Control (MSC) scheme can be

effectively used to design a parallel PID controller augmented with a lead-

lag filter. The use of this MSC-based PID form in primary loop can further

improve the control performance over the one, in which the primary PIDF

controller is tuned via the classical Routh-Hurwitz criteria.

• The key significance in this chapter is the development of an effective control

system design of the WGSR membrane reactor process, which can overcome

the non-linear dynamic behaviours and also long transport delay.
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• The work in this chapter has been submitted to International Journal of

Systems Science 2017. 1

1Three-loop parallel cascade control design for Water-Gas Shift Reaction in membrane re-

actor. Submitted to IFAC Journal of Systems and Control.
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Chapter 9

Conclusions and

Recommendations

9.1 Conclusions

To date, there are limited works relating to the study of system engineering of

WGSR-MR particularly with regards to process optimization and control. Cur-

rent publications on process optimization in WGSR-MR are restricted to single

objective optimization (SOO). As for the previous research related to process con-

trol in WGSR-MR, single input single output (SISO) controllers were mentioned

in literature. Note that, the single objective optimization approach is impractical

as optimization of a single objective can result in the system to operate outside

feasible operating limits. As for process control, the WGSR-MR system is highly

nonlinear and inherently has a long process deadtime (due to membrane reactor

length). Hence, SISO process control is inadequate in providing a safe and smooth

operation for a process with long time-delay and nonlinear behaviour. In response

to these research gaps, this dissertation has presented results of investigation in

process optimization and control of a WGSR-MR system.

This dissertation address four important research questions: (1) how to de-

sign a water-gas shift membrane reactor process system, (2) how to improve the

practicality of the system engineering study (process optimization) of a water-gas

shift reaction membrane reactor, (3) how to optimize system design under uncer-

tainties, and (4) how to improve control performance for a long process deadtime

and highly nonlinear system. The conclusions are presented as follows:
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9.1.1 Design of WGSR-MR process systems

To date, works related to WGSR-MR, were published as a stand-alone unit of

membrane reactor. In a stand-alone unit, it is difficult to grasp the effect of in-

teraction of other equipment on the membrane reactor unit. In this study, four

possible process system flowsheets are developed based on sequential chemical

process design (for details refer to Chapter 5). It should be noted that, there

can be more than these four process flowsheets for the WGSR-MR. The detailed

economic performances of these four plausible WGSR-MR process systems are

evaluated. The best WGSR-MR process system is identified. The proposed

WGSR-MR process system is simple and can be implemented in process opti-

mization and control studies.

On top of that, this study also presents the effect of parametric economic

assessment on the NPV of the WGSR-MR system. It is discovered that the pa-

rameters which are the retentate temperature, permeate and retentate pressures

have the most significant effects on the systems economy (for details refer to

Chapter 6). It is worth mentioning that, the parametric study is conducted for

the identification of the crucial parameters to be included in the optimization

process. This scrutinizing approach helps in the reduction of computational ef-

fort in the process optimization via the use of a small set of decision variables. It

is important to note that, the process optimization is only made possible if there

is a reliable mathematical model of the system. In this study, a one-dimensional

heterogeneous membrane reactor coupled with macrokinetics model is developed.

This model combination is proven to be one of the best reactor-kinetic model

based on the accuracy of the model prediction against literature data (for details

refer to Chapter 4). To further enhance the accuracy of this model combina-

tion, the incorporation of non-ideal properties in the model has been made. The

non-ideal properties vary with the changes of state variables. In a membrane

reactor, the operating pressure and temperature vary along the reactor. Thus,

for practicality the impacts of these variations on properties must modelled, i.e.,

as a function of temperature and pressure rather than a constant value. Bear in

mind that, the 1D model developed in this study not only has a highly compa-

rable accuracy with a 2D model, but it also has the advantage of computational

efficiency over a complex 2D model.
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9.1.2 Multi-objective optimization of WGSR-MR

There have been limited studies on process optimization of WGSR-MR. The fo-

cuses of most previous works were mainly on single objective optimization. In

this dissertation, a multi-objective optimization is used to conduct the process

optimization for WGSR-MR process system (for details refer to Chapter 7). In

this study, we successfully optimize both economic and dynamic operability of the

water-gas shift membrane reactor (WGSR-MR) system. The result has revealed

that by optimizing with only one objective function (i.e. economic or dynamic

performance criterion), the design does not guarantee the desirable controllabil-

ity. i.e., the design might be profitable but have poor controllability. This is

because, while only looking at one objective function, for an example economic

objective function, one will only attain the results when the system continuously

operates on the systems constraints. However, in reality this operation will face

difficulties especially when encountering system fluctuations (which is normal in

industries). It is also disadvantageous as once the optimization is done, there

will be little room left for improving the control performance because the process

design has been fixed. Thus, to counter this disadvantage, integrated process

design and control should be used in optimization instead. Therefore, this study

opts to optimize the system via a multi-objective function formulated based on

(1) steady-state economics and (2) dynamic operability. This leads to cost reduc-

tions and secured process safety as the process is optimized under the dynamic

constraints. Improved controllability of the design implies less cost is needed to

control the whole network of system.

This study also evaluates the optimum performance of the WGSR-MR under

uncertainties (i.e., market and cost uncertainties). It is known that process un-

certainties can cause deviation in the future values which can result in changes

in the optimized results. There are two types of uncertainties, known as internal

and external uncertainties (for details refer to Chapter 7). In short, internal un-

certainties are the model uncertainties such as efficiency of the column, pore size

of the catalyst pellets and many more. External uncertainties are market pric-

ing, electricity cost and demand in product quantity. Internal uncertainties can

be addressed through good control strategy, while external uncertainties require

extra effort to predict them. In this study, Monte-Carlo Markov Chain (MCMC)

with Metropolis-Hastings (MH) algorithm is used to simulate the external uncer-

tainties. From this study, one can predict that uncertainty value and how much

it might cause changes to the optimization results. The severity depends on the
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future changes of the uncertainties. Unfortunately, one is not able to determine

all uncertainties that may have an effect on the system. Thus, in order to ad-

dress all other possible uncertainties, the possible solution is to design a robust

control design that is able to handle daily fluctuation as well as uncertainties due

to unknown perturbations.

9.1.3 Triple-loop parallel cascade control strategy

A good control scheme is crucial for safe and reliable operation of any chemi-

cal process. This study aims to develop an effective methodology for a process

inherently suffering from nonlinearity and long process deadtime. A triple-loop

parallel cascade control algorithm has been developed for the WGSR-MR process.

It is discovered that with the triple-loop multi-scale control (MSC)-PID paral-

lel cascade control tuning, effective performance of the system can be achieved

even under harsh disturbances, such as fluctuation of flowrate up to ± 30% or

even under temperature fluctuation (for details refer to Chapter 8). It is worth

mentioning that, a general tuning procedure for the triple-loop cascade control is

developed. This tuning procedure contributes to a generic design of a triple-loop

cascade control which can be widely applied not only to a nonlinear system and

also on a system that is subjected to long transport delay. The triple-loop parallel

cascade control scheme is useful for controlling systems such as a long tubular

reactor, heat exchanger and pipeline carrying liquids or gases.

9.2 Recommendations

Below are a few recommendations on future research directions:

a) Membrane-assisted reactor.

It is recommended that different types of membrane reactor should be tested

for process system involving water-gas shift reaction. New technology such

as spiral membrane tube or hollow fiber membrane can be the key to min-

imize the reactor size to produce Hydrogen with high purity.

b) Expanding multi-objective optimization of WGSR-MR.

A multi-objective optimization does not limit to only two objectives. One

can consider adding to the objective functions by including other criteria,

such as minimization of by-product, minimization of environmental impact
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(CO2 emissions), and many more. Besides, it is also recommended to in-

crease the number of uncertainties in order to address in advanced some

uncertain situations.

c) Expanding the developed process control strategy.

It is recommended to combine the proposed triple-loop parallel cascade con-

trol into higher order loop parallel cascade control with some other advanced

control strategies such as model predictive control (MPC), feedforward con-

trol, robust control, adaptive control, and nonlinear control to address the

nonlinearity of WGSR-MR process and multiple disturbances/uncertainties.
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Appendix A

Basic Constants

Table A.1: Constants for each species needed in calculation

Species Molecular weight Tb Tcr Pcr Vcr ω

CO 28.01 81.66 132.85 34.94 93.10 0.045

H2O 18.02 373.15 647.14 220.64 55.95 0.344

CO2 44.01 194.65 304.12 73.74 94.07 0.225

H2 2.02 20.38 33.25 12.97 65.00 -0.216

Note: Molecular weight is in (g/gmol), Tb is in (K), Tcr is in (K), Pcr is

in (bar) and Vcr is in (cm3/mol). Values adapted from Perry and Green

(1984).
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Table A.2: Binary gas diffusivity for component pairs

Pair Adif Bdif Cdif Ddif Edif Fdif Eqn.

CO-H2O 0.187 × 10-5 2.072 - 0 0 0 a

CO-CO2 3.15 × 10-5 1.57 - 0 113.6 0 a

CO-H2 15.39 × 10-3 1.548 0.316 × 108 1 -2.80 1067 a

H2O-CO2 9.24 × 10-5 1.5 - 0 307.9 0 a

H2O-H2 - 1.020 - - - - b

CO2-H2 3.14 × 10-5 1.75 - 0 11.7 0 a

Note: D12 = D21. Eqn. a - DiI =

(AdifT
B
dif/P )[ln(Cdif/T )]−2Ddif exp(−Edif/T − Fdif/T 2) (Marrero and Mason,

1972) and Eqn. b - DiI = (Bdif/P ) (Satterfield, 1991). Here T is in (K), P is

in (atm) and DiI is in (cm2/s). Values adapted from Perry and Green (1984).

Table A.3: Specific heat capacity constants for selected

species

Species Acp Bcp Ccp Dcp

CO 6.60 1.20 × 10-3 0 0

H2O 8.22 0.15 × 10-3 1.34 × 10-6 0

CO2 10.34 2.74 × 10-3 0 -1.955 × 105

H2 6.62 0.81 × 10-3 0 0

Note: T is in (K), P is in (atm) and Cp,i is in (cal/mol.K).

Values adapted from Perry and Green (1984).
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Table A.4: Gas phase viscosity constants for se-

lected species

Species Avis Bvis Cvis Dvis

CO 1.1127 × 10-6 0.5338 94.7 0

H2O 1.7096 × 10-8 1.1146 0 0

CO2 2.148 × 10-6 0.46 290.0 0

H2 1.797 × 10-7 0.685 -0.59 140

Note: T is in (K) and µ is in (N.s/m2). Values

adapted from Perry and Green (1984).

Table A.5: Thermal conductivity constants for each

species

Species Alam Blam Clam Dlam

CO 5.1489 × 10-4 0.6863 57.13 501.92

H2O 5.3345 × 10-6 1.3973 0 0

CO2 3.1728 -0.3838 964.0 1.86 × 106

H2 2.2811 × 10-3 0.7452 12.0 0

Note: T is in (K) and λ is in (kcal/h.m.K). Values

adapted from Perry and Green (1984).
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Appendix B

Carbon Capture

B.1 Carbon Capture and Reuse Proposed De-

sign

This study proposed a new technology of carbon capture reuse design by employ-

ing a membrane reactor with H2 selective membrane with the incorporation of

dry methanation reaction. This reaction not only consumed CO2 but also pro-

duces high-purity H2 and also carbon monoxide (CO). This technology is able

to reduce CO2 emission which thereby reduce carbon taxes, it can also produce

valuable H2 as well as CO, which are necessary reactants for many petrochemical

reactions. In this case CO is one of the main reactants in the process indus-

tries that we chose and hence it can be recycled back to the process and thereby

decreases the cost of purchasing raw materials.

B.1.1 Main equipment and characteristics

The main equipment used in this proposed solution is a membrane reactor (MR).

The characteristic of this reactor is the combination of reaction and separation in

one single unit. This technology is not only able to reduce the cost of separation

but also able to increase the purity of the separation due to high selectivity of

the membrane. The reaction (i.e., dry methanation) as described in equation B.1

occurs inside the membrane reactor.

CH4 + CO2 
 2H2 + 2CO (B.1)

Carbon dioxide and methane gas are the main reactant to produce hydrogen

and carbon monoxide gases. In this case, the methane gas is obtained from the
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waste product of other industrial plants. This proposed solution does not only

solve carbon emission, it also solves the waste product of methane emission from

other industries.

With incorporation of H2 selective membrane in the proposed membrane re-

actor, high purity of H2 is obtained and through the removal of hydrogen gas,

the reaction shown in equation B.1 is shifted towards the right and thereby able

to increase the conversion of carbon dioxide. The remaining product is then re-

cycled back towards the feed of the main reaction. Figure B.1 depicts the axial

cross-sectional of the membrane reactor. Note that, the proposed membrane re-

actor is made up of a number of tubes. As for Figure B.2, it shows the radial

cross-sectional area of the membrane reactor. Note that, 300 tube pitch is chosen

due to high heat and mass transfer rates Mukherjee et al. (1998).

Figure B.1: Axial cross-sectional area of proposed membrane reactor.

Figure B.2: Radial cross-sectional area of proposed membrane reactor.

B.1.2 Carbon capture and reuse (CCR) MR models

Dry methanation reaction kinetics

Catalyst of Ni/T iO2 is used for the dry methanation reaction as described in

Equation B.1. All the values are obtained from Bradford and Vannice (1996).

The kinetics for this reaction is defined as;
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rA =
k̂1PCH4PCO2

ˆk−1K̄

k̂7
PCOPH2

(4−x)/2 +
(

1 + k̂1

k̂7
PCH4

)
PCO2

(B.2)

Membrane reactor models

In order to estimate the outlet concentration of the reactor, a theoretical numer-

ical model is used for modelling the membrane reactor. This model consists of

mass and energy balance equations with the incorporation of intra-particle mass

and heat transfers. The assumptions that governs these equations are: (1) the

model assumes a tubular reactor with multiple small tubes in which the catalysts

is packed outside of the tubes, (2) only the axial temperature change is taken

into account, (3) radial temperature change is neglected due to the fact that the

diameter of the membrane reactor is small and adiabatic (no heat loss from the

surface of the reactor) Aboudheir et al. (2006) see Figure 5.1, (4) gas properties,

permeance and kinetics are assumed to be under non-isothermal conditions which

means dependence upon temperature change.

Steady-state mass balance of species, i is given as follows;

Fin,i − Fout,i ± rAV −Qi = 0 (B.3)

Qi as defined in equation B.4 is the permeance of H2 where by Qi = 0 for

species other than H2. Take note that there is a plus and minus sign in front of

rate of reaction rA; reactant uses minus sign due to consumption and vice versa

for the product.

Qi = AsurfV
Qm

δm
exp

(
−Ed
RTr

)
(P 0.5

r − P 0.5
p ) (B.4)

Steady-state energy balance is given by;

FinCp,g,inTr,in − FoutCp,g,outTr + ∆HrxrA −QiCp,iTr − Tp − U0Asurf (Tr − Tp)
(FoutCp,g)

= 0

(B.5)

The system equations involved in this membrane reactor is solved using fsolve

function available Matlab 2014b; the system is highly nonlinear.
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Appendix C

Economic Evaluation

C.1 Capital Costs Estimation

The purpose of this appendix is to present the equations and data that are used

to calculate the purchased cost equipment and utilities costs that has been in-

troduced in Chapter 6. Data for the purchased cost of equipment, at ambient

operating pressure and using carbon steel construction, C0
p , were fitted to the

following equation:

log10C
0
p = K1 + K2log10(A) + K3[log10(A)]2 (C.1)

where A is the capacity or size parameter for the equipment. The data for K1,

K2, and K3, along with maximum and minimum values used in the correlation,

are given in Table C.1.

Table C.1: Equipment cost data to be used in equation C.1

Equipment type Equipment description K1 K2 K3

Compressors Centrifugal 2.2897 1.3604 -0.1027

Rotary 5.0355 -1.8002 0.8253

Heat exchangers Fixed tube 4.3247 -0.3030 0.1634

U-tube 4.1884 -0.2503 0.1974

Reactors Jacketed non-agitated 3.3496 0.7235 0.0025

Note: All data were obtained in 2001 with CECPI of 397. Values from

Turton et al. (2012).
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Table C.2: Equipment cost data to be used

in equation C.1 (continued)

Capacity, Units Min size Max size

Fluid power, kW 450 3000

Fluid power, kW 18 950

Area, m2 10 1000

Area, m2 10 1000

Volume, m3 5 55

Note: All data were obtained in 2001 with

CECPI of 397. Values from Turton et al.

(2012).

The purposed of having two types of compressor is due to the fact of dif-

ferent compressor capacity requirement in specific locations. Once the capacity

of the compressor is more than 450 kW, centrifugal compressor is chosen rather

than rotary compressor because of lower capital cost. As for two types of heat

exchangers, fixed tube heat exchanger can only be used when there is a smaller

differential temperature between tubes and shell. However, if there is large tem-

perature differential, U-tube design is more suitable as it allows for differential

thermal expansion between the shell and the tube bundle as well as for individual

tubes Shah and Sekulic (2003).

Equation C.1 represent purchased cost for base conditions. In order to calcu-

late bare module equipment cost, including specific materials of construction and

operating pressure, a bare module cost factor has to be implemented and form

new a equation as follows:

CBM = C0
pFBM (C.2)

where CBM is bare module equipment cost: direct and indirect costs for each unit

and FBM is a bare module cost factor: multiplication factor to account for the

items with specific materials and operating pressure.

There is an algorithm developed by Shah and Sekulic (2003) which is used

for calculating bare module cost factor. First is to calculate the purchased cost

for base condition C0
p for every desired piece of equipment. This can be done

through calculation shown in Equation C.1. This step is then followed by finding
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the correct relationship for the FBM . For heat exchangers, pump and vessels,

equation C.3.

CBM = C0
pFBM = C0

p(B1 +B2FMFP ) (C.3)

where B1 and B2 are constants given value of 1.63 and 1.66 respectively for fixed

tube and U-tube types of heat exchanger. FM is the material factors for heat

exchanger which in this case the value is 1.4 for fixed tube while 1.7 for U-tube

heat exchangers. As for FP it is the pressure factor given by:

log10FP = C1 + C2log10(P ) + C3[log10(P )]2 (C.4)

where P is the pressure capacity (barg) of the equipments. The constant values

of C1, C2, and C3 are 0.03881, -0.11272 and 0.08183 respectively for both fixed

tube and U-tube heat exchangers.

As for other equipment such as compressors, the bare module cost is calculated

using equation C.2 with own FBM value of 2.6 for centrifugal compressor and 2.4

for rotary compressor. With all the newly calculated bare module equipment cost

CBM , the total equipment costs is then updated from 2001 (CECPI - 397) to 2013

(CEPCI - 567.3) Bailey (2014) by using equation C.5,

C2 = C1

(
I2

I1

)
(C.5)

where C refers to purchased cost and I refers to cost index. Subscripts of 1 and 2

refers to base time when cost is known and time when cost is desired respectively.

C.2 Manufacturing Costs Estimation

This manufacturing costs associated with day-to-day operation of a chemical

plant. The primary components of the cost of manufacture are raw materials,

utilities, and waste treatment. Manufacturing costs are expressed in units of

dollars per unit time (commonly per year). Table C.3 below presents the costs

for utilities provided by off-sites plants.

Membrane reactor is susceptible to membrane lifespan as well as catalyst

degradation. With the cost of membrane reactor are highly dependent on the

type of membrane and catalyst; the maintenance fee for changing new membrane

and catalyst has to be incorporated in the annualized manufacturing cost. Table

C.4 show the cost breakdown of the membrane reactor.
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Table C.3: Utilities cost charges

Utility Description Cost $/ GJ Cost $/ Common unit

Steam from Boilers Low pressure (5 barg, 1600C)

from HP steam 13.28 $27.70/ 1000 kg

Cooling Tower Water* Process cooling water:

300C to 400C or 450C 0.354 $14.8/ 1000 m3

Other Water High-purity water for

process use $0.067/ 1000 kg

Electricity cost** Industrial price $0.106/ kWh

Note: *Cooling water return temperatures should not exceed 450C due to excess scaling at high

temperature. Values from Turton et al. (2012). **Value based from U.S. Energy Information Ad-

ministration 2016. Outlook et al. (2016)

Table C.4: Membrane reactor cost breakdown

Equipment type Cost $/ Common unit Lifespan / years

Pd price 14.2/g 3

Ag price 1.43/g 3

Shift catalyst price 6.8/kg 10

Note: All price data obtained from Koc et al. (2014)

The maintenance costs in this study include membrane replacement costs as a

variable operating cost. This cost is calculated by dividing the membrane bundle

equipment cost by the membrane lifetime. Similar concept applies to the shift

catalyst replacement costs.
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